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ARTICLE INFO ABSTRACT
Keywords: In this work, we have developed advanced process configurations for solvent-based CO, capture processes
CO, capture with aqueous ammonia that use aqueous ammonia as absorbent. In total, ten different advanced configuration concepts have been

Advanced configurations

NH; abatement

Integration of units

Energy consumption minimization
Excess heat utilization

optimized and analysed, aiming at: (i) achieving in spec NH; emissions in a controlled way; (ii) minimizing
capital costs by avoiding redundant process components; (iii) minimizing the energy demand of the capture
process by minimizing the requirements of high temperature steam and by maximizing the possibilities for
the use of excess heat from the CO, point source. As a result, we propose a new benchmark configuration for
NH;-based capture processes that, with proper tuning of the process operating conditions, allows to minimize
the specific energy consumption while enhancing the flexibility of the capture process with respect to the type
and to the features of the electricity and steam available at the CO, point source, at the minimum consumption
of chemicals and process water. This new benchmark configuration for NH;-based capture processes is built
upon the Chilled Ammonia Process, avoids the formation of solids and includes: (i) a multi-pressure desorber
with recycled vapour compression that is able to decrease the high temperature steam requirements for solvent
regeneration, i.e. at ca. 140-160 °C, to values as low as 1.1 MJ, kgggzcapme 4 (ii) a vacuum integrated stripper
for the recuperation of the solvent that is able to use low temperature steam instead, i.e. below 100 °C, and
(iii) a flue gas water-wash column that is able to reduce the NH; concentration in the CO,-depleted flue gas
to values below 10 ppm, without the need of an acid-wash column before the stack.

1. Introduction: critical review of the state of the art in ammonia- to show a very competitive energetic performance compared to amine-
based CO, capture processes based processes, aqueous NH; presents advantages with respect to
aqueous amine solutions [1-4], i.e.: (i) it is stable in the presence of

Aqueous ammonia-based capture processes are among the most impurities and does not thermally degrade or oxidize, (ii) it has better
promising technologies for post-combustion CO, capture. In addition
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global availability, lower environmental footprint and lower cost, and
(iii) it is less corrosive and has viscosities similar to water [5] thus
allowing for broad ranges of pressures for solvent regeneration and of
solvent concentration in the liquid phase. However, high NH; volatility
is the main disadvantage that NH;-based capture technologies present
with respect to the best performing amine solutions [6]. Consequently,
measures are implemented to control the NH; slip to the CO,-depleted
Flue Gas (FG) and to the CO, product stream, and to limit solvent losses
in order to minimize fresh NH; make-up requirements.

In NH;3-based CO, capture processes, NHj can reach concentrations
between 4,500 and 31,000 ppm in the FG exiting the CO, absorber [7].
Nevertheless, the maximum NH; concentration recommended by the
US National Institute of Occupational Safety and Health is 25 ppm, [8],
and emission limits at the stack of existing ammonia production facil-
ities in the European Union (EU) do not exceed concentrations higher
than 10 to 40 ppm,, depending on the specific national legislation [9].
NH; concentration in the FG leaving the CO, absorber can be limited
by lowering the temperature, by decreasing the NH; concentration
and by increasing the CO, content of the solvent [3]. To this aim,
the Chilled Ammonia Process (CAP) patented by Alstom [10] uses
aqueous NH; solutions at temperatures between 0 and 20°C to limit
the NH; slip to the FG, which requires additional energy for solvent
refrigeration. The original CAP concept suggests the formation of solids
in the absorber tower as a way to limit the energy consumption in
the CO, desorber. Nevertheless, clogging of the tower packing and
difficulties in operating the system have prompted the CAP towards
a solid-free operating mode [11,12]. Accordingly, the current CAP
implementations avoid solid formation by limiting the solvent NHj
and CO, concentration in the absorber [13,14]. Although the energy
consumption of the CAP, including the solvent chilling demand, can be
minimized by proper selection of the operating conditions throughout
process optimization [3,14], the FG exiting the CO, absorber still
requires further treatment to limit the NH; concentration at the stack to
values below 10 ppm,. Scrubbing technologies are broadly used in the
chemical industry to limit the emission of harmful compounds to the
atmosphere [6]. Among them, water washing and further acid wash-
ing using aqueous sulphuric acid (H,SO,) solutions are implemented
in the CAP for the post-treatment of the FG [3,14-16]. In order to
minimize NH; losses and fresh NH; make-up, the washing water is
regenerated and NHj is recuperated by means of thermal energy using
steam, which increases the energy consumption of the capture process.
Water washing of the CO,-depleted FG and solvent recuperation by
thermal regeneration are also implemented in mild-temperature NH;-
based capture processes such as the Korea Institute of Energy Research
(KIER) process and the Research Institute of Industrial Science and
Technology (RIST) process [17]. However, the higher temperature of
such processes leads to higher NH;3 concentrations in the FG exiting
the CO, absorber, which requires thermal energy demands for NHj
recuperation comparable to the thermal energy needed for the regen-
eration of the solvent used for CO, capture [18]. Aiming at decreasing
the energy consumption while meeting environmental limits regard-
ing NH; emissions, the mild-temperature NHj-based capture process
developed by the Commonwealth Scientific and Industrial Research
Organisation (CSIRO) proposes to couple the water washing of the
CO,-depleted FG with the FG pre-treatment column placed upstream
of the CO, absorber [19]: in addition to cooling down the FG, the
NH;-rich stream obtained in the water-wash column removes SO, from
the inlet FG, while the heat contained in the inlet gas should be able
to strip-off the NH; from the solvent; NH; is recycled to the CO,
absorber within the FG and the regenerated NHj-lean solution, after
undergoing chilling, is used to capture NH; from the CO,-depleted
FG exiting the CO, absorber. Nevertheless, the temperature of the FG
at the stack is below ambient [19], which penalizes the dispersion
of the gas plume. Subsequently, CSIRO has updated the process by
including the removal of NO, from the inlet gas, thus leading to the so-
called advanced, NH;-based combined NO, /SO, /CO, emission control
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process [20]: firstly, NO is oxidized to NO, and SO, is removed from
the FG using a NaClO, aqueous solution; secondly, the NO, is removed
from the FG by means of the NHj-rich solution generated out of the
water-wash column that eliminates NH; from the FG exiting the CO,
absorber; finally, further NH; removal from the CO,-depleted FG is
achieved by means of acid washing using the solution generated out
of the SO, removal and NO oxidation stage. Although the advanced
CSIRO’s process allows to reach higher FG temperatures at the stack,
i.e. around 50 °C, the thermal energy requirements for the regeneration
of the NHj-lean stream are not avoided in this case and depend
strongly on the NH; concentration in the CO,-depleted FG thus on
the CO, absorber operating conditions [21]. Therefore, not only the
process operability and controllability are hindered as a consequence
of the greater process complexity and interdependency among different
process sections, but neither the stripper to regenerate the lean-NH;
solution nor the associated energy requirements are avoided. On the
other hand, the water and acid washing considered in the CAP is a
simpler configuration that has been shown to have minor contribution
to the overall energy requirements of the full capture process [3,14].
However, the implications on the size of the water-wash scrubber still
have to be thoroughly determined. At this regard, although Jilvero
et al. [16] carried out an analysis of the operating costs for differ-
ent NH; abatement configurations combining water and acid washing
units, the implications on the equipment size were not taken into
consideration and the water-wash column considered in their study was
as tall as the CO, absorber.

As a consequence of the high volatility of NH;, NH;-based CO,
capture processes are usually criticized in the literature due to their
complexity [6,7,17,22]. Indeed, they require specific units not only
related to the NH; abatement from the CO,-depleted FG, but also
associated with the removal of NH; from the CO, gas stream and with
the minimization of aqueous NH; solution make-up. As a consequence
of the FG post-treatment, the temperature of the FG exiting the NH;
absorber is generally lower than the temperature of the FG entering
the CO, absorber. Therefore, a purge stream is required to avoid
water building up within the solvent circulating in the CO, capture
loop. NH; and CO, contained in the purge stream are recuperated
using thermal energy in a solvent recovery section and recycled to
the capture process in order to minimize the CO, losses and the NH;
make-up [14]. In any case, a small NH; make-up is always required to
maintain the NH; concentration in the solvent circulating in the CO,
capture loop in order to counteract the NH3 losses in the vented FG
and in the CO, stream. Such NH3 make-up is introduced by means of a
fresh aqueous NH; solution whose water content also affects the water
balance in the process. Therefore, the solvent recovery section is not
only required in the CAP, where low temperature is used as one of
the strategies for NH; abatement [14], but also in mild-temperature
NH;-based capture processes, specially if the temperature of the gas
stream is not controlled properly. An example of the latter situation
is the advanced, NH3-based combined NO, /SO, /CO, emission control
process mentioned above [20], where the temperature of the vented
gas sent for NH; removal is lower than the temperature of the FG
entering the absorber. Another example is the mild-temperature NH;-
based capture process developed at the Tunghai University, where the
water accumulation in the solvent can be calculated from mass balances
around the battery limits of the capture process using the data of the
reported stream tables [23,24]. Therefore, even mild-temperature NH;-
based capture processes require to purge a fraction of liquid solvent,
thus should include a process section for NH; (and CO,) recuperation
in order to achieve stable process operation and to minimize the NHy
make-up. Alternatively, the aforementioned CSIRO’s mild-temperature
NH;-based capture process [2] includes a water recovery section that
does not only consist of a solvent recovery unit, but also includes a
cooling tower. The cooling tower decreases the temperature of the FG
that enters the CO, absorber to values similar to those of the FG exiting
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the CO, capture section in order to avoid the accumulation of water in
the solvent.

Furthermore, the NH; concentration in the CO, gas stream gener-
ated in the CO, desorber has to be limited, aiming at: (i) avoiding solid
formation in the condensate streams generated downstream, i.e. ei-
ther in the condenser of the CO, desorber [13,25], or during CO,
compression [13]; and, (ii) limiting pipeline corrosion during CO,
transportation [26]. The introduction of the Rich Solvent Splitting
(RSS), i.e. a split of the cold CO,-rich stream that bypasses the rich/lean
heat exchanger and that is fed to the top of the CO, desorber, has
been found to be an efficient and cost effective solution that: (i)
improves the energetic performance of NHj-based capture processes,
(ii) limits the NH; slip in the CO, gas stream, and (iii) avoids the use
of a condenser in the CO, desorber, thus avoiding the formation of
solids in the resulting condensate [4,14,27]. NH; is normally further
removed from the CO, gas stream by scrubbing, using water as washing
medium [3,14,18,28], in order to meet the concentration limits of
impurities for CO, transportation.

Additionally, despite the fact that NH;-based capture processes may
reach specific reboiler energy demands as low as 2.1 MJ, kg&l)zcapture d
for solvent regeneration, the energetic optimization of the CAP that
avoids solid formation applied to coal-fired power plants and to cement
plants has shown that approximately 2/3 of the overall energy demand
of the process, expressed as specific equivalent work, is associated with
the heat requirements in the reboiler of the CO, desorber [14]. The
remaining 1/3 is provided by means of electrical power. Aiming at
decreasing the energy required for the regeneration of the solvent,
advanced process configurations originally developed for capture tech-
nologies using aqueous amine solvents [29,30] have been implemented
in NHj-based capture processes. Among them, the RSS, whose im-
plementation has minor effect on the capital costs and operability
of the process, has been proven to decrease significantly the energy
requirements of NHj-based capture processes when the split fraction
of cold CO,-rich stream bypassing the rich/lean heat exchanger is
optimized together with the pressure of the CO, desorber and with
the feed stage of the hot CO,-rich stream to the CO, desorber [14,
27]. Li et al. assessed the performance of the Inter-heated Desorber
(IHD) [2] and of the Cold Rich Solvent Preheating (CRSP) [31], alone
and in combination with the RSS, thus obtaining specific reboiler duties
above 2.4 MJ, kgg(l)zcaplure g in all cases. Liu [23] assessed the perfor-
mance of the THD in mild-temperature NH;-based capture processes
and obtained energy savings of almost 22% with respect to the sim-
plest absorber-desorber configuration. Nevertheless, the IHD achieves
negligible energy savings when implemented together with the RSS
at optimal conditions [27]. Jiang et al. [4,21] evaluated the perfor-
mance of the Advanced Flash Stripper (AFS), originally developed by
Rochelle [32] for CO, capture with aqueous piperazine, in combination
with the RSS, which led to specific reboiler duties for the regeneration
of the CO,-lean NH; solvent as low as 1.9 MJ, kgagzcaptm 4 Although
very competitive in terms of reboiler duties, the results obtained by
Jiang et al. [21] can be questioned because their simulations: (i) ne-
glected the additional energy requirements associated with the solvent
recovery from the solvent stream purged to avoid water accumulation,
(ii) did not constrain the NH; concentration in the CO, stream to avoid
corrosion in pipelines and equipment during CO, compression and
transportation [33], and (iii) modelled the counter-current rich/lean
heat exchanger by setting the cold side temperature approach to 3°C
and neglecting the internal vaporization of the hot CO,-rich solution,
which does not allow to detect infeasible pinch point temperatures
within the rich/lean heat exchanger below 3°C or even temperature
crossovers [14]. As a result, the heat recovered in the rich/lean heat
exchanger is overestimated and the reboiler duty underestimated. In
addition, the AFS was only assessed in combination with the RSS
so that the stand-alone effect of the feed stage of the hot CO,-rich
stream to the CO, desorber cannot be determined; on the contrary,
independent investigations have found stage 7 out of 10—including
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the reboiler—from the top of the column as the optimal feed stage
for the hot CO,-rich stream to the CO, desorber, which minimizes
the energy consumption required for solvent regeneration [14,27].
Finally, Ullah et al. [34] assessed the performance of the Lean Vapour
Compression (LVC) and of the Rich Vapour Compression (RVC), and
reported energetic savings of 15% and 3%, respectively, with respect
to the simplest absorber-desorber configuration in NH;-based capture
processes. Similarly, Nguyen et al. [35] reported more than 43% energy
savings for the LVC. Nevertheless, when implemented together with the
RSS at optimal conditions, Liu et al. [27] reported negligible energy
savings for the LVC and even negative values for the RVC, with respect
to the process with the RSS. The LVC and the RVC decrease the energy
required for solvent regeneration at the cost of increasing electrical de-
mand for vapour re-compression. Therefore, their performance depends
strongly on the features of the electricity accessible in the environment
in which the capture plant is available, i.e. cost and associated CO,
emissions. In addition, other authors have investigated other advanced
process configurations specific to NHz-based capture processes that aim
at improving the energy consumption by decreasing the reboiler duty of
the CO, desorber. Namely, Liu [36] proposed to compress the vapour
exiting the top of the NH; desorber and inject it to the bottom of the
CO, desorber, in combination with the LVC.

Nevertheless, all the aforementioned advanced configurations of the
CO, desorber have been analysed in the literature by means of single-
variable sensitivity analyses that do not take into account the interde-
pendencies among different process variables, and have been compared
to reference processes whose configuration and operating conditions
have not been optimized previously, thus hindering comprehensive
assessments and conclusive results.

As far as the source of heat required for solvent regeneration is
concerned, the most cost efficient strategy is the use of saturated steam
whose temperature must be above—at least by 10°C—the reboiler
temperature of the CO, desorber. In the case of NHj-based capture
processes, the optimal regeneration of the aqueous NHj solution that
allows for the minimal energy consumption takes place at pressures
around 20bar and temperatures between 140 and 150°C [14]. Sim-
ilar steam temperatures are required by other amine-based capture
processes, where the reboiler temperature in the CO, desorber ranges
between ca. 120°C, when using aqueous monoethanolamine (MEA)
solutions as absorbent [37], and 150°C, for aqueous piperazine [38].
When applied to power plants, the steam required for the CO, capture
process is extracted from the low pressure turbine of the electricity
generation island. Increasing reboiler duties and temperatures penalize
the electricity throughput thus worsening the energetic performance
of the capture process. In the case of applying the capture process to
a steelworks facility, the steam required for solvent regeneration can
also be extracted from the existing power island. While the electricity
required can be imported from the grid if there does not exist a power
plant in the vicinity, the need of steam hinders the application of
solvent-based CO, capture processes to other industrial CO, intensive
point sources where the steam required might not be available, for
example in the case of cement plants, thus leading to additional capital
costs related to on-site steam production [39]. In such cases, importing
steam from a neighbouring Combined Heat and Power (CHP) plant has
been found to decrease, between 10% and 20%, the cost of CO, avoided
in cement plants when using solvent-based post-combustion technolo-
gies for CO, capture [40]. Unfortunately, the vast majority of existing
cement plants are not located in the vicinity of a power plant [39],
i.e. less than 10% of the existing European cement plants [33]. The
competitiveness of solvent-based CO, capture processes can also be
favoured by the possibility of integrating the excess heat available in
the CO, point source. In the case of a typical European cement plant
using the Best Available Technology (BAT), it has been reported that
approximately between 5 and 10% of the steam required for solvent
regeneration could be generated at limited cost and complexity using
the excess heat of the clinker cooler exhaust air [39,40]. Norcem Brevik
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is an extreme, still rare, case of a cement plant where up to 50% of the
steam required for solvent regeneration in the capture plant could be
generated by the excess heat available in the cement plant [41]. Other
CO, intensive industries such as refineries and iron and steel plants
also have process streams whose excess heat can be used for solvent
regeneration. The amount of excess heat that can be integrated with the
capture plant increases for lower solvent regeneration temperatures:
On the one hand, the number of process streams whose heat cannot
be used internally increases and, on the other hand, the pinch point
temperature with respect to the capture process increases [42,43]. In
fact, a solvent regeneration temperature around 90°C or below has
been reported to increase significantly the use of excess heat in the
iron and steel industry [43]. Arasto et al. [44] simulated a hypothetical
solvent with regeneration temperature of 70 °C for CO, capture in an
iron and steel plant in order to show how low solvent regeneration
temperatures enable the application of solvent-based capture processes
even for relatively high solvent regeneration duties. In case of appli-
cation to the power sector, the condenser of the power plant might
supply heat for solvent regeneration at temperatures around 50 °C or
below [3]. Therefore, the performance of the advanced configurations
that affect the energy needs of the capture plant and the comparison
among them depend not only on the steam and electricity requirements,
but also on: (i) the temperature of the steam required, thus on the
solvent regeneration temperature, (ii) the features of the available
electricity and steam, i.e. the primary energy source and the associated
CO, emissions, and (iii) the amount and temperature of the excess heat
that can be recuperated from the CO, point source and used for solvent
regeneration.

In this work, we have developed and analysed advanced configu-
rations for NH;-based CO, capture processes that aim at: (i) meeting
NH; emission limits with the lowest impact on energy consumption,
equipment size, process complexity and consumption of chemicals; (ii)
simplifying the process by decreasing the required number of units,
without affecting negatively either the process energetic performance
or the fulfilment of process specifications and constraints; (iii) improv-
ing the energetic performance of the capture process by minimizing
the steam requirements as well as by increasing its versatility re-
garding the type of energy that can be used and the integration of
waste, low temperature heat available in the industrial CO, point
source to which capture is applied. The CAP has been considered
as standard benchmark configuration among NHj-based capture pro-
cesses since: (i) it has been extensively validated and demonstrated
at different scales [11,12,45,46]; and (ii) it shows a very competitive
techno-economic performance with respect to other post-combustion
CO, capture technologies [39,40]. Process simulations of the NH;-
based capture process have been carried out using Aspen Plus, Version
8.6. Furthermore, the performance of the different advanced configu-
rations depends on the process operating conditions [47]. Therefore,
the advanced configurations here studied have been implemented on
the CAP configuration presented and optimized earlier [14], and the
performance assessments and comparison among different configura-
tions have been carried out at three different optimal sets of operating
conditions of the CO, absorber. Additional operating parameters have
been optimized when relevant for a specific advanced configuration,
in order to enable for proper performance assessment and comparison.
In the following, the NH;-based capture process used as reference
configuration is described in Section 2, and the inputs, specifications
and constraints of the process simulations, along with the performance
indicators selected for the assessment of the advanced configurations
are presented in Section 3. Then, the advanced configurations are
introduced and classified depending on their objective in Section 4,
followed by the detailed description of the process and of the opti-
mization strategy of each advanced configuration, as well as by the
results obtained in each case. Finally, conclusions of the work and
recommendations for the application of the advanced configurations
here developed are provided.
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2. State-of-the-art process flow scheme

The Process Flow Diagram (PFD) considered as benchmark state-
of-the-art configuration for NH3-based capture processes and used in
this work as basic scheme for the implementation of advanced con-
figurations is shown in Fig. 1. The description of the process and the
purposes of each process section and unit operation have been detailed
elsewhere [14]. Such process flow scheme is the result of implementing
the patents related to the CAP [10,48-51], including process sections
that allow for the control of NH; emissions and for the recuperation
of NH3, as well as simple process modifications broadly applied in
solvent-based capture processes that allow to decrease the overall
energy consumption with minor impact on the process complexity and
operability, e.g. the RSS. More specifically and most relevant to this
work, the benchmark PFD considers:

» The absorber pumparound (within the CO, absorption section
(F) in Fig. 1), a slip stream of the cold CO,-rich stream that is
cooled, chilled and sent to the top of the CO, absorber in order
to minimize the NH; slip to the gas.

The FG post-conditioning section (A), which is able to further
decrease the NH; concentration in the CO,-depleted FG to values
that meet the regulatory limits at the stack. It consists of a
Flue Gas Water-Wash (FG-WW) column that is an NH; absorber,
followed by an acid-wash scrubber using an aqueous solution of
H,SO0,.

The CO, Water-Wash (CO,-WW) section (B), which is used to
minimize gaseous NH; losses from the CO, desorber, consists of a
Direct Contact Cooler (DCC) that uses water to remove NH; from
the CO, gas stream produced in the CO, desorber.

The solvent recovery section (C), whose goal is to minimize
the NH; make-up requirements, is composed of two different
distillation columns, namely: (i) the NH; desorber, whose purpose
is the recuperation of NH; (and CO,) from the NH;-rich solution
exiting the NH; absorber; and, (ii) the appendix stripper, which
recovers NH; (and CO,) from the solvent stream purged from
the CO, absorber/CO, desorber loop and from the liquid stream
purged from the CO,-WW section. Both the NH; desorber and
the appendix stripper operate at atmospheric pressure and gen-
erate an almost pure water stream at the bottom of the column,
requiring ca. 100 °C at the reboiler.

The RSS (within the CO, desorber section (E)), a split of the
cold CO,-rich stream that bypasses the rich/lean heat exchanger
and that is directly sent to the top of the CO, desorber instead.
In addition to control the temperature in the CO, desorber thus
the NH; slip to the CO, stream, its optimization, together with
the pressure in the CO, desorber, allows minimizing the en-
ergy demand while avoiding solid formation downstream in the
process [14].

The solvent is regenerated and CO, is stripped-off in the CO,
desorber (E), which operates at pressures between 7.5 and 30.0
bar and that reaches temperatures in the reboiler between 115
and 150°C.

The operating variables that govern the overall performance of
the benchmark state-of-the-art CAP are indicated in Fig. 1 [14]. They
are enumerated below, and arranged according to the capture process
section to which they belong:

+ CO, absorber (F) decision variables, i.e. the apparent NH3 con-
centration in the CO,-lean stream, éyy, [molyy, kgﬁlo]’ the CO,
loading of the CO,-lean stream considering apparent species, /..,
[molco2 mol;,le], the liquid-to-gas flowrate ratio for the CO,-lean
liquid and inlet gas streams entering the CO, absorber, L** /G
[kgkg~!], the temperature of the pumparound stream, T, [°CI,
and the pumparound split fraction, f, [-].
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Fig. 1. Benchmark state-of-the-art flow scheme of the CAP used as reference configuration of NHj-based capture processes. Boxes with dashed lines are introduced for the
identification of the different sections of the process, i.e. A to G. Labels provide the name of the process section or, if within a unit operation, the equipment or equipment section
identification. The operating variables whose value govern the performance of the process are indicated in the flow scheme and have been colour-coded according to the process

section to which they belong, i.e.

for CO, absorber operating variables, violet for CO, desorber operating variables and magenta for FG-WW column operating variables.

(For interpretation of the references to colour in this figure caption, the reader is referred to the web version of this article.)

+ CO, desorber (E) decision variables, i.e. the pressure in the CO,
desorber, Pg, 4.5 [bar], and the cold-rich bypass split fraction, f,
[-1.

* FG-WW column (A) decision variables, i.e. the apparent NH; con-
centration in the NHj-lean stream, 6§g’ww [molNH3 kg;[l 0], the

liquid-to-gas flowrate ratio for the NH;-lean liquid and the CO,-

depleted FG entering the NH; absorber, (L/G)F6-WW [kgkg™!],
the temperature of the NH;-lean stream, TII:SI*WW [°C], the tem-
perature of the pumparound stream, 75"V [°C], and the

pumparound split fraction, fFO-WW [-].
3. Process simulation and performance assessment

Advanced process configurations have been assessed for inlet FG
conditions corresponding to a typical European cement plant using the
Best Available Technology (BAT), as defined for the EU-H2020 project
CEMCAP with the collaboration of the European Cement Research
Academy (ECRA) [33]. The inlet FG conditions are provided in Table 1.
For the sake of simplicity, only species derived from CO,, NH; and
H,O0 have been considered in the process simulations. On the one hand,
NO, has been assumed to enter the capture process in the form of NO,
which is not soluble in the solvent [52], while SO, has been considered
to be removed completely in the FG pre-conditioning section [19,51].
On the other hand, full removal of NH; by acid washing has been
assumed in the FG post-conditioning section [6,51]. Consequently, the
FG pre-conditioning section and the last column before the stack in the
FG post-conditioning section have been simulated as a DCC and as a

Table 1
Inlet FG characteristics.
Variable Units Value
Total flowrate [kg/s] 107
Temperature [°C] 110
Pressure [bar] 1.1
Composition [mole frac.]
Vair 0.730
Yeo, 0.180
Y0 0.090

Direct Contact Heater (DCH), respectively, still accounting rigorously
for the heat integration and cooling needs. The flowrate of aqueous
NHj; (or caustic) make-up, of aqueous H,SO,4 make-up and of pure solid
ammonium sulphate ((NH4),SO,4) can still be computed from simple
straightforward mass balances.

Simulations have been performed in Aspen Plus, Version 8.6, us-
ing the rate-based model described, implemented and validated ear-
lier [14]. Equilibrium-based simulations of the full capture process have
been combined with rate-based simulations of the CO, absorber and of
the FG-WW column. Only those simulations leading to results meeting
the specifications and constraints indicated in Table 2 were considered
as representative of feasible process operation hence used for the
assessment of the advanced configurations. The CO, capture efficiency
is fixed to 0.9 in all cases in order to allow for a fair comparison among
different process configurations. Additionally, all advanced configura-
tions are designed to avoid the formation of solids in the process. The
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Table 2
Specifications and constraints considered in all process simulations of NH;-based
capture processes.

Overall CO, capture process

CO, capture efficiency (y) [-] 0.9
Formation of solids Avoided
NH; concentration in the FG at the stack [ppm,] <10
Apparent NH; concentration in purge liquid streams [ppm,,] < 150
CO, gas stream for transport by pipeline to storage

Pressure [bar] 110

Temperature [°C] 28
Temperature of aqueous NH; liquid streams [°C] <150

CO,-WW section
CO, gas stream to compression

Temperature [°C] 35
NH; concentration (™) [ppm,] <50
CO, purity [vol%] >99

specifications of the CO, gas stream at the battery limits of the capture
plant have been set to those defined for transport by pipeline [26,
33,39]. The CO, compression section is also simulated in Aspen Plus,
Version 8.6, by means of the configuration provided by Manzolini
et al. [53] and using the Perturbed-Chain Statistical Associating Fluid
Theory (PC-SAFT) as thermodynamic model, which enables reliable
results at supercritical conditions but does not include NH; as one of
the components of the thermodynamic package. Therefore, components
in the CO, gas stream other than CO, and H,O, i.e. NH3, have been
neglected, so as specifications and constraints regarding temperature,
composition and avoidance of solid formation are applied to the CO,
gas stream entering the CO, compression section, which warrants their
fulfilment downstream. The maximum NH; concentration allowable in
the liquid streams purged from the process, i.e. 150 ppm,,, has been
selected as an intermediate value from maximum values for European
ammonia production facilities using the BAT, where it ranges between
80 and 175 ppm,, [54]. Such limited pollution with biodegradable
NH; allows for simple sewage water treatment that can be used to
produce the process water make-up required in the capture process.
In addition, the temperature of aqueous NH; liquid streams has been
limited to 150 °C or below in order to assure the lack of any corrosion on
typical materials used in the construction of the capture process units,
i.e. stainless steel.

The performance assessment of the advanced configurations and the
comparison among different PFD’s have been carried out with reference
to the following process performance indicators:

+ Energy consumption is considered as an indicator of the operating
costs of the capture process. The specific equivalent work,
[MJ kgaézcapmre 4l considers the steam demand in the reboilers of
the process as well as the electricity required for chilling, cool-
ing, pumping and compression. The conversion of each energy
consumer to specific equivalent work has been detailed in our
previous work [14]. In addition, the specific equivalent work
associated with the NH3 capture loop defined by the FG-WW
column and the NH; desorber, @ FG WW [MJ ngH captur dls has also
been used as energetic performance indicator of those configura-
tions aiming at controlling NH; emissions in the CO,-depleted FG,
and it has been computed as follows:

. storage
s CO, 1
Pegoww T PFG-WW | “RGWWin __FG-WW.our @
NH; NH;

where wpg_ww [MJ kgcoﬂ capturea] 1S the equivalent work per unit
of mass of CO, captured associated with the energy consumers of
the FG-WW column and of the NH; desorber, mSlorage [kgco, s7'1
is the mass flowrate of CO, captured and sent to storage, and

pFO-WWoin and m;IG_I WW.out [ngH s7!] are the mass flowrates of
NH3 in the FG stream entering and leaving, respectively, the

FG-WW column.
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Furthermore, the type of energy required is analysed, when
relevant, by means of the breakdown of steam required in the
reboilers of the CO, desorber, g, co,, the appendix stripper,
Grevapp> and the NHj desorber, gyepnm, [Mly, kgEgzmplure o vs
the electricity requirements—assumed to be equal to the spe-
cific equivalent work—for chilling, cooling, pumping and CO,
compression, e [MJ kgcozcdpture d]
Besides the two types of energy requirements, the Specific Pri-
mary Energy Consumption per CO, Avoided (SPECCA) index,
¢ IMJpy kg&l)2 avoidea]» 1S used as energy performance indicator to
assess advanced configurations aiming at improving the energetic
performance of NH;-based capture processes. As pointed out in
our previous research [14], ¢ is preferred as energy performance
indicator when the capture process is applied to a specific CO,
point source, which might not have access to the electricity and
steam produced in a power plant and where low temperature
excess heat might be available for generation of (part of) the
steam required in the capture plant. If the capture plant is an end-
of-pipe technology that avoids modifications of the manufacturing
process carried out in the CO, point source, as done in this work,
¢ can be computed as follows:
_ _ fYccs o)
€ref ~ €CCS
where gccg is the primary energy consumption of the Carbon
Capture and Storage (CCS) plant, considering the Low Heating
Value (LHV) of the fuel consumed, [MJ;yy], and ¢.; and eccg
are the CO, emissions of the point source without and with CCS
plant, respectively, [kgco,avoided]-
The productivity depends on the volume of the pieces of equip-
ment, which can be used as an indication of the trends of capital
costs of the capture process. The cost of the CO, absorber has
been reported as a major contributor to the investment costs
associated with a solvent-based capture plant [55]. However, in
this work we have added the productivity of the FG-WW column,
Preg_ww to that of the CO, absorber, Prcg, aps, in both cases refer-
enced to the flowrate of CO, captured, i.e. [kgco, capturca ™™ 3hlg,
in order to assess and compare advanced NH; abatement con-
figurations. Therefore, the overall process productivity, Pr, is
calculated as follows:
. storage
1 CO,
1 [
Preoyaes — Preg-ww

Pr = 3

Vco,abs + VEG-ww

where Vo, and Vig_ww are the volumes of packing required
in the CO, absorber and in the NH; absorber, respectively, which
are calculated considering: (i) cylindrical shape, (ii) a hydraulic
load at the bottom of each column at 70% of flooding [56],
and (iii) a random packing of 25-mm Pall rings with a specific
surface area of 207 m? m~> used in the pilot tests reported by Yu
et al. [52] and further detailed by Qi et al. [57] whose results
were used to validate the rate-based model [14] used in this work.
Additionally, another productivity related to the removal of NH,
in the FG-WW column, PrF:; ww KENHcapturea M~ 3h~!1, has been
defined:

. FG-WW.in _ . FG—-WW,out
Pr NH;3 NH; NH3 ( 4)
FG-WW — V.
FG-WW

The consumption of water and the consumption of chemicals
in aqueous solution, Fli{“2 o and Fc‘lfl‘em » respectively,
[kg t&l)zmpmre 41> with i referring to NH; or to H,SO,, do not only
contribute to the operating costs but can also be considered as an
indication of process sustainability—in the case of aqueous NH;
solution (25 wt%) and water—or as an indicator for the capture
process retrofitability if chemicals that require stringent safety
considerations are required for the capture process—in the case
of aqueous H,SO, solution (98 wt%).
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Table 3
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Process operating conditions that minimizes the specific equivalent work of the benchmark state-of-the-art CAP configuration shown in Fig. 1,
aiming at 0.9 CO, capture efficiency, when fixing the apparent NH; concentration in the CO,-lean stream to 5 (low éyy,), to 7 (mid éyy,) and
to 9 (high éy,) molyy, kgﬁ:o’ reported in the Supplementary Material of our previous optimization work [14]. The NH; slip in the CO,-depleted

FG-WW.in

FG stream leaving the CO, absorber, Yam,

, and in the CO, gas stream exiting the CO, desorber,

of operating conditions, along with the corresponding values of the process performance indicators.

€O,~WW,in
INH,

, are also reported for each set

Simulation case

Variable Units
low éyy, mid &y, high ¢y,
Onm, [molyy, kgpi!o] 5.0 7.0 9.0
Lhean [molco, moly, 1 0.33 0.35 0.38
CO, absorber parameters Llean / Ggin [kg kg™ 5.5 5.0 5.5
15 [-1 0.21 0.25 0.25
T, [°C] 11 12 12
Peo.des [bar] 17.5 22.5 22.5
CO, desorb i (0 des
> Cesorber parameters fu [ 0.0500 0.0475 0.0450
e [molyy, kgg'o] 0.05 0.05 0.05
(L/G)F6-WW [kg kg™ 0.1 0.1 0.1
FG-WW column parameters ]FFE*WW [°C] 1.5 1.5 1.5
T [°cl 15 15 15
fEEwW [-] 0.001 0.001 0.001
FG-WW,in
, 3110 4780 7880
Internal NH; slip yE{,‘:WW " tppm,]
I [ppm, ] 610 1410 2050
© [MIKECh, caprureal 1.057 1.043 1.078
OpG_ww IMIKEEG, caprurea] 0.031 0.037 0.045
O IMIKeRty coprurea] 5.932 4.414 3.218
Greb O, M4 KE0, caprurea 2.22 2.16 2.23
Trepco, [°C] 145 147 143
dreb.app [IMJ 4, KEch, caprurcal 0.06 0.08 0.10
Tt app [°C] 105 105 105
~1
Performance indicators Grev.NH, M, kgmzcup“"‘éd] 0.11 0.14 0.17
Teonm, [°C] 99 99 99
e [MJ; Kegh, capturea) 0.287 0.277 0.290
Pr [Kgco,capturea M > 07" 56.4 57.7 56.6
Preo,abs [kgco,capturea M h7'] 72.9 85.4 113.7
Prrg_ww [Kgco,capturea M 0! 249.2 178.0 112.6
Pr_lt';'jww [1<gmiwmu,cd m=3h~'] 1.314 1.476 1.574
Epo [KE LD, caprureal 7.04 14.26 27.52
i -1
cfl?cm,NH; [kg tCOzcapmrcd] 1.47 1.48 1.49
Fhemi,50, [kg t(;Ozcupmred] 1.06 1.06 1.07

Furthermore, the comparison among different advanced configu-
rations has been performed at different ¢yy, values. Namely, 5, 7
and 9 molyy, kg;{;O have been selected as representative of a low, a
mid and a high typical concentration of solvent in NHj-based capture
processes [3,14,52]. The values of the remaining operating conditions
for each éyy, value have been extracted from the optimization results
obtained in our previous work [14] on the benchmark state-of-the-
art CAP configuration shown in Fig. 1. The operating conditions have
been selected aiming at minimizing the specific equivalent work for
CO, capture efficiency equal to 0.9. These optimal values are indi-
cated in Table 3, along with their corresponding process performance
indicators.

The minimal specific equivalent work was obtained for the mid éyy,
case, although the low ¢yy, case and the high ¢y, case also performed
very competitively in terms of energy consumption. On the one hand,
increasing apparent NH; concentration in the solvent increases the NH;
slip both in the CO,-depleted FG leaving the CO, absorber, y;?{;ww'i",
and in the CO, gas stream exiting the CO, desorber, yﬁgz—WW.in. As
a result, there is an increase of the specific reboiler duties of the NH;
desorber, gy, Ny, and of the appendix stripper, g, 4pp, required for the
recuperation of NH; from the vapour streams in the solvent recovery
sections. Nevertheless, the main energy consumer of the process is the
reboiler of the CO, desorber, g co,, regardless of the NH; content
of the solvent. On the other hand, operating the capture process at
higher éyy, requires greater water make-up flowrates, F;{“ZO, to recover
the NH; slipped to the gas streams, while the flowrates of aqueous
NH; solution make-up, Fciﬂem,NHy and of aqueous H,SO, solution make-

in . .
up, Fchcm,H2304’ remain almost unchanged. As far as the productivity

of the process is concerned, increasing éyy, allows for greater CO,
absorber productivity, Prco, ., as pointed out earlier [14], while it has
the opposite effect on the productivity of the FG-WW column, Preg_yw-
As a result, the overall process productivity, Pr, finds a maximum for
the mid ¢yy, case, although the low ¢y, case and the high éyy, also
allowed for very competitive results. Notwithstanding that the selection
of the optimal set of operating conditions that optimizes the capture
process can be only determined by means of cost calculations, which
is out of the scope of this work, the different effect of the three sets
of operating conditions provided in Table 3 on the energy demand, on
the absorbers’ size and on the NHj slip of each process section seems
to make them ideal to carry out a general performance assessment and
fair comparison of the advanced configurations proposed in this work.

Unless mentioned otherwise, other assumptions regarding equip-
ment specifications and utilities, required for process simulation and
for the computation of the performance indicators, can be found in our
previous work [14].

4. Advanced process configurations

In this work, different advanced process configurations have been
implemented on the benchmark state-of-the-art CAP shown in Fig. 1,
referred to as reference configuration (or simply “Ref” in figures and
tables) hereinafter. Most of them are novel configurations that have
been developed specifically for NH3-based capture processes. In addi-
tion, some promising advanced configurations for amine-based capture
processes reported in literature have been considered in this study, ei-
ther to analyse their performance when using aqueous NH; as a solvent,
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Table 4
Advanced configuration concepts of NH;-based capture processes implemented in this
work classified depending on their objective (in bold).

Control of NH; emissions—No H,SO,(aq) requirements
Standard NH; Absorber (SNA)

NH; Absorber with Water-wash section (NAW)

Advanced NH; Absorber (ANA)

Simplification of the PFD—CAPEX reduction
No CO,-WW column

No appendix stripper

Integrated Stripper (IS)

Improvement of the energetic performance—OPEX reduction
Recycled Vapour Compression (RecVC)

Lean Vapour Compression (LVC)

Multi-pressure Desorber (MPD)

Vacuum Integrated Stripper (VIS)

or to determine possible synergies when combined with novel advanced
configurations specific of NHz-based capture processes. In total, ten
different advanced configuration concepts, and several combinations
among them, have been implemented, analysed and compared in this
work. Table 4 classifies the different advanced configuration concepts
according to their objective.

In the following, the advanced configurations are described in the
order introduced in Table 4, grouped in different sub-sections according
to their ultimate goal and labelled depending on the process section of
the reference configuration that is modified. In addition to the process
description, the operating variables that determine the performance of
each configuration and the process optimization strategy designed in
each case are also detailed, as well as the results obtained.

4.1. Advanced configurations for the control of NHj emissions

4.1.1. Process description and optimization strategy

Power plants and most of the CO, emitting industrial sectors,
e.g. cement and steelwork plants, do not use strong acidic (or basic)
solutions within their manufacturing process. Therefore, the advanced
configurations for the control of NH; emissions aim at avoiding the
requirement of acid washing thus the handling and consumption of
aqueous H,SO, solutions. As a result, three different advanced con-
figurations for the control of NH; emissions have been proposed, as
shown in Fig. 2. All of them modify the FG post-conditioning section of
the reference configuration (process section A in Fig. 1) by introducing
operating and/or design modifications into the FG-WW column, which
enable the removal of the acid washing. Further details are provided
below for each advanced configuration of the FG-WW column.

Configuration Al with the SNA, which still considers the FG-
WW column configuration of the reference CAP but allows for the
removal of the acid-wash column by tuning the operating conditions
of the SNA. The SNA consists of two sections: (i) a lower section whose
goal is the removal of the bulk amount of NH; contained in the CO,-
depleted FG coming from the CO, absorber, and (ii) an upper section
in which the NH; concentration in the FG is further decreased to values
in the order of magnitude of tens to hundreds of ppm,. While the
upper section of the NHz-absorber in the reference CAP configuration
decreases the NH; content in the FG, yFG ~WWoul i Fig. 2, to values
around 200 ppm,, the removal of the ac1d wash column downstream
requires to reach concentrations below 10 ppm, instead, in order to
meet the NH; emissions limits at the stack. The NHjz-lean solution
regenerated in the NH; desorber is chilled before entering the top of
the NH; absorber. While flowing down along the column, the aqueous
NH; solution captures NH; and CO, from the FG flowing upwards in
counter-current, increasing both its NH; and its CO, concentration. The
NH;-rich stream obtained at the bottom of the NH; absorber is sent
back to the NH; desorber, where NH; and CO, are stripped off from
the liquid solution, regenerating the NH;-lean stream to be used again
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in the NH; absorber. A fraction of the NH;-rich solution leaving the
bottom of the NH; absorber is recycled to an intermediate stage of the
column after being chilled. The goals of this pumparound stream are: (i)
to approach the NH; concentration in the FG leaving the lower section
of the NH; absorber to the NH; partial pressure in equilibrium with the
pumparound stream using high enough a liquid-to-gas flowrate ratio,
and (ii) to maximize the NH; removal in the lower section of the NH;
absorber by decreasing the temperature of the liquid solution.

In order to assess the performance of the process configuration when
removing the acid-wash column using the SNA, a multi-objective opti-
mization problem of the FG-WW section has been solved for each éyy,
case (thus for different NH; concentration values in the CO,- depleted
FG entering the column, y;(l}{SWW ™). As a result, the optimal set of
operating conditions and the SNA design are obtained, aiming at mini-
mizing the specific equivalent work associated with the FG-WW section,
wpg_ww, and at maximizing the productivity of the NHj absorber,
Prpg_ww- In practice, such multi-objective optimization problem is run
as a series of single-objective rigorous optimization problems based
on Successive Quadratic Programming (SQP) whereby the minimum
wrg_ww is found when varying the FG-WW column height, Hgg_ww
[m]. The decision variables of the optimization problem, which are
shown in Fig. 2, are the FG-WW column decision variables introduced
in Section 2, i.e. AIfIG ww T]‘:; WW (L/GYFS-WW | fFG-WW and T;G*WW,
along with the relative height at which the pumparound stream enters
the packing of the NH; absorber, hlff‘ww [-1, defined as:

FG-WW
hFG -WwW _ pa (5)
Heg_ww

where HgaG‘WW [m] is the height of the packing of the FG-WW column
at which the pumparound stream is fed. Additionally, the liquid-to-
gas flowrate ratio for the bottom section of the SNA, (L /G)F6-WW
[kgkg'], can be computed from fF~WW and (L/G)F~VW in order to
provide a parameter that facilitates the understanding of the operation
within the SNA, as follows:

(L/G)FG_WW

bot 3 FG-WW _
(/6 T 1 - fFG-WW
S

(6)
Besides the specification of yFG WW.out " constraints to the optimiza-
tion problem are that: (i) the NH; content in the stream purged from the
FG post-conditioning section (see Fig. 2), pr“}rée, is below 150 ppm,,,
which effectively constrains the value of éf5-W" unless there is no
purge stream, i.e. F‘“};’ VW = 0kgs~!, and (ii) TFG‘WW and TFG WW are,
on the one hand, lower than the temperature of the streams entering
their corresponding chillers but, on the other, higher than 1.5°C in

order to enable the use of simple industrial refrigeration systems.

Configuration A2 with the NAW. The NAW consists of three
sections: (i) a lower section where the bulk of NH; contained in the
CO,-depleted FG is removed from the gas, as for the SNA, (ii) an
intermediate section in which the NH; concentration in the FG is
further decreased to values of a few tens of ppm,, and (iii) an upper
section where the NH;3 concentration is decreased to values below
10 ppm,. With this aim, in this configuration the acid-wash packing
section included in the FG post-conditioning section of the reference
configuration is exchanged for a water-wash packing section, which
is added to the top of the NH;3 absorber. A water make-up stream at
ambient temperature enters the top of the column and captures NH;
from the FG flowing upwards in counter-current. As a consequence of
the increase in NH; concentration, the liquid is expected to capture also
some CO, from the FG. The polluted water exiting the bottom of the
water-wash section of the FG-WW column is then fed to the top of the
intermediate packing section, together with the NH;-lean stream. As
for the rest of the column, the NAW is similar to the SNA.

In order to assess the performance of the NAW, a multi-objective
optimization of the FG-WW section has been carried out following the
same strategy and approach detailed above for the SNA. As far as the
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Fig. 2. Flow diagram of the FG post-conditioning section of the CAP without acid-wash column using different configurations of the FG-WW column with respect to the reference
process. The operating variables that govern the performance of the configuration, i.e. the decision variables of the optimization problem, the process specifications and constraints,

and the input variables have been colour-coded in magenta, green and
referred to the web version of this article.)

decision variables are concerned, we consider eight in total, which are
shown in Fig. 2; in addition to those considered for the optimization
of the SNA, we have included the following operating variables of the
NAW: (i) the liquid-to-gas flowrate ratio for the make-up water stream
entering at the top of the water-wash section and the CO,-depleted FG
entering at the bottom of the FG-WW column, (L/G)V [kgkg~'], and
(ii) the relative height at which the NH;-lean stream enters the packing
of the FG-WW column, hﬂ?ﬂ‘ww [-1, defined as:

FG-WwW

HFG-WW _ lean

lean

Hpg_ww @
where HI9~"W [m] is the height of the packing of the FG-WW col-
umn at which the NHj-lean stream enters the packing of the NAW.
Regarding constraints to the optimization problem, w%‘ﬁfe is limited to
values below 150 ppm,, in all cases for this process configuration, since
a purge stream is always required. This effectively limits CAE%;WW to

values below 0.01 molyy, kg;{i o

Configuration A3 with the ANA, which is a slight variation of
the NAW. The FG-WW column consists of the same three sections, but
the polluted water leaving the bottom of the water-wash section is
withdrawn from the column instead of being mixed with the NH;-lean
stream entering the NH3 absorber. Instead, the polluted water stream
is partly recycled to the top of the column, partly purged from the
process to avoid the accumulation of NH; and CO, in the liquid flowing

, respectively. (For interpretation of the references to colour in this figure caption, the reader is

through the water-wash section of the ANA. Therefore, a water make-
up stream is required at the top of the FG-WW column to maintain
the liquid-to-gas flowrate ratio in the water-wash section. While in the
case of the NAW polluted water is mixed with the NH;-lean stream thus
cleaned in the NH; desorber, the ANA aims at avoiding the additional
steam required by the NAW for water cleaning. Consequently, the
amount of NH; captured from the gas in the water-wash section of the
ANA is limited by the maximum NH; concentration allowed in liquid
streams purged from the process, i.e. below 150 ppm,,. In practice,
the ANA consists of two different sections that operate independently,
i.e. a SNA (Configuration Al) followed by a water-wash section, which
improves its operability and controllability with respect to the NAW
configuration.

As far as the performance assessment of the configuration including
the ANA is concerned, a multi-objective optimization of the FG-WW
column has been carried out following the same strategy and approach
as for the SNA and for the NAW. In this case, seven decision variables
have been considered in the optimization problem, as shown in Fig. 2.
These are the same decision variables used for the optimization of the
configuration with the NAW, except for (L/G)VW. While increasing
(L/G)WV is penalized in the NAW configuration by a greater reboiler
duty in the NH; desorber, it does not have any direct effect on the
specific equivalent work of the ANA configuration. Therefore, including
(L/G)WVW as decision variable for the optimization of the ANA config-
uration would lead to values enabling the capture of all gaseous NH;
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in the water-wash packing section of the ANA. As a consequence, no
energy consumption would be required in the NH; desorber, at the
cost of uncontrolled water make-up requirements. On the contrary, if
the flowrate of water make-up is constrained, the process optimization
would lead to the maximum allowable (L/G)YW value. Therefore,
(L/G)VW has been considered as a parameter instead of as a decision
variable in the case of the ANA optimization. This implies that the
multi-objective optimization of the process configuration including the
ANA has been carried out for different values of (L/G)WV, covering
the process water consumption typical of amine-based post-combustion
CO, capture processes, i.e. ~ 500kg t&lj captured for aqueous MEA applied
to the same inlet FG composition con51dered in this study [39]. As
for the process constraints, these are the same defined for the SNA
configuration, along with the NH; concentration limit in the purge
stream from the water-wash section of the FG-WW column.

4.1.2. Results and discussion

The reference CAP configuration shown in Fig. 1 was optimized in
our previous work considering the energy consumption associated both
with the FG-WW column and with the NH; desorber [14], while the
productivity of the NH; absorber was not considered in the optimiza-
tion problem. Nevertheless, the volume of the NH; absorber may be
significant in comparison with the size of the CO, absorber, specially
for increasing NH; concentrations in the solvent circulating between
the CO, absorber and the CO, desorber, as shown in Table 3. Therefore,
here we have carried out the multi-objective optimization of the FG-
WW column of the reference CAP configuration following the same
approach described in Section 4.1.1 for Configuration Al, since both
consist of the SNA, specifying a yFG ~WW.eut yalue of 200 ppm, instead.
The results of such optimization problem are illustrated in Fig. 3, which
shows the results in the specific equivalent work-productivity plane,
providing a pareto front for each ¢yy, value; this defines a frontier
where the productivity can only be increased at the cost of a higher
minimum specific equivalent work. Despite not belonging to the pareto
fronts, the performance of the reference configuration operating at the
base conditions of the FG-WW column provided in Table 3 are plotted
in Fig. 3 for comparison purposes.

Fig. 3(a) shows the optimization results considering only the per-
formance of the FG-WW column and of the NH; desorber, in the plane
wrg—ww-Prrg_ww: Greater NH; concentration in the solvent circulating
within the CO, capture section, thus higher NH; concentration in the
CO,-depleted FG entering the NH; absorber, increases the require-
ments of the FG post-conditioning section, in terms of both energy
consumption and size of the FG-WW column.

The results provided in Fig. 3(b) show that the performance of the
FG post-conditioning section (and of the NH; desorber) has a significant
impact on the performance of the full CO, capture process: While Pr
can be increased by more than 50% with respect to the base operating
conditions of the FG-WW column, this would be achieved at the cost
of increasing w up to 10%. Nevertheless, Pr can still be significantly
increased with respect to the base operating conditions of the FG-
WW column at a low energy cost, regardless of the éyy, level. As
far as the comparison among different ¢y, cases is concerned the
optimization of the reference configuration of the FG post-conditioning
section improved the most its performance for higher NH; concen-
tration levels in the process with respect to the base set of operating
conditions. As a result, while the mid éyy, case performed the best at
the base set of operating conditions of the FG-WW column in terms
of specific equivalent work and productivity, the high éyy, case with
optimized FG-WW column conditions outperformed the rest in terms of
Pr, approaching the Pr¢g, . value reported in Table 3.

On the contrary, the high éyy, case outperforms the lower NHj
concentration cases in terms of both productivity and specific equiv-
alent work associated with the FG post-conditioning, if referred to the
amount of NH; captured in the FG-WW column, as shown in Fig. 3(c).
That implies that the removal of NH; in the SNA is still efficient when
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the NH; concentration in the CO,-depleted FG is as high as 8,000
ppm, and hence, that éyy, values above 9 molyy, kgH o might further
increase Pr with an acceptable increase of  if the FG-WW column
of the reference CAP configuration is optimized as in this work—our
previous optimization work showed that increasing éyy, improves the
productivity of the CO, absorber with a small increment of energy
demand [14].

In addition, the optimal values for each FG-WW column decision
variable along the pareto fronts shown in Fig. 3 are plotted in the
Supplementary Material. Although the effect of the FG-WW column
decision variables on the process performance is subject to complex
interdependencies, qualitative trends of the optimal conditions can be
inferred:

» Each decision variable shows similar trends when comparing
among different éyy, cases.

Decision variables reach their optimal values within the stud-
ied ranges, except for (L/G)F6~WW_ which stays at the lower
bound for lower productivity values; values of (L/G)F6~WW below
0.1kgkg~! have not been considered in order to avoid operational
issues at industrial scale associated with liquid maldistribution.
In general, we can move towards higher productivity values
while minimizing the increase in energy requirements by simul-
taneously decreasing nggww, increasing (L/G)FS~WVW, decreas-
ing TFS-WW 'increasing (L™ /G)F6~WW and decreasing TpFaG‘WW.
These trends increase the capacity of the solvent to absorb NHg
from the FG. On the other hand, the relative height at which the
pumparound stream enters the FG-WW column, 270~WW, reaches
a maximum and then decreases for increasing Pr values.
However, the former trends suffer from discontinuities at interme-
diate Pr values, which stem from the change of operation regime
of the FG-WW column. As mentioned above, higher Pr values
can only be achieved by decreasing the pumparound and lean
stream temperatures and by increasing the liquid-to-gas flowrate
ratio along the NH; absorber, which decreases the temperature
of the FG exiting the column. Therefore, a purge stream to avoid
water accumulating in the FG-WW column-NH; desorber loop is
required at high Pr values, which constraints the NH; concentra-
tion in the NHj-lean stream entering the top of the SNA. On the
contrary, no purge stream to control the water balance is required
at low Pr values, which allows for the selection of the optimal
¢FG-WW yalue; as soon as the constraint on the NH; concentration
of the NHj-lean stream becomes active, a step or discontinuity
is noticed in the trends of the optimal values of the remaining
decision variables.

As far as the advanced configurations of the FG-WW column without
acid washing are concerned, Fig. 4 shows the performance of the
SNA, of the NAW and of the ANA, resulting from the multi-objective
optimizations described in Section 4.1.1. The performance of the ANA
is studied as a function of the liquid-to-gas flowrate ratio for the inlet
water and inlet gas streams entering the top and the bottom of the
FG-WW column, respectively. For comparison purposes, Fig. 4 also
shows the performance of the reference configuration. In all cases, the
performances of the advanced configurations of the FG-WW column are
shown for the high éyy, case, where the higher NH; concentration in
the FG entering the FG post-conditioning section makes the differences
among configurations more noticeable.

Fig. 4(a) shows the resulting pareto fronts in the specific equivalent
work-productivity plane, associated with the energetic consumers of
the FG-WW column and the NH; desorber, and with the FG-WW col-
umn, respectively, for each configuration of the FG post-conditioning
section. For a given specific equivalent work value associated with
the FG-WW column and the NHj desorber, higher FG-WW column
productivity values can be achieved if moving from the NAW, to
the SNA and, eventually, to the ANA configuration. For the latter,
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Fig. 3. Resulting pareto fronts of the optimization of the FG-WW column belonging to the state-of-the-art benchmark configuration for different apparent NH; concentration values
in the solvent circulating in the CO, absorber-CO, desorber loop, i.e. low Cnm, (light blue), mid Cnn, (blue) and high i, (dark blue), in the plane: (a) specific equivalent work
associated with the FG post-conditioning section and the NH; desorber vs. productivity of the NH; absorber; (b) total specific equivalent work vs. total productivity; and, (c) as of
(a) but referenced to the NH; captured in the FG-WW column. The performance at the operating conditions of the FG-WW column provided in Table 3 (hereinafter referred to as
“Base” operating conditions for the reference configuration) is shown by means of the circles filled in grey at low productivity values. The optimal performances of the FG-WW
column in the state-of-the-art benchmark configuration for each solvent concentration are shown as filled circles. Such optimal performances have been selected qualitatively as
the last pareto point where the process productivity is still significantly increased with a minor increase of the specific energy consumption. (For interpretation of the references
to colour in this figure caption, the reader is referred to the web version of this article.)

greater (L/G)™V allows for increases in Pryg_wyw at the same minimum
energy demand, as expected. In all cases, Prgg_wyw can be increased
significantly at the cost of a very small increment of the energy demand
for low productivity values. For increasing Prpg_yww values, a step in
the pareto front is found in all cases, from where steeper increases of
wrg_ww are obtained for increasing Pripg_ww. In addition, the NAW
requires significantly greater energy demand than the other advanced
configurations for low productivity values, as a result of the greater
liquid flowrate entering the NH; desorber, which requires greater
reboiler duty for the regeneration of the NH;-lean stream. While the
optimal L/GYY value that minimizes the energy requirements of the
configuration with the NAW for given FG-WW column productivity is
always at its lower boundary, i.e. 0.1kgkg™', L/GV" is parametrized
for the ANA configuration, as explained in Section 4.1.1, between 0.1
and 0.2kgkg~!. The shape of the pareto fronts shown in Fig. 4(a) is
similar, for each configuration, to the shape of the curves plotted in
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Fig. 4(b), where the specific reboiler duty of the NH; desorber for the
pareto points of Fig. 4(a) is represented as a function of Prpg_ww. In
fact, the specific equivalent work associated with the steam required
in the reboiler of the NH; desorber contributes in all cases more than
75% to the specific equivalent work associated with the control of
NH; emissions in the CO,-depleted FG, while the other main energetic
demand stems from the refrigeration requirements for the chilling
of the pumparound stream and of the NHj-lean stream entering the
FG-WW column.

Although the reference configuration outperforms the advanced
configurations in terms of energy demand and productivity, the size of
the acid-wash column has not been considered in the productivity com-
putation. Furthermore, the reference configuration not only requires
the consumption of aqueous H,SO,, but also demands greater flowrate
of fresh aqueous NH; as make-up to replace the greater amount of NHg
exiting the FG-WW column, as shown in Fig. 4(c), which provides the
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Fig. 4. (a) Pareto fronts resulting from the optimization of the advanced configurations of the FG post-conditioning section in the plane specific equivalent work of the FG-WW
column plus NH; desorber-productivity of the FG-WW column, for the reference configuration (o) and for the advanced configurations using the SNA (¢), the NAW (o) and the
ANA with (L/G)YW =0.100kgkg™" (<), (L/G)VY =0.163kgkg™" (A) and (L/G)VV = 0.200kgkg™"' (), considering the composition of the CO,-depleted FG resulting from the high
Cnp, case (see Table 3); (b) associated values of the reboiler duty of the NH; desorber that minimizes the specific equivalent work of the FG-WW column plus NH; desorber as
a function of the FG-WW column productivity; (¢) consumption of chemicals and water demand associated with each configuration corresponding to the filled points in (a) (and
(b)); and profiles along the FG-WW column, i.e. (d) NH; concentration in the vapour phase, (e) apparent NH; concentration in the liquid phase, (f) apparent CO, loading in
the liquid phase, and (g) temperature, representative of each configuration corresponding to the filled points in (a) (and (b)), as a function of the relative height of the FG-WW
column with respect to the height of the CO, absorber in the high éyy, case reported in Table 3. (For interpretation of the references to colour in this figure caption and legend,

the reader is referred to the web version of this article.)

consumption of chemical solutions and process water corresponding
to the filled points plotted in Fig. 4(a) (and (b)). On the contrary,
the advanced configuration of the FG post-conditioning section using
the SNA requires the lowest NH; make-up flowrate. Slightly higher
NH; make-up flowrates are needed for the NAW and for the ANA
configurations, since part of the NH; captured from the FG leaves the
FG-WW column within the water purged. As far as the consumption
of process water is concerned, the reference configuration and the
advanced configuration of the FG post-conditioning section using the
SNA require similar flowrates, while the water needs for the NAW and
for the ANA configurations depend on the L/GVY value; the greater the
water flowrate is, the more NH; that leaves within the stream purged.
Consequently, increasing L/GV™ values lead to greater consumption
of fresh aqueous NHj; solution for the ANA configuration, although
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the ratio fresh aqueous NH; solution flowrate-to-fresh water flowrate
decreases for increasing L/G"" within the range of values studied.
The operation and NHj; capture process in each FG-WW column
configuration can be understood by analysing Figs. 4(d)—(g), where
the profiles along the FG-WW column are shown for the conditions
corresponding to the filled points plotted in Fig. 4(a) (and (b)). The
FG-WW column profiles belonging to the reference configuration are
also included. The vertical axis shows the relative height of the packing
in the FG-WW column with respect to the height of the packing in
the CO, absorber, setting the origin at the bottom. The height of the
FG-WW columns belonging to the advanced configurations of the FG
post-conditioning section require around 70% of the height of the CO,
absorber packing for the high éyy, case; lower NH; concentration levels
in the CO, capture solvent will require lower relative heights for the
FG-WW column, since taller CO, absorbers are required (see Prco,aps
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values in Table 3) and shorter FG-WW columns are needed. The FG-WW
column of the reference configuration only requires a packing height
which is approximately 40% of the height of the CO, absorber for the
optimal operating conditions of the high éyy, case, but that does not
include the additional acid-wash section required. As previously intro-
duced in Section 4.1.1, the bulk amount of NH; contained in the inlet
CO,-depleted FG is captured in the bottom section of the NH; absorber,
where the NH; concentration in the gas is decreased to around 1,000
ppm,, as it is shown in Fig. 4(d). Despite the greater apparent NHj
concentration in the liquid circulating through the bottom section of
the NH; absorber, as shown in Fig. 4(e), the decrease in the equilibrium
partial pressure of NH; of the liquid required to capture NH; from the
gas is achieved by means of a liquid with higher CO, loading, i.e. above
0.5 molco, molgnl_h, that decreases the temperature of the gas, as shown
in Figs. 4(f) and (g), respectively. Then, NH; is further removed from
the gas in the upper section of the NH; absorber due to the low
apparent NH; concentration in the liquid flowing in counter-current,
as shown in Fig. 4(e); while the SNA only uses a very diluted NH;-lean
solution to reach the NH; concentration limit in the outlet gas stream,
the NAW and the ANA uses an additional water-wash section on the top
of the NH; absorber to decrease the NH; concentration in the FG from
a few tens of ppm, to 10 ppm,. The water and the NH;-lean solution
not only capture NH; from the FG, but also CO,, thereby increasing
the CO, loading of the liquid, as shown in Fig. 4(f), thus enhancing
the NH; transfer from the vapour to the liquid stream. In general,
the profiles shown in Figs. 4(d)—(g) are very similar for the reference
configuration with the SNA, and for the advanced configurations of the
FG post-conditioning section using the SNA or the ANA, but differ for
the NAW, where most of the NH; is removed from the gas stream in
the intermediate section of the FG-WW column—top section of the NH3
absorber—i.e. between the NH;-lean stream inlet and the pumparound
stream inlet.

In summary, according to the results shown in Figs. 4(a) and (c),
the advanced configuration of the FG post-conditioning section using
the SNA as FG-WW column is able to decrease significantly the re-
quirements of fresh aqueous NH; solution with respect to the reference
configuration, and to avoid the consumption of aqueous H,SO, solu-
tion, while maintaining the water demand; if the same equivalent work
is aimed with both configurations, the advanced configuration of the
FG post-conditioning section using the SNA reaches FG-WW column
productivities which are approximately 50% of those of the reference
configuration. Further productivity increments for the advanced con-
figurations of the FG post-conditioning section can be obtained by
means of the ANA, FG-WW column configuration that outperforms
the NAW in terms of specific energy consumption. Such productivity
increment is mainly obtained at the cost of greater process water
demand, reaching consumptions when (L/G)¥V = 0.163kgkg™! similar
to what is expected in amine-based capture processes [39]. Therefore,
the results obtained for the optimization of the advanced FG post-
conditioning section using the SNA, and the ANA (with (L/G)"WV =
0.163kgkg™"), are illustrateds in Fig. 5 in the total specific equivalent
work-total productivity plane.

Fig. 5 provides a pareto front for each ¢yy, case and advanced
configuration of the FG-WW column. As for the reference configuration,
the mid éyy, case outperforms the low and the high éyy, cases both
for the SNA and for the ANA, while the high éyy, case outperforms
the lower éyy, cases in terms of total productivity achievable for
both advanced configurations. In addition, the ANA outperforms the
SNA in terms of energy consumption and productivity, for each NHg
concentration level studied in this work. The results shown in Fig. 5
also illustrate that the performance of the FG post-conditioning section
and of the NH; desorber has a significant impact on the performance
of the full CO, capture process, similar to what was obtained for the
reference configuration (see Fig. 3(b)).

In all pareto sets shown in Fig. 5, the productivity can be improved
without increasing significantly the minimum specific equivalent work,
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Fig. 5. Resulting pareto fronts of the optimization of the advanced configurations of
the FG post-conditioning section using the SNA (¢), and the ANA with (L/G)VV =
0.163kgkg™" (a), for different NH; concentration values in the solvent circulating in
the CO, absorber-CO, desorber loop, i.e. low éyy,, mid éyy, and high éyy, from light
to dark colour, in the plane total specific equivalent work vs. total productivity. Filled
circles indicate the sets of operating conditions—one per configuration and per éyy,
case—with the best qualitative trade-off between energy consumption and productivity.
(For interpretation of the references to colour in this figure caption, the reader is
referred to the web version of this article.)

at low productivity values, while for high productivities, moving to the
right along the pareto fronts would require in all cases considerable
increments of the minimum energy demand. The optimum values for
each FG-WW column decision variable to move along each pareto front
shown in Fig. 5 are provided in the Supplementary Material. Although
the effect of the FG-WW column decision variables on the process
performance are subject to complex interdependencies among them,
qualitative trends of the optimal conditions can be inferred:

» Each decision variable shows similar trends when comparing
among different éyy, cases for the same configuration of the
FG-WW column.

The optimal design of the SNA and of the ANA configurations
requires in all cases that a split of the NH;-lean stream is purged
from the FG-WW column-NH; desorber loop to avoid water ac-
cumulation. Therefore, the concentration of apparent NHj in the
NHj-lean stream is limited in all cases to a maximum value of
0.0088 molyy, kg;lo (equivalent to 150 ppm,,,).

The optimal performance of the FG-WW column either with
the SNA or with the ANA is highly influenced by the optimal
(L/G)FS~WW value. The optimal (L/G)FC~WVW value stays at its
lower boundary for lower productivity values, where the pro-
ductivity is increased by varying the remaining FG-WW column
decision variables at the cost of a small increase in the minimum
specific energy demand. At higher productivity though, increasing
Pr values are achieved by increasing the (L/G)FS~WW, which
leads to significant increments of the minimum specific equivalent
work.

In general, we can move towards higher productivity values while
minimizing the increase in energy requirements by additionally
and simultaneously: (i) decreasing éﬁﬁ;ww, only for the SNA
configuration, (ii) decreasing T1§ ;*WW, (iii) decreasing the relative
height at which the NHj-lean stream enters the ANA, which
does not apply to the SNA, (iv) increasing (L*'/G)F6-WW  and
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(v) decreasing 7,;°"""". On the other hand, the relative height
at which the pumparound stream enters the FG-WW column,
hlfffww, reaches a maximum and then decreases for increasing
Pr values.

Discontinuities and/or change of slope in the former trends of
the optimal FG-WW column decision variables appear when the
optimal value of the (L/G)F~WW goes above the lower boundary,
i.e. it is greater than 0.1 kgkg™!

The dimensions of the FG-WW column at optimal operating condi-
tions for the most performing configurations of the FG post-
conditioning section are provided in Table 5. The optimal set of oper-
ating conditions for each case have been selected from the qualitative
assessment of the results shown in Figs. 3 and 5, aiming at the pareto
point where the slope in the @ vs. Pr plots increases drastically,
i.e. with the best qualitative trade-off between energy consumption and
productivity. Such points have been filled in the plots of Figs. 3 and 5.

The results given in Table 5 for the height of the FG-WW col-
umn, Hgg_ww, of the reference configuration show that operating
the FG-WW column at optimal operating conditions is of paramount
importance for the proper assessment of a certain process configuration.
Such optimization is more critical the higher the NH; slip in the CO,
absorber is, i.e. at higher NH; concentrations in the solvent. In fact, the
height of the FG-WW column in the FG post-conditioning section of the
reference configuration decreases from 15.1 m at the base set of oper-
ating conditions to 5.0m at the optimal set of operating conditions for
the low éyy, case and from 32.4 to 5.8 m for the high éyy, case, at the
cost of a very small increase of the minimum energy requirements of the
process, as it can be seen in Fig. 3. Greater packing heights are required
for the FG-WW column when using the SNA or the ANA, although the
difference in packing requirements of the FG post-conditioning section
with respect to the reference configuration decreases if the additional
acid-wash packed column needed in the latter is considered. Addition-
ally, the optimization of the process operating conditions allows for
very competitive packing heights in the FG-WW column independently
of the concentration of apparent NH; in the solvent used for CO,
capture. In all cases, the most promising configurations of the FG-WW
column operating at optimal conditions require smaller packing heights
than those required in the CO, absorber, which are also reported
in Table 5 for comparison purposes and that correspond to the CO,
absorber operating conditions reported in Table 3.

When compared to the performance of other configurations of
the FG post-conditioning section of NH3-based CO, capture processes
reported in the literature, the advanced configurations developed in
this study perform very competitively. Jilvero et al. [16] proposes
as most performing configuration a 15m high FG-WW column that
allows to decrease the NH; concentration in the FG before the stack
to values around 10 ppm thus avoiding the use of an acid-wash column
downstream; the worse performance when compared to our advanced
configuration using the SNA stems from the fact that Jilvero et al. [16]
designed their FG-WW column only considering the top section of our
SNA, without pumparound stream and bottom section. Jiang et al. [21]
proposed a packing of 6.4 m high for the water-wash column followed
by a 3.25m high packing for the acid-wash column as part of their most
performing process configuration, which compares with the packing
heights required for the FG-WW columns of the advanced configu-
rations of the FG post-conditioning section developed in this study.
Nevertheless, while the configuration of Jiang et al. [21] requires
more than 0.3 MJ,, kggézcapmre 4 for the regeneration of the NHj-lean
stream, the thermal energy requirements of our designs at optimal
operating conditions of the FG-WW column range between 0.1 and
0.25 MJ,;, kgE(l)2capture +» depending on the NH; concentration in the CO,
capture solvent thus on the NHj slip in the CO, absorber. Furthermore,
such designs and performances of the FG-WW column are associated
with a packing height in the CO, absorber of 20m and 24.4m for the
optimal configurations of Jilvero et al. [16] and of Jiang et al. [21],
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respectively, using structured packings with 250 m? m=3 of specific sur-
face area. On the contrary, our process configurations lead to packing
heights in the CO, absorber ranging between 14 and 22m using a
packing with 20% lower specific surface area, i.e. 207 m> m=3.

In addition, it is worth noting that Jiang et al. [21] simulated
a simplified CAP as reference process for their study that required
a packing more than 25m high for the FG-WW column in order to
decrease the NH; concentration in the FG exiting the CO, absorber
from 29,000 to less than 1 ppm,, and 1.4 MJ, kgggzcapmre q for the
regeneration of the NHs-lean stream. This is a clear example of results
obtained using a process configuration and operating conditions far
from optimality, which lead to misleading performance assessments.

4.2. Advanced configurations to simplify the PFD

4.2.1. Process description and optimization strategy

Advanced configurations that simplify the PFD with respect to the
reference CAP configuration aim at reducing the investment costs asso-
ciated with NH3-based capture processes. This objective is pursued by
decreasing the number of units of the capture process without affecting
negatively its energetic performance and the fulfilment of the process
specifications and constraints. Therefore, the different process sections
and unit operations of the reference CAP configuration shown in Fig. 1
have been analysed in terms of goals, operating conditions and feed
streams in order to identify pieces of equipment that: (i) either can
be integrated within another unit operation, or (ii) can be removed
from the capture process; in addition, both cases might require the
adaptation of the boundary conditions and/or the redefinition of the
constraints of certain process sections. As a result, advanced configura-
tions of the reference CAP that do not include the CO,-WW section or
the appendix stripper, or that integrate the appendix stripper with the
NH; desorber have been identified. Further details for each of them are
provided below.

Configuration B1 without the CO,-WW column, where the CO,
stream that leaves the top of the CO, desorber is directly cooled down
before being sent to compression; the condensate stream produced in
the cooler of process section B is sent to the solvent recovery section
as in the reference configuration shown in Fig. 1. Consequently, the
operating conditions of the CO, desorber need to be adapted in order
to still meet the constraints downstream in the process, i.e. yC(I_)Izcomp "
below 50 ppm, and no solid formation in the condensate of the CO,
stream before the CO, compression section, which will affect the spe-
cific reboiler duty of the CO, desorber thus the energetic performance
of the capture process [14]. Therefore, the configuration without the
CO,-WW column is assessed by means of multi-variable sensitivity
analyses whereby the influence of the CO, desorber decision variables
on the process performance is studied. As a result, the optimal set
of operating conditions of the CO, desorber, i.e. Pcg,qes and f;, that
minimize w while meeting the process specifications and constraints
provided in Table 2 are obtained for each éyy, case.

Configuration C1 without the appendix stripper, whose PFD is
shown in Fig. 6. In addition to the removal of the appendix stripper,
Configuration C1 includes an additional packing section at the top of
the column in the FG pre-conditioning section that further cools down
the FG to values below ambient temperature, referred to as Direct
Contact Chiller (DCCh) hereinafter. The DCCh uses chilled water for
cooling purposes, which can reach values as low as 1.5°C, instead
of cooling water at 21.2°C. The purpose of the DCCh is to reach
temperatures of the FG entering the CO, absorber as low as those of
the CO,- and NH;-depleted FG exiting the FG-WW column in order to
minimize water accumulating in the solvent circulating between the
CO, absorber and the CO, desorber. As a consequence, the purge of
solvent from the CO, absorber-CO, desorber loop is avoided, which is
the source of most of the NH; and CO, recuperated in the appendix
stripper. Therefore, the appendix stripper is removed and other inlet
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Table 5

Dimensions of the FG-WW column, i.e. packing height and diameter, corresponding to the most promising configurations of the FG post-conditioning section for
the FG conditions provided in Table 1. The optimal sets of operating conditions for each configuration of the FG post-conditioning section have been selected by
means of the qualitative assessment of the results obtained in the plane w vs. Pr and that have been shown as filled markers in Figs. 3 and 5. The dimensions of
the FG-WW column corresponding to the reference configuration at the base sets of operating conditions of the FG-WW column provided in Table 3 have also
been introduced for comparison purposes. Also for comparison purposes, we provide the dimensions of the CO, absorber corresponding to the three different
sets of operating conditions of the CO, absorber section indicated in Table 3. A random packing of 25-mm Pall rings with a specific surface area of 207 m?> m™3,
as specified in Section 3, has been considered in both the CO, absorber and the FG-WW column. For a fair comparison, an additional packing section should be
considered for the acid wash column of the reference FG post-conditioning section; Jiang et al. [21] have reported an acid-wash column with a packing height
of 3.25m to decrease the NH; concentration in the CO,-depleted FG from 1000 to <1 ppm, so that a shorter packing is expected to be required in the acid-wash
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column of the reference FG post-conditioning section of this study, where the NH; concentration in the FG is decreased from 200 to <10 ppm,.

Variable Units Configuration of the FG post-conditioning section and éyy, case
Ref Al (SNA) A3 (ANA)
Base Opt Opt Opt
low mid high low mid high low mid high low mid high
Hpg_ww [m] 15.1 20.9 32.4 5.0 5.5 5.8 9.0 10.0 11.0 9.0 9.5 9.5
Drgww [m] 5.6 5.6 5.7 6.6 6.7 6.7 6.7 6.7 6.7 6.6 6.6 6.7
Heo,abs [m] 22.3 19.4 14.2 22.3 19.4 14.2 22.3 19.4 14.2 22.3 19.4 14.2
Doy [m] 8.5 8.4 8.5 8.5 8.4 8.5 8.5 8.4 8.5 8.5 8.4 8.5
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Fig. 6. Flow diagram of Configuration C1 without the appendix stripper and including the DCCh at the top of the DCC in the FG pre-conditioning section for the chilling of
the FG before entering the CO, absorber. The remaining process sections, i.e. (A) the FG post-conditioning section, (C) the solvent recovery section with the NH; desorber, and
(G) the CO, compression section, are omitted for the sake of visuality but are those included in the reference CAP configuration shown in Fig. 1. The variables that govern the
performance of the configuration, i.e. the process parameters that are varied in the sensitivity analysis, and the process constraints have been colour-coded in green and blue,
respectively. (For interpretation of the references to colour in this figure caption, the reader is referred to the web version of this article.)

streams with minor content of NH; (and CO,), i.e. the purge stream
from the CO,-WW column and the condensate of the CO, stream before
compression, are fed to the CO, desorber instead. Since the flowrates
of the latter streams are two and three orders of magnitude smaller
than the flowrate of the cold-rich bypass, respectively, their feed stage
to the CO, desorber has a minor/negligible effect on both the energy
consumption of the process and the control of NH; emissions within
the CO, stream; in order to minimize the number of packing sections in
the CO, desorber and considering their temperature, we have chosen to
feed both streams together with the hot CO,-rich stream. The tempera-
ture of the FG entering the CO, absorber can be controlled by means of
the liquid-to-gas flowrate ratio for the chilling water and the inlet FG to
the capture process, (L/G)F6~PCCh [kgkg~!], in combination with the
temperature of the water entering the DCCh, TEG-PCCh [°C]. Increasing
values of (L/G)F6-PCCh make the temperature of the FG entering the

CO, absorber to approach asymptotically TFG-DCCh, Therefore, we have
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set the value of (L/G)F6-PCCh t0 2.0kgkg™! so that further increments
do not have any effect on the FG temperature. Subsequently, 7.5$-DCCh
is set to the maximum value that avoids the accumulation of water in
the solvent circulating between the CO, absorber and the CO, desorber,
thus leading to a flowrate of purged solvent, Fj. [kg t&l)zcapme 4> that
is equal to zero. As for the chilling considered in the FG-WW column,
the minimum temperature achievable has been set to 1.5°C. Then, the
performance of the configuration without appendix stripper is assessed
by analysing the impact on the energy needs of the process and on the

consumption of aqueous NH; solution.

Configuration C2 with the IS, whose PFD is shown in Fig. 7,
integrates the NH3 desorber and the appendix stripper in one single
column. Such integration is possible as long as the NH; desorber and
the appendix stripper have the same specifications, i.e. both columns
produce: (i) a gaseous distillate at the top of the column that recovers
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Fig. 7. PFD of Configuration C2 with the IS. Notice that the NH; desorber and the appendix stripper of the solvent recovery sections have been integrated in one single column,
i.e. the IS. The implementation of the IS is shown in combination with the FG post-conditioning section of the reference configuration. However, the block of the latter can be
exchanged for any of the advanced configurations of the FG post-conditioning section shown in Fig. 2.

most of the NH; and (almost all the) CO, contained in the column’s feed
stream, and (ii) an almost pure water liquid stream at the bottom of the
column. While the former is always fulfilled, the latter feature is com-
mon to both columns if the apparent NH; concentration in the NH3-
lean stream is up to 150 ppm,, (equivalent to 0.0088 molyy, kgﬁlo).
Although the suitability of the IS depends on the operating conditions
of the FG-WW column, it is independent of the configuration of the
FG-WW column and the FG post-conditioning section. Therefore, the
FG post-conditioning section of the reference configuration considered
in the full PFD shown in Fig. 7 can be exchanged for any of the
advanced configurations of the FG post-conditioning section described
in Section 4.1.1. On the one hand, the high-pressure stream resulting
from the mixing of the solvent purged from the CO, absorber-CO,
desorber loop, the water stream purged from the CO,-WW section and
the condensate of the CO, gas stream are fed to the top of the IS
after exchanging heat with the bottom stream of the column, as for
the appendix stripper. On the other hand, the NH;-rich stream enters
the IS at the top half of the column, as in the case of the NH; desorber.
The process improvement introduced by the IS is based not only on the
decrease of the investment costs due to the elimination of one piece
of equipment with respect to the reference configuration, but also on
a competitive energy performance. The latter is highly affected by the
heat integration implemented upstream. The high-pressure stream fed
to the top of the column flashes when entering the IS, which by default
operates at atmospheric pressure, thus cooling down the top of the
column and serving the purpose of the condenser of the NH; desorber.
The heat of the bottom stream, which leaves the IS approximately at
100°C (almost pure water at atmospheric pressure), is used to heat
up the high-pressure stream fed to the top of the IS. The pinch point
temperature in the counter-current heat exchanger is reached between
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the inlet hot stream (bottom stream of the IS) and the outlet cold
stream (high-pressure stream fed to the top of the IS): The high pressure
of the latter stream, whose flowrate is considerably lower than that
of the IS bottom stream, prevents its vaporization within the heat
exchanger. Then, the NH;-lean hot outlet stream, still approximately
at 90 °C, is able to heat up the NH;-rich stream before entering the top
of the FG-WW column. Aiming at minimizing the refrigeration duty
associated with the chilling of the NHj-lean stream, a fraction of the
hot NH;-lean stream is purged before entering the NH;-rich/NH;-lean
heat exchanger. In order to also minimize the reboiler duty of the
IS, the value of the aforementioned split fraction is set to equalize
the heat capacity of both inlet streams to the NH3-rich/NHs-lean heat
exchanger.

The advanced Configuration C2 with the IS is assessed by analysing
its impact on the energy requirements of the process and on the
consumption of water and aqueous NHj solution, with respect to
the reference configuration with the appendix stripper and the NH;
desorber. As far as the energy consumption associated with the IS
is concerned, the column configuration is of paramount importance,
i.e. the number of stages and the feed stages. On the one hand,
increasing number of equilibrium stages decreases the reboiler duty of
the IS towards an asymptotic minimum value. On the other hand, while
the reboiler duty of the IS is always minimized when the high-pressure
stream is fed to the top of the column, as mentioned above, the optimal
feed stage of the NHj-rich stream depends on the total number of
equilibrium stages. Aiming at providing a fair assessment of the IS with
respect to the reference configuration, the same number of equilibrium
stages as for the NH; desorber of the reference configuration, i.e. nine
including the condenser and the reboiler of the column, has been
selected. Furthermore, no significant energetic improvements are found
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Operating conditions of the FG-WW column selected for the assessment of the IS in combination with different configurations of the FG post-conditioning section. The set of
operating conditions selected for each configuration of the FG post-conditioning section corresponds to the pareto points labelled as “Opt” in Figs. 3 and 5 (see Section 4.1.2).
A new “Base” set of operating conditions of the FG-WW column of the reference FG post-conditioning section has been determined for its combination with the IS in order to
meet the apparent NH; concentration constraint in the purge stream (see Table 2) while minimizing the energy requirements for the same FG-WW column productivity reported

in Table 3 for each ¢y, case. As for the remaining process operating conditions, i.e. CO, absorber parameters and CO, desorber parameters, the values selected for the assessment

of Configuration C2 with the IS are those reported in Table 3 for each ¢y, case.

Variable Units Configuration of the FG post-conditioning section and ¢y, case
Ref Al (SNA) A3 (ANA)
Base Opt Opt Opt
low mid high low mid high low mid high low mid high

c‘f,f;ww x 10° [molyy, kgy'ol 8.81 8.82 8.80 8.80 8.83 8.82 5.67 7.18 8.69 8.82 8.82 8.81
(L/G)FG-WW [kg kg"] 0.100 0.100 0.100 0.104 0.113 0.103 0.128 0.125 0.113 0.100 0.105 0.110

a-ww [°C] 15.7 16.6 5.7 7.6 7.9 8.1 1.6 1.5 3.9 7.6 8.1 1.5
PGV [mm™'] 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 1.00 0.81 0.82 0.82
(LDt /G)FG-WW [kg kg_l] 0.195 0.197 0.126 2.08 2.25 2.05 2.57 2.50 2.26 2.00 2.10 2.19
TP'ZG’WW [°C] 12,5 13.6 1.5 1.5 1.5 1.5 1.5 1.6 1.5 1.5 1.5 1.5
hsf‘ww [mm~'] 0.53 0.46 0.58 0.50 0.53 0.50 0.20 0.27 0.25 0.29 0.28 0.29
(L/GWV [keg kg™'] 0 0 0 0 0 0 0 0 0 0.163 0.163 0.163

for a larger number of equilibrium stages. Therefore, the appendix strip-
per is effectively removed in terms of investment costs with respect to
the reference configuration. For such column configuration, the optimal
feed stage of the NH;-rich stream to the IS that minimizes its reboiler
duty is equilibrium stage 2. Additionally, the energetic performance of
the IS is also affected by the operating conditions of the CO, absorber,
of the CO, desorber and of the FG-WW column. The effect of the CO,
absorber decision variables and of the CO, desorber decision variables
on the reboiler duty of the IS is similar to their effect on the reboiler
duty of the appendix stripper for the reference configuration. On the
contrary, the value of the FG-WW column parameters might have to
be modified with respect to the reference configuration with the NH;
desorber if the apparent NH; concentration in the NHj-lean stream
is above the maximum allowable value, i.e. 150 ppm,, for this work,
since a split has to be purged. Therefore, the performance of the IS
has been compared with the performance of the configuration that
includes both the appendix stripper and the NH; desorber for different
configurations of the FG post-conditioning section. The most promising
advanced configurations of the FG post-conditioning section, according
to the results shown in Section 4.1.2, have been considered, namely
Configuration Al with the SNA and Configuration A3 with the ANA, as
well as the reference configuration of the FG post-conditioning section
with the SNA and the acid-wash column included in Fig. 1. The sets
of operating conditions of the FG-WW column parameters that are
used for the assessment of Configuration C2 with the IS are provided
in Table 6 for each configuration of the FG post-conditioning section
and éyy, case, ie. low, mid and high. The same values of the FG-
WW column parameters are considered for the corresponding processes
using the same advanced configuration of the FG post-conditioning
section but with both the appendix stripper and the NH;3 desorber.
These sets correspond to the optimal operating conditions determined
qualitatively from the results shown in Fig. 5 (see Section 4.1.2). As
far as the reference configuration of the FG post-conditioning section
is concerned, it has been combined with the IS at two different sets
of operating conditions of the FG-WW column decision variables: (i)
At the optimal operating conditions determined qualitatively from the
results shown in Fig. 3 (see Section 4.1.2); and, (ii) at the operating
conditions that allow for the minimum specific energy consumption of
the process, thus at low FG-WW column productivity values. For the
latter, the set of operating conditions of the FG-WW column reported
in Table 3 have been used for the reference configuration with the
appendix stripper and the NH; desorber; on the contrary, a new set that
minimizes the energy consumption for the same productivity value has
been found instead for the advanced configuration with the IS in order
to constrain the apparent NH; concentration of the NH;-lean stream to
the maximum allowable content specified in Table 2 for liquid purge
streams.
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4.2.2. Results and discussion

Advanced configurations falling in this category have been assessed
separately. On the one hand, the configuration without the CO,-WW
column (Configuration B1) and the configuration without the inte-
grated stripper (Configuration C1) have been compared to the reference
configuration shown in Fig. 1 operating at the three different sets
of conditions reported in Table 3. On the other hand, the advanced
configuration with the IS (Configuration C2) has also been assessed
in combination with the most promising advanced configurations and
with the reference configuration of the FG post-conditioning section, at
the operating conditions of the FG-WW column reported in Table 6.

The results of the multi-variable sensitivity analyses carried out for
the assessment of Configuration B1 without the CO,-WW column
are illustrated in Fig. 8. Fig. 8(a) shows the effect of the CO, desorber
variables on the energetic performance of the reference CAP configu-
ration illustrated in Fig. 1 at the sets of operating conditions reported
in Table 3 resulting from our previous process optimization work [14],
while Fig. 8(b) does the same for Configuration B1 at the same sets of
operating conditions. In addition to the w isolines, Fig. 8 also includes
the regions of the CO, desorber decision variables design space that
are infeasible as they would not allow to meet the process constraints
regarding avoidance of solid formation, maximum NHj concentration
in the CO, stream entering the CO, compression section, y;?lzcomp,m’
and maximum temperature of the solvent, T,y co, (Whose values are
reported in Table 2). While Pc, 4. and f, have the same effect on  for
the reference configuration [14] and for Configuration B1, the removal
of the CO,-WW column hinders the control of the NH; concentration
in the CO, stream, thus it shrinks the feasible range of operating
conditions in the CO, desorber, the more the higher the concentration
of apparent NH; in the solvent is. On the one hand, the minimum
fo value that avoids solid formation in the condensate of the CO,
stream before the CO, compression section increases with respect to
the reference configuration for the same value of P, 4. On the other
hand, increasing apparent NH; concentration in the solvent increases
the minimum pressure of the CO, desorber at which solids might be
formed. On the contrary, the removal of the CO,-WW section does not
affect the maximum reachable pressure in the CO, desorber that avoids
violating the constraint on the maximum temperature of an aqueous
NH; solution in the process, which mainly depends on the solvent
composition. As a result, no feasible range of operating conditions of
the CO, desorber has been found for the high éyy, case in the range
of Pro,aes Vvalues studied. As far as the low and the mid éyy, cases
are concerned, solid formation cannot be avoided for Prg, g values
below 10 and 25bar, respectively. In the case of the low éyy, case,
the shrinkage of the feasible region of operating conditions of the CO,
desorber affects neither the minimum specific equivalent work of the
process, nor the optimal set of operating conditions. Nevertheless, such



J.-F. Pérez-Calvo et al.

Separation and Purification Technology 274 (2021) 118959

(a) low éNH3 mid &, high &,
0.16 0.16 0.16 , ~
0.14 . 135 0.14 - . 0.14 - 1.35
~_ O5— | N \
\1 3 25| —~ \1 3
0.12 S—1 012 0.12 — B3
\]-25\ 12— ‘ I 25
0.1 — 0.1 £4 017 —
— [N 3 1.2
T4 0.08 1 0.08 Vi o008} B
= min (w) g
0.06 7 min (w)q‘ 0.06 = 0.06 min (w)
0.04 | 0.04 / 0.04 e
///////// i |
0.02 ¢ 5 0.02 ¢ Solid formanon mt & // 0.02 Z
// condensate of the CO, stream //
A Z4 7 4 Z4
5 75 101251517.52022.52527.53032.5 5 7.5 1012.51517.52022.52527.53032.5 5 7.5 1012.51517.52022.52527.53032.5
(b)
0.16 1 0.16 1 0.16 ¢
/ 1_4\ / \\
0.14 ¢ 1-35\ 0.14 13-4 0147
~_ ~L 0
0.12 — 13 o2 S 012
1.25 I
oL ~12—_ 0.1 0.17
:3 0.08 | 1 008 min (w) | 008
0.06 min (w) 0.06 i 0.06
0.04 ¢ 0.04 | 0.04
0.02 0.02 / 0.02
5175 10125151752022525 27530325 5 75 1012.51517.52022.52527.530325 5 7.5 1012515 17,520 22.5 25 27.5 30 32.5
Peo des [bar] Peo des [bar] co des [Dar]

Fig. 8. Response surfaces showing the specific equivalent work (v [MJ kgCO capture ,]) isolines in the plane cold-rich bypass split fraction vs. CO, desorber pressure when fixing the
remaining process operating conditions at the values, from left to right, of the low éyy, case, the mid éyy, case and the high ¢y, case, given in Table 3, for: (a) the reference
configuration shown in Fig. 1; and, (b) Configuration B1 without the CO,-WW column. The grey-coloured area and the black-coloured contour show the isoregion for minimum
specific equivalent work for the reference configuration and for Configuration B1, respectively. For comparison purposes, both are represented in (b). The infeasible region of
the process is represented by the striped area, where solids may form, and by the red shadowed regions, which define the range of CO, desorber operating conditions at which
the NH; concentration in the CO, stream sent to compression, at the left, and the CO, desorber reboiler temperature, at the right, would not meet the process constraints (see
Table 2). (For interpretation of the references to colour in this figure caption, the reader is referred to the web version of this article.)

shrinkage at the higher solvent NH;3 concentration of the mid éyy,
case increases the minimum specific equivalent work of the process
with respect to the reference configuration. Therefore, the advanced
Configuration B1 without the CO,-WW column can only be applied
when the solvent contains low concentrations of NH3, while removing
the CO,-WW column might worsen the energetic performance of the
process with respect to the reference configuration, or even make the
capture process infeasible, for increasing apparent NH; concentrations
in the solvent.

The results that allow to carry out the performance assessment
of Configuration C1 without the appendix stripper are shown in
Fig. 9, where the overall energy consumption and the main energetic
contributors of the process, as well as the consumption of aqueous NH3
solution are provided for the three different sets of operating conditions
given in Table 3. In addition to the results of Configuration C1, Fig. 9
also shows the performance of the reference configuration shown in
Fig. 1 and of Configuration C1 without the DCCh, i.e. with the FG pre-
conditioning section as in the reference configuration, for comparison
purposes. As shown by the results of aqueous NH; solution consump-
tion, the removal of the appendix stripper of the reference configuration
can only be considered if it is coupled with the chilling of the FG
before the CO, absorber. Otherwise, the consumption of aqueous NH;
solution (25 wt%) increases from less than 1.5 kg tCOZCdpture J for the
reference configuration, 1ndependently of the NH; concentration in the
solvent, to 19, 34 and 75 kg tco captured for the low, mid and high éyy,
case, respectively. Introducing the DCCh in the FG pre- cond1t10n1ng
section allows to decrease the requirements of aqueous NH; solution
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make-up to values typical of the reference configuration, except for the
high éyy, case, where the condensation of water from the FG in the
DCCh operating at the minimum achievable temperature, i.e. 1.5°C,
is not low enough to avoid the accumulation of water in the solvent
circulating between the CO, absorber and the CO, desorber. On the
contrary, the purge of solvent from the capture loop to close the water
balance is avoided for the low and for the mid éyy, cases if ;G Pe"
is set to 5.9 and to 1.5 °C, respectively. It is worth noting that, in order
to avoid water accumulating in the solvent of the CO, absorber-CO,
desorber loop, the condensation of water in the DCCh of Configuration
C1 not only has to consider the water flowrate in the CO,- and NH;-
depleted FG exiting the FG-WW column, but also has to counteract the
water make-up in the CO,-WW column. The water make-up to the CO,-
WW column, which enters the CO, absorber-CO, desorber loop in the
absence of the appendix stripper, increases with higher NH; concentra-
tion in the solvent. This limits the feasibility of the NH3-based capture
process without the appendix stripper to scenarios where the process
operates at low/mid apparent NH; concentration in the solvent, such
as the low and the mid éyy, cases. As far as the energy consumption
of Configuration C1 is concerned, Fig. 9 shows that the removal of
the appendix stripper does not affect significantly the overall energy
demand of the capture process: The increase of the chilling demand
caused by the DCCh is compensated by the lower energy associated
with the reboilers of the solvent recovery section due to the removal
of the appendix stripper. Additionally, the specific equivalent work
associated with the reboiler of the CO, desorber and with the process
auxiliaries is also affected when the appendix stripper is removed and
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the DCCh is introduced with respect to the reference configuration:
The lower temperature of the FG entering the CO, absorber of Con-
figuration C1 decreases the temperature of the cold CO,-rich stream
entering the rich-lean heat exchanger, thus the temperature of the other
inlet and outlet streams, with respect to the reference configuration.
While the lower temperature of the hot CO,-rich stream entering the
CO, desorber leads to a slight increase of the CO, reboiler duty, the
lower temperature of the CO,-lean stream exiting the rich-lean heat
exchanger requires less cooling duty before entering the CO, absorber
in comparison with the reference configuration, which explains the
slight decrease of the specific energy associated with the auxiliaries.
The assessment of Configuration C2 with the IS has been carried
out considering a column design that is equivalent in terms of invest-
ment costs to the NH; desorber of the reference configuration, thus
removing effectively the appendix stripper. Subsequently, the energy
requirements and the consumption of water and aqueous NH; solution
of Configuration C2 with the IS are analysed in combination with
different configurations of the FG post-conditioning section. The results
obtained for Configuration C2 with the IS are reported in Fig. 10 in
the form of parity plots, where the performance of the IS is compared
with the performance of the same process configuration using the
appendix stripper and the NH; desorber instead. Figs. 10(a) and (b)
compare the energy performance, while (c) and (d) do the comparison
by considering the consumption of fresh water make-up and of aqueous
NH; solution, respectively, required in the process. The integration
of appendix stripper and NH;3 desorber in a single column, i.e. the
IS, does not affect significantly the required water and NH; solution
make-up flowrates, while it decreases the energy consumption of the
process in addition to its investment costs. The IS is able to reduce
up to 40% the specific equivalent work associated with the reboilers
of the columns in the solvent recovery section. Lower energetic im-
provements, i.e. around 25%, are achieved for the process simulated
with the reference FG post-conditioning section at the base set of
operating conditions of the FG-WW column, i.e. for low productivity
values. The reason is that the set of operating conditions of the FG-
WW column needs to be modified for the implementation of the IS
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(see “Base” conditions for “Ref” configuration in Table 6) in order to
meet the maximum concentration of apparent NH; allowable in the
purge stream, which worsens its energetic performance with respect to
the base set of operating conditions of the FG-WW column provided in
Table 3. The energetic advantage of the IS reveals between 1 and 3%
savings of the total specific equivalent work with respect to the process
using the appendix stripper and the NH; desorber.

The operation within the IS can be understood from the plots in
Fig. 11, where the recovery of apparent NH;, apparent CO, and appar-
ent H,O are shown for each solvent composition case, i.e. low, mid and
high éyy, cases, as well as the profiles along the column. As exemplary
case, the results shown in Fig. 11 correspond to the configuration
using the reference configuration of the FG post-conditioning section
operating at the optimal set of operating conditions of the FG-WW
column, although the conclusions of the analysis can be extended to
any of the remaining cases introduced in Table 6.

Fig. 11(a) shows that the reboiler duty associated with the IS
increases for greater apparent NH; concentration in the solvent. Greater
apparent NH; concentration in the solvent increases the NH; (and
the CO,) content in all the streams entering the IS, most importantly
in the NHj-rich stream and in the solvent purge stream. The NH;-
rich stream, besides being the main carrier of NH; and CO, to be
recovered in the IS, provides the IS with the vast majority of water
entering the column due to the high dilution of the solvent required in
the FG-WW column; while the NH; (and CO,) contained in the NH;-
rich stream depends on the NH; concentration in the CO,-depleted
FG exiting the CO, absorber, the H,O flowrate is influenced by the
FG-WW column operating conditions. Nevertheless, the mass flowrate
of apparent H,O entering the IS does not have a significant effect
on the reboiler duty of the column as a consequence of the optimal
heat integration network. Fig. 11(a) also shows that the IS achieves
recoveries of CO, and NHg, i.e. the ratio between the component mass
flowrate obtained in the distillate and the apparent component mass
flowrate entering the IS, above 0.9999 and above 0.995, respectively,
in all éyy, cases; the vapour distillate stream recycled to the bottom of
the CO, absorber contains between 20 and 40 vol% NH; and between
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Fig. 10. Parity plots comparing the performance of the NH;-based capture process using the IS with the performance of the same process but using the appendix stripper and the
NH; desorber instead, for different performance indicators: (a) specific equivalent work associated with the reboilers of the solvent recovery sections; (b) specific equivalent work
of the whole capture process; (c) consumption of process water; and, (d) consumption of aqueous NH; solution (25 wt%). Points are colour-coded depending on the configuration
and operating conditions of the FG-WW column, and on the apparent NH; concentration in the solvent, as specified in Table 6. The parity line () and lines indicating variations
with respect to the parity line (- _) are also shown. (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

10 and 20 vol% CO,, as shown in Fig. 11(b). On the contrary, recovery
values between 0.08 and 0.09 are obtained for H,O, as it can be
inferred from Fig. 11(a). Almost pure water is obtained in the bottom
stream of the IS, whose composition can be determined from Figs. 11(c)
and (d). Therefore, the temperature in the reboiler of the IS equals
100°C in all cases (see Fig. 11(e)), independently of the configuration
and of the NH; concentration level in the capture solvent, since it
depends on the bottom stream conditions, i.e. almost pure water at
atmospheric pressure.

Besides decreasing the process complexity hence the investment
costs of the capture process and improving the energetic performance
with respect to the process using the appendix stripper and the NH;
desorber, the feasibility of the IS is independent: (i) of the solvent
composition in the range of apparent NH; concentrations studied in
this work, and (ii) of the configuration of the FG post-conditioning
section and operating conditions of the FG-WW column. Based on
its superior performance and broad applicability, the use of the IS
integrating the appendix stripper and the NHj desorber is therefore
always recommended for NH;-based capture processes.

20

4.3. Advanced configurations to improve the energetic performance

4.3.1. Process description

As mentioned above, the main contribution to the overall energy
consumption of solvent-based CO, capture processes is the thermal
energy required in the CO, desorber, where CO, is stripped off with
high purity and the CO,-lean solvent is regenerated for re-use in the
CO, absorber. In the case of NH;-based capture processes applied to
cement plants, steam has been reported to account approximately for
30% of the cost of CO, capture [40]. Consequently, the advanced
configurations developed in this work aiming at improving the en-
ergetic performance of NH3-based capture processes have focused on
the reduction of the reboiler duty in the CO, desorber. One advanced
configuration of the CO, desorber and one advanced configuration of
the solvent recovery section specific of NH;-based capture processes
have been studied in detail in this work, namely the RecVC and the
VIS. These have been combined with the best performing advanced
configurations of the CO, desorber available in literature for solvent-
based capture processes, as long as they are compatible with NH;-based
capture processes; namely, the LVC and the MPD have been identified



J.-F. Pérez-Calvo et al.

Separation and Purification Technology 274 (2021) 118959

(@) (b) (© (d) (©
550 . ‘slreamj T T 0.22 1 Iy 1 1
E H,0
g NH,
00 g co, , 702 0.9 4 09r 409 4 09
RES
450 3 0.18
0.8 4 08F 4 08 4 08F
400 0.16
B 0.7 4 07k 107 4 07k
140 014
£ 0.6 ' 4 06 41 06 4 06
120 012 g
5 o
< @ 05 4 05k 4105 4 05k
[ ~N a
100 01 = N,
2 04 1 04f 104 1 04f
80 1008 o
2
0.3 4 03F 4 03 4 03F
60 0.06
“ 3 0.2 4 02F 402 4 02F
40 o 0.04
" o Lo0o 0.1 ERRO NS 401 ERRO NS 1
— Y
e
0 - 0 0 | | | 0 1 I 0 | | | 0 | | |
- R R 0 0.1 02 03 04 -2 -1 0 0 0.1 02 03 04 80 85 90 95 100
o g et 'S [mole frac.] T 1S fmol, /mol, ] s c
7. mole frac. a mo! mo.
Vi CNH3 [mOINHT/kgHjo] co, NH,

Fig. 11. (a) Apparent component mass flowrates in each feed stream entering the IS, colour-coded as a function of the inlet stream and of the component (coloured bars), and
component mass flowrates recovered in the distillate stream leaving the top of the column ([, values given by the data labels), for the process using the reference configuration
of the FG post-conditioning section operating at the optimal conditions of the FG-WW column provided in Table 6, for the three different sets of operating conditions of the CO,
absorber (and the CO, desorber) provided in Table 3 (left-hand y-axis, which has been truncated for the sake of visuality); and corresponding reboiler duty of the IS associated
with each solvent composition case (right-hand y-axis). And corresponding profiles along the relative height of the IS (z'S = 0 at the bottom): (b) NH,; and CO, mole fraction in
the vapour phase, (c) apparent NH; concentration in the liquid phase, (d) apparent CO, loading in the liquid phase, and (e) temperature. (For interpretation of the references to

colour in this figure legend, the reader is referred to the web version of this article.)

as the most promising advanced configurations of the CO, desorber
for NH;-based capture processes. As a result of the combination of
different advanced concepts of the CO, desorber and of the solvent
recovery section, ten different combinations of advanced configurations
aiming at improving the energetic performance of NHj-based CO,
capture processes have been studied in detail. All of them are able
to decrease the steam requirements for solvent regeneration in the
CO, desorber, at the cost of increasing the electricity consumption
and/or the requirements of low temperature excess heat that might be
available in the CO, point source. All advanced configurations in this
section have been implemented upon the process configuration shown
in Fig. 7 using the IS (Configuration C2), since its performance has
been proven to be superior to that of the separated NH; desorber and
appendix stripper, as it has been shown in Section 4.2.2. Nevertheless,
the advanced configurations presented in this section could also be im-
plemented on processes using the separated NH; desorber and appendix
stripper where the vapour distillate streams from both columns are
mixed. Similarly, the different advanced configurations of the FG post-
conditioning section described in Section 4.1.1 are also compatible. The
different types of advanced configurations that aim at improving the
energetic performance of NH;-based capture are illustrated in Fig. 12,
where only the relevant process sections, i.e. CO, desorber section and
solvent recovery section, are shown. Each of them are described below.

Configuration E1 with the RecVC, where the vapour distillate
stream obtained in the IS is compressed and recycled to the bot-
tom of the CO, desorber, instead of being sent to the bottom of the
CO, absorber. In terms of capital costs, recycling the distillate stream
obtained in the solvent recovery section to the bottom of the CO,
absorber is the most efficient solution as it does not require additional
equipment. Nevertheless, the vapour distillate obtained in the IS is a
concentrated stream in CO, and NHg, i.e. around 30 and 25 wt%,
respectively, hence the utilization of these high concentrations in the
CO, desorption section would seem more appropriate than a dilution
in the absorption section. Accordingly, Sutter et al. [13] proposed to
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mix the vapour distillate stream obtained in the NH; desorber with the
CO,-rich liquid stream leaving the CO, absorber, before it is pumped to
the pressure of the CO, desorber, assuming that the energy demand of
a direct compression of the vapour stream would be too high. However,
the option of mixing a vapour with a liquid stream would require
a vessel providing enough residence time to completely dissolve the
vapour distillate stream into the CO,-rich liquid stream, in order to
avoid cavitation in the pump positioned downstream. Additionally,
the positive impact on the energy performance of NH;-based capture
processes when mixing the vapour distillate of the IS with the CO,-rich
stream is expected to be negligible due to the fact that the mass flowrate
of the former only represents up to 1.5% of the mass flowrate of the
latter. On the contrary, the mass flowrate of the IS vapour distillate may
represent up to 50% of the steam mass flowrate required for solvent
regeneration in the reboiler of the CO, desorber. Considering that the
compression of the vapour distillate will increase its temperature above
the solvent regeneration temperature, it will deliver heat of enough
quality to be used in the reboiler of the CO, desorber, thus allowing
for useful heat integration and leading to a decrease of the steam
requirements for solvent regeneration. Therefore, the vapour distillate
of the IS is compressed up to the pressure of the CO, desorber in
the case of the RecVC. A multi-stage compressor is used with isen-
tropic efficiency of 85% and driver efficiency of 95%, as defined in
literature [33,39]; four compression stages, each of them with the
same compression ratio, are selected in order to make the equipment
versatile for a broad range of outlet pressures, namely between 7.5 and
67.5bar. Such multi-stage compressor configuration allows for stage-
wise compression ratios ranging between 1.6 and 2.9. Inter-cooling of
the vapour in between compression stages is carried out by means of
the CO,-rich stream leaving the rich/lean heat exchanger with the aim
of maximizing heat integration before entering the CO, desorber. The
temperature of the vapour has been given a lower limit in each inter-
cooling stage to avoid condensation, using as a threshold the boiling
point of pure water at the corresponding pressure.
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In addition to the influence of the operating conditions of the
CO, absorber section, which affect the performance of all process sec-
tions, the energetic assessment of the RecVC depends on the operating
conditions of the CO, desorber section and of the solvent recovery
section. Namely, the pressure of the CO, desorber, Pc, g [bar], and
the specific mass flowrate of vapour distillate recycled from the IS
to the bottom of the CO, desorber, Fg..vc [kg t&l)zca ureds determine
both the energy savings in the reboiler of the CO, desorber and the
additional electric power required by the new multi-stage compressor.
The mass flowrate of vapour distillate exiting the top of the IS can be
modified by changing the number of equilibrium stages of the column
and/or the feeding stage of the inlet streams; the stripper reboiler duty
is thus determined to meet the maximum NH; concentration allowable
in the bottoms stream. In addition, the optimal value of the cold-rich
split fraction of the RSS, f,, [-], that minimizes the energy performance
of the capture process depends on the pressure of the CO, desorber, as
pointed out elsewhere [14].

Configuration E2 with the LVC, where the hot CO,-lean stream
leaving the reboiler of the CO, desorber is expanded to lower pressure.
The resulting vapour phase is re-compressed up to the CO, desorber
pressure and introduced again into the bottom of the CO, desorber,
while the liquid CO,-lean stream exiting the L-V separator is sent to the
rich/lean heat exchanger. In order to take advantage of synergies with
the RecVC, the use of the same multi-stage compressor is proposed.
Therefore, different alternatives of the LVC are possible depending on
the pressure to which the hot CO,-lean stream is expanded. In this
work, we have considered the following variations of the LVC: (i)
Configuration E2a (LVC(4)) where the hot CO,-lean stream is expanded
to the inlet pressure of the last stage of the multi-stage compressor;
(ii) Configuration E2b (LVC(3)) where it is flashed to the inlet pressure
of the second-to-last stage of the compressor; (iii) Configuration E2c
(LVC(4,3)) where the hot CO,-lean stream is expanded in two steps,
first to the inlet pressure of the last stage of the multi-stage compressor,
and then to the inlet pressure of the second-to-last compression stage;
and (iv) Configuration E2d (LVC(4,3,2)) where it is flashed in three
steps down to the inlet pressure to the second stage of the multi-
stage compressor. The vapour streams resulting from the saturated
liquid expansion are mixed with the vapour distillate from the IS being
compressed in the multi-stage compressor (the same concept would
apply in the case of using independent NH; desorber and appendix
stripper). Due to the lower temperature level of the vapour resulting
from the expansion of the lean stream, no additional cooling is needed.
Depending on the pressure of the liquid stream exiting the last L-V sep-
arator, the split stream purged from the solvent cycle might have to be
compressed up to 7 bar in order to avoid the partial vaporization of the
cold stream entering the heat exchanger of the solvent recovery section,
thus the possibility of a temperature crossover. For the sake of brevity,
Fig. 12 only shows configurations E2a and E2d; then, configurations
E2b and E2c can be easily drawn following the description provided
above. Other derivations of the LVC such as one-step expansion to the
inlet pressure of the second stage of the compressor or below, or four-
step expansion down to atmospheric pressure have not been included in
this study due to low performance; the additional demand of electrical
work required for compression is far from being compensated by the
energy savings in the reboiler of the CO, desorber.

Configuration E3 with the MPD, where the CO, desorber is di-
vided in two different sections with the upper section operating at
higher pressure than the lower section (and the reboiler). The vapour
stream exiting the top of the lower section of the CO, desorber is
compressed to the pressure of the upper section. A pressure ratio of
2 between the upper and the lower section of the MPD, thus in the
compressor placed between the two sections of the CO, desorber, rypp
[-1, has been selected in this work, following the guidelines provided
in literature for solvent-based capture processes [29]. Before entering
the bottom of the upper CO, desorber section, the compressed vapour
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stream transfers heat to the CO,-rich stream in a counter-current heat
exchanger. The latter stream enters then the top of the lower section
of the CO, desorber, together with the condensate of the compressed
vapour stream obtained in the L-V separator. The cold stream of this
heat exchanger, i.e. the CO,-rich stream, which enters as a boiling
liquid, has considerably greater flowrate than the hot stream, i.e. the
compressed vapour stream, so that it experiences a minor increase
in temperature. Therefore, the pinch point temperature of this heat
exchanger is reached at the cold-side. The upper section of the CO,
desorber contains 6 equilibrium stages, while the lower section consists
of 3 stages plus the reboiler; the number of equilibrium stages of the
MPD and the feed stages are thus kept as in the CO, desorber of the
benchmark state-of-the-art configuration.

As in the case of the RecVC, both the LVC and the MPD require
finding the trade-off between additional electrical work required for
vapour compression and the associated energy savings achieved in
the CO, desorber. In this work, both advanced configurations have
been assessed in combination with the RecVC, so that the operating
conditions of the solvent recovery section will affect the performance
of both the LVC and of the MPD. The MPD has not been tested in
combination with the LVC because the lower pressure levels of the
lower section of the MPD are expected to hinder the effect of the
LVC [29].

The RecVC, the LVC and the MPD are expected to be promising
advanced configurations for NHj-based processes due to the broad
range of solvent compositions and pressures that are allowed in the CO,
desorber. Other advanced configurations of the CO, desorber available
in literature that have been reported to improve significantly the en-
ergetic performance of solvent-based capture processes [29,58], such
as the RVC, the IHD, the Stripper Overhead Compression (SOC) or the
Multi-effect Desorber (MED), have not been considered in this study for
NH;-based capture processes due to four reasons: (i) worse performance
when applied to NHj-based capture processes; (ii) incompatibilities
with the heat integration network provided by the rich/lean heat
exchanger and the RSS included in the benchmark CAP configuration;
(iii) incompatibilities with the control of the NH3 concentration in the
CO, stream exiting the top of the CO, desorber; and/or, (iv) increasing
drastically the process complexity without improving significantly the
energy performance.

Configuration C3 with the VIS, where the IS operates at sub-
ambient pressures in order to decrease its reboiler temperature to
values below 100 °C, which might enable the use of increasing amounts
of excess heat available at the CO, point source. The heavy and the light
key components in the separation carried out in the IS are H,O and
NHj3, respectively, instead of being NH; and CO,, as in the case of the
separation in the CO, desorber. Therefore, while the minimum specific
equivalent work associated with the solvent regeneration in the CO,
desorber has been found at pressures around 20 bar and above [14],
the stripping of NH; (and CO,) from water has been reported to be
favoured energetically under vacuum [59]. The VIS requires a vacuum
pump that withdraws the vapour distillate from the stripper and guar-
antees pressures below atmospheric within the column, which increases
the electrical work required by the capture process. Aiming at maxi-
mizing its impact on the overall energetic performance of the capture
process, the VIS is implemented in combination with the RecVC, which
allows for a trade-off between: (i) the high temperature steam required
in the CO, desorber for solvent regeneration, (ii) the low temperature
thermal energy required in the VIS for the recovery of NH; (and CO,),
and (iii) the electricity required in the multi-stage compressor of the
RecVC and in the vacuum pump of the VIS. Contrary to operating
the CO, desorber at vacuum conditions, the VIS allows to operate the
CO, desorber at the optimal pressure level that minimizes the steam
requirements for solvent regeneration as well as the CO, compression
work.
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4.3.2. Optimization and implementation scenarios

The energetic optimization of each advanced configuration aiming
at improving the energetic performance of NH;-based capture processes
has been carried out by means of a multi-variable sensitivity analysis
in which the operating conditions of the capture process are modi-
fied. Namely, the operating conditions of the CO, desorber section,
i.e. Poo,des and fo, and of the solvent recovery section, i.e. the number
of equilibrium stages of the IS, Nig [-], and the feeding stage to the IS
of the NHj3-rich stream, s;\?}h_mh [-1, are varied for the three different
sets of operating conditions of the CO, absorber section provided in
Table 3. In addition, variations in the pressure of the VIS, Pyg [bar],
have been included: two different Py values have been considered,
namely 0.10 and 0.35 bar, which allow for temperatures at the reboiler
of the stripper as low as 46 and 72 °C, respectively, in contrast to the
100 °C reached in the case of the IS operating at atmospheric pressure.
At lower temperatures in the reboiler of the VIS and depending on the
process operating conditions, the bottom stream of the VIS might not be
able to heat up the solvent purge stream fed at the top of the column.
When the VIS operates at 0.10 bar, the vacuum pump has been simulated
as a two-stage compressor with intercooling and isentropic efficiencies
equal to 0.600 and 0.636 for the first and the second compression
stages, respectively; for Py;q equal to 0.35 bar, the vacuum pump has
been simulated by means of a single-stage compressor with isentropic
efficiency equal to 0.636 [60,61]. The mechanical efficiency of the
vacuum pump has been set to 0.95 in all cases, as for pumps, fans and
compressors [33,39].

The energetic assessment and the selection of the optimal set of
operating conditions of the advanced configurations developed in this
section have been performed aiming at the minimization of three
different energy performance indicators: (i) specific equivalent work,
(ii) specific electrical work demand vs. specific reboiler duty, or (iii)
SPECCA index. For the last optimization problem, i.e. SPECCA index
minimization, different application scenarios have been considered for
the capture process, where the features of the available electricity from
the grid and excess heat from the CO, point source are varied. All
scenarios consider 90% CO, capture efficiency from a exhausted FG
with a composition similar to the values reported in Table 1. Therefore,
the results obtained in all cases can be approximated by the perfor-
mance obtained when applying the capture process to the FG specified
in Table 1. The specifications and constraints of the capture process
reported in Table 2 are also applied to these application scenarios. The
following application scenarios have been considered:

Scenario 1. Cement plant as specified in Section 3, i.e. a typical
European cement plant using the BAT. The amount of
excess heat from the cement plant that can be used in the
reboilers of the capture process has been taken from Vold-
sund et al. [39] as a function of the steam temperature,
i.e. T,o, + 10 °C, assuming that heat can be recovered from
the cement plant’s cooler exhaust air. The remaining steam
required at the capture plant is produced in a Natural Gas
(NG) boiler built on-site, since cement plants are normally
not built integrated with or next to a power plant [39].

Scenario 1.a. Electricity imported from the grid considering the
2014 EU-28 average electricity mix [33,39].
Electricity imported from the grid considering a hy-
pothetical 2030 EU average electricity mix, which
has been determined from the 2014 EU-28 elec-
tricity mix data [33] and from the predictions for
electricity generation in the EU in 2030 accord-
ing to the EUCO30 scenario [62], corrected with
the new electricity generation objectives included
in the EU Green Deal [63,64]. In this application
scenario, 66% of electricity is assumed to be gener-
ated from renewable sources, 17% from fossil fuel
sources and 17% from nuclear plants.

Scenario 1.b.

24

Separation and Purification Technology 274 (2021) 118959

Scenario 1.c. All electricity consumed by the capture plant is
generated from renewable energy sources.

Scenario 2. Steel plant in which CO, is captured from the exhausted
FG streams avoiding any modification in the iron and
steel manufacturing process. Overall, the exhausted flue
gases contain around 20 vol% CO, [65] and account for
up to 90% of the total CO, emissions of an iron and
steel production facility [66]. Electricity is imported from
the grid, assuming the 2014 EU-28 average electricity
mix [33,39], and thermal energy required in the reboilers
of the capture process that cannot be produced from the
excess heat available in the industrial site is obtained in a
NG boiler, as for the cement plant application scenario.

Scenario 2.a. Excess heat from the condenser of the CHP plant,
which is generally integrated within the steelworks
facility, is used as thermal energy in the reboiler of
the VIS if operating at temperatures around 45 °C.
A condenser operating at temperatures up to 50 °C
can be assumed to have a negligible effect on the
heat and electricity efficiency generation of the
CHP plant.

In addition to the excess heat considered in Sce-
nario 2.a, additional excess heat is recovered from
the gas flaring, the hot stove FG, the hot coke and
the hot slag [66,67]. The computation of specific
excess heat per unit mass of CO, captured consid-
ers: (i) the data reported by Sundqvist et al. [67]
for production of steam at 130°C, who assumed
aqueous MEA as solvent in the capture plant and
a steelworks site in which the blast furnace is only
charged with iron ore pellets (no sinter plant); (ii)
the relative increment of CO, emissions associated
with the sinter plant [65]; and, (iii) a temperature
dependency for steam production as that consid-
ered for the cement plant application scenarios.

Scenario 2.b.

Scenario 3. Refinery, in which CO, is captured from FG streams that
account for 47.1% of the total CO, emissions of the site
and overall contain 20.3 vol% CO,, i.e. capture is applied
to the FG streams exiting chimneys 3 and 4 of the refinery
described by Andersson et al. [42]. Electricity is imported
from the grid, assuming the 2014 EU-28 average electric-
ity mix [33,39], while the amount of excess heat that can
be recovered from the refinery has been computed from
data available in literature [42]. If additional steam is
required in the capture plant, it is produced in a gas boiler,
as for the cement plant and the steel plant application
scenarios, that burns Refinery Gas (RG) instead of NG.

The data associated with the electricity and steam generation and
with the excess heat availability in each application scenario are re-
ported in Table 7.

4.3.3. Results and discussion

In total, 76,101 different combinations of operating conditions of
the CO, absorber, the CO, desorber and the solvent recovery section,
as described in Section 4.3.2, led to converged simulations meeting
the specifications and constraints indicated in Table 2 for advanced
configurations aiming at improving the energetic performance of NH;-
based capture processes. Firstly, such advanced configurations have
been compared according to thermodynamic criteria. With that aim,
Table 8 shows the operating conditions that minimize the specific
equivalent work of the overall capture process, w, for the most repre-
sentative advanced configurations aiming at improving the energetic
performance of NHj-based capture processes. The RecVC has been
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Assumptions on excess heat availability and on energy consumption and CO, emissions related to electricity and steam generation for each application scenario. Efficiencies of
0.33 and 1.00 MJ, MI};, have been assumed for nuclear and renewable electricity generation following the criteria of the International Energy Agency (IEA) [33].

Variable Scenario
la 1.b l.c 2.a 2.b c
Electricity generation
Efficiency [MI,MI; )] 0.459 0.634 1.0 0.459 0.459 0.459
Specific CO, emissions [kgco, GI;'1 72.78 32.38 0 72.78 72.78 72.78
Steam generation
Boiler efficiency (LHV basis) [MJ,, Mi}, 0.9 0.9 0.9 0.9 0.9 0.9
Specific CO, emissions [kgco, GJEIIW 56.1 56.1 56.1 56.1 56.1 66.7
Specific excess heat available at the CO, point source
a+ bl nt+
o 00, Ty, < 50°C 00, T,y < 50°C ) steam
drec [MJin Ko, caprurcal a+bT oo 0. Tm: > 50°C at b;zmm’ T > 50°C +CT£eam + dr%ez\m_"
T+ [T

Coefficients (T, in °C)

a 0.3968 N/A 1.106 10.51

bx 107 —0.1942 N/A —0.1942 -4.736

ex10° N/A N/A N/A -1.401

dx10° N/A N/A N/A 1.561

ex 108 N/A N/A N/A -5.911

fx 10" N/A N/A N/A 7.789

included in all combinations of advanced configurations since it has
shown a better performance than recycling the NH; and CO,-rich
stream recovered in the solvent recovery section to the CO, absorber.
Subsequently, the RecVC has been combined with different designs
of LVC configurations and with the MPD. Then, the VIS is always
implemented in combination with the RecVC, when it is expected to
be most efficient since the additional electrical work required by the
vacuum pump can be compensated by reboiler duty reductions in the
CO, desorber. In Table 8, the thermodynamic performance of the VIS
is shown at two different working pressures in combination with the
MPD and the RecVC, which is the combination that minimizes the
specific equivalent work when using the IS. Configuration C2 using the
IS (shown in Fig. 7) has been used as reference configuration for the
assessment of advanced configurations that aim at improving the ener-
getic performance of NH;-based processes. Along with the minimum w
value achieved for each configuration and the corresponding conditions
of the process parameters, Table 8 also includes the results for other
performance indicators such as consumption of chemicals, reboiler
duties and temperatures, and electrical demand. Moreover, Table 8 also
contains the results of the heat integration performance corresponding
to the rich/lean heat exchanger, the NH;-rich/NH;-lean heat exchanger
and the rich purge/lean purge heat exchanger. Such heat integration
network allows to obtain the reboiler duties indicated in Table 8 for the
CO, desorber, g, co,, and for the IS (or VIS), g,¢, 55 All liquid/liquid
heat exchangers are simulated as counter-current heat exchangers in
which the pinch point temperature is set to 3 °C. In the case of condens-
ing vapour/boiling liquid heat exchangers above ambient temperature,
such as the reboilers of the distillation columns and the heat exchanger
introduced with the MPD, the pinch point temperature is set instead
to 10°C [33,39]. In the rich/lean heat exchanger, the hot CO,-lean
stream transfers heat, gyrx ricn/ican> to the cold CO,-rich stream, which
amounts from two to four times the reboiler duty of the CO, desorber,
depending on the process configuration and operating conditions. The
heat transferred in the NH3-rich/NH3-lean heat exchanger, gyrx rg-ww>
from the hot NHj-lean stream to the cold NHj-rich stream, and in
the rich purge/lean purge heat exchanger, gyry s, from the hot lean
purge stream to the cold rich purge stream, are of the same order of
magnitude of the reboiler duty of the IS (or the VIS). Therefore, the
proper design and simulation of such process heat exchangers is of
paramount importance to find feasible reboiler duties in the distillation
columns, i.e. CO, desorber and IS (or VIS), thus to determine the
optimal set of operating conditions that minimize the energy demand
of the capture process.

The RecVC (Configuration C2E1) is capable of reducing by 2.3% the
minimum specific equivalent work of the capture process in comparison
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to the reference case in which the NH; and CO,-rich stream recovered
at the top of the IS is recycled to the CO, absorber. Such improvement
is mainly obtained due to the decrease in g, o, achieved by means
of the heat provided by the compressed NH; and CO,-rich stream,
which outgrows the increase in the electrical work demand required
to compress such vapour stream to the pressure of the CO, desorber.
The compression of the vapour distillate from the IS acts as a so-called
“heat pump”, which increases its heat quality to the point of making
it suitable to provide heat in the reboiler of the CO, desorber, at the
cost of increasing the mechanical work of the process required for
compression.

When also introducing the LVC with expansion of the CO,-lean
stream to the inlet pressure to the fourth (last) stage of the multi-
stage compressor introduced with the RecVC (Configuration C2E2a),
the minimum specific equivalent work can be further decreased up
to 3.2% with respect to the reference configuration, i.e. Configuration
C2. While the greater vapour flowrate to be recycled to the CO,
desorber increases the electrical work demand, this is outgrown as
for Configuration C2E1, with RecVC but without the LVC, by the
decrease of the reboiler duty required for solvent regeneration in the
CO, desorber. In the case of Configuration C2E2a, such additional
reboiler duty decrease is not only achieved by the additional flowrate
of hot vapour recycled to the bottom of the CO, desorber, but also
by the additional equilibrium stage provided by the CO,-lean stream
expansion, which allows to further separate CO, from NH; (and water)
thus allowing for higher CO, loadings in the liquid exiting the reboiler
of the CO, desorber, thus decreasing the requirements for the thermal
separation. The expansion of the liquid exiting the reboiler of the
CO, desorber decreases the temperature of the hot CO,-lean stream,
which lowers the amount of heat exchanged in the rich/lean heat
exchanger and thus leads to lower temperature profiles along the CO,
desorber, including lower temperature levels in the reboiler. The lower
temperature levels along the column contributes to a better control of
the NH; slip in the CO, stream exiting the top of the CO, desorber,
as it can be deduced from the lower cold-rich bypass split fraction
required with respect to Configuration C2E1 even at lower pressures
of the CO, desorber. On the contrary, the lower optimal Pr, g, Value
obtained for Configuration C2E2a has the opposite effect, which overall
leads to higher NH; concentrations in the CO, stream exiting the top
of the CO, desorber thus to greater water make-up flowrates as a
consequence of the greater water make-up flowrate required in the
CO,-WW section. Such increase in FI‘{“7 o When introducing the LVC,
which is minor if compared with the process water requirements of
the advanced configurations of the FG post-conditioning section using
the SNA and the ANA, is allowed because it has a negligible effect
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Process operating conditions and performance indicators of the advanced configurations of the CO, desorber and of the solvent recovery section that allow for optimal operation in
terms of minimum specific equivalent work requirements. The optimal CO, absorber conditions and CO, absorber productivity correspond in all cases to those of the mid ¢y, case
shown in Table 3. All cases have been simulated considering the reference configuration of the FG post-conditioning section operating at the optimal set of operating conditions
(“Opt”) of the FG-WW column indicated in Table 6; the corresponding dimension of the FG-WW column can be found in Table 5. The pinch point temperature in the rich/lean, in
the NH;-rich/NH;-lean and in the rich purge/lean purge heat exchangers has been set to 3 °C, while it has been set to 10°C in the reboilers and in the heat exchanger introduced

with the MPD.

Variable Configuration
C2 C2E1 C2E2a C2E2b C2E2c C2E2d C2E3 C3E3
IS RecVC LVC(4) LVC(3) LVC(4,3) LVC(4,3,2) MPD VIS
(+IS) (+RecVC+IS) (+RecVC+IS) (+RecVC+IS) (+RecVC+IS) (+RecVC+IS) (+MPD+RecVC)

CO, desorber parameters

ng)dh [bar] 19.5 19.5 17.0 7.0 9.5 7.0 32.3 32.3 32.3
ng,um [bar] 20.0 20.0 17.5 7.5 10.0 7.5 16.4 16.4 16.4
fo [] 0.0500 0.0500 0.0400 0.0600 0.0450 0.0425 0.0400 0.0400 0.0400
Solvent recovery section parameters

Ny [] 9 13 13 13 13 13 13 13 13
Strtsien ] 2 3 3 3 3 3 3 3 3
Freeve TKEE) covurea] 0.0 62.3 63.4 63.4 64.2 65.2 61.4 64.0 71.8
Py [bar] 1.05 1.05 1.05 1.05 1.05 1.05 1.05 0.35 0.10
Heat integration performance

durX sich/lean [MJin kg('x',lwpml_cd] 8.33 8.42 6.75 4.60 4.92 3.81 8.04 8.04 8.04
AT, ichjrean K] 4.1 4.3 3.5 4.6 3.7 3.2 35 35 3.6
AT, pichjtean [K] 11.2 11.2 4.1 3.0 3.0 3.0 11.2 11.2 11.2
Xy hotco,ricn LMole frac.] 0.013 0.013 0.002 0.000 0.000 0.000 0.013 0.013 0.013
qHTX,FG;WW [MJ, kgg(‘):mplmd] 0.12 0.12 0.12 0.12 0.12 0.12 0.12 0.09 0.06
AT, pg_ww [K] 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0
AT, pgoww [K1] 7.9 8.5 8.4 7.9 8.2 8.0 8.4 3.5 3.3
Xy hoiNH,-ricn Mole frac.] 0.005 0.006 0.006 0.005 0.006 0.006 0.006 0.000 0.000
Gurxas [(MIy, kgg(‘)lcap“m] 0.02 0.02 0.02 0.02 0.02 0.02 0.02 0.01 N/A
AT, s [K] 39.2 41.9 39.2 40.9 38.9 38.2 45.4 22.7 N/A
AT, s [K] 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 N/A
Xy popurge [mole frac.] 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 N/A
Consumption of chemicals

F'f{"zo [kgtgézwpmmd] 9.14 7.30 12.41 14.03 17.28 22.46 2.86 2.96 3.03
ot K€D orurea] 1.46 1.44 1.47 1.46 1.49 1.60 1.43 1.43 1.41
Energetic performance

Greb,co, My, kg&'jzcapmmd] 2.19 2.03 1.94 1.96 1.91 1.79 1.86 1.84 1.81
Tyenco, [°Cl 143.9 143.9 134.7 117.7 121.3 115.4 139.1 139.1 139.1
Grevrs IMI KEGd, capurea 0.17 0.15 0.15 0.15 0.15 0.15 0.14 0.14 0.16
Top1s [°C1 100.1 100.1 100.1 100.1 100.1 100.1 100.1 72.3 45.7
e [M], kgggzmpum] 0.287 0.321 0.371 0.483 0.453 0.557 0.366 0.386 0.417
o [MJ kggglcap‘md] 1.042 1.018 1.009 1.070 1.038 1.091 0.994 0.998 1.013
 savings [%] N/A 2.3 3.2 -2.7 0.4 -4.7 4.6 4.2 2.8

on the reboiler duty of the IS. In fact, g, ;s is mainly governed by
variations in the greater flowrates of the NH;-rich stream and of the
purge stream, and not by small variations of water flowrate from
the CO,-WW section, as it can be inferred from the results shown in
Fig. 11(a). The trends described for Configuration C2E2a including the
LVC(4) can be extended for advanced configurations in which the CO,-
lean stream exiting the bottom of the CO, desorber is expanded to
lower pressures either in one stage, as for Configuration C2E2b with the
LVC(3), or in two or three stages, as for Configuration C2E2c with the
LVC(4,3) and Configuration C2E2d with the LVC(4,3,2), respectively.
Nevertheless, none of the LVC configurations with expansion to lower
pressures decreases the specific equivalent work of the overall capture
process with respect to Configuration C2E2a. Although expanding the
CO,-lean stream to lower pressures further decreases g, co, , its effect
on the overall specific equivalent work is compensated or outgrown
by the increase in the electrical work required to compress increasing
flowrates of vapour to the pressure of the CO, desorber; while the
thermal energy provided to the bottom of the CO, desorber increases,
lower expansion pressures also decreases the distribution coefficient
of CO, with respect to NH; in the recycled vapour stream, which
approaches 1 at atmospheric pressure, thus worsening the separation
of CO, from NH; (and H,0) in the expansion stages of the LVC.

As far as the MPD is concerned, Configuration C2E3 decreases the
specific equivalent work of the capture process by 4.6% with respect
to the reference Configuration C2, which doubles the exergy savings
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achieved when only using the IS with the RecVC and that outperforms
the energetic performance of Configuration C2E2a with the LVC(4).
As for the RecVC and for the LVC, the improvement in the energetic
performance of the capture process is triggered by a decrease of the
reboiler duty of the CO, desorber, which reaches values as low as 1.86
My, kgé(ljzca ptured AL conditions that minimize the specific equivalent
work of Configuration C2E3. Similarly, such decreases in the gy¢co,
values are obtained at the cost of increasing the electrical work required
for the compression of the vapour exiting the top of the lower section
of the CO, desorber to the higher pressure of the upper section of the
column. The thermal energy gained by such compressed vapour stream
is used to heat up the CO,-rich stream before it enters the CO, desorber
and to provide thermal energy for further CO, stripping in the upper
section of the CO, desorber. At minimal specific equivalent work, the
compressed vapour of the MPD adds 0.20 MJ,;, kgggzcamm 4 to the CO5-
rich stream and still enters the upper section of the CO, desorber at
137.9 °C. In addition, the partial condensation of the compressed vapour
stream before entering the bottom of the CO, desorber upper section
also allows for an additional equilibrium stage for the separation of
CO, from NH; (and H,0). The higher pressure in the upper section
of the CO, desorber facilitates the removal of NH; from the CO,
stream and allows to decouple the reboiler duty minimization from
the control of the NHj slip in the exiting CO, stream. Therefore, the
optimal f value in this case maximizes the heat exchanged in the
rich/lean heat exchanger without increasing the NH; slip in the CO,
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stream thus the water make-up flowrate to the CO,-WW section and
the reboiler duty of the IS. These facts are confirmed by the results
of Configuration C2E3 with the MPD shown in Table 8, where: (i)
9HTX rich/lean T€AChes similar values to those obtained for configurations
C2 and C2E1 at lower CO, desorber reboiler pressures thus for lower
temperatures of the hot CO,-lean stream; (ii) the optimal value of f,
that minimizes the overall specific equivalent work is lower than for
the same configuration without the MPD, i.e. Configuration C2E1, even
when ng‘? Jes 15 decreased from 20.0 to 16.4 bar—the optimal f,, value is
the same as for Configuration C2E2a with the LVC(4) but Configuration
C2E3 also operates at lower Pg(")‘ des> and, (iii) FI‘{“2 o is decreased with
respect to Configuration C2E1 without the MPD, resulting from a better
control of NH; emissions in the upper section of the CO, desorber. As a
consequence, the MPD achieves lower g, o, values than the LVC(4) at
optimal process operating conditions that minimize the specific equiva-
lent work of the full capture process. Nevertheless, when comparing the
results obtained with configurations C2E2a and C2E3 shown in Table 8,
one can notice that the superior energetic performance of the MPD in
comparison with the LVC(4) derives also from a lower increase of the
electrical work demand; in the case of the MPD, the higher pressure
at which the upper section of the CO, desorber operates allows to
decrease the CO, compression work.

Regarding the VIS, it mainly affects the performance of the sol-
vent recovery section, where the reboiler temperature of the stripping
column decreases from 100.1 to 72.3 and to 45.7°C when decreasing
the pressure from 1.05 to 0.35 and to 0.10bar, respectively, without
affecting significantly the reboiler duty values. The optimal process
operating conditions that minimize the specific equivalent work of the
capture process and the remaining performance indicators are neither
affected significantly. The exception is the rich purge/lean purge heat
exchanger, which cannot be implemented for the lower Pig value due
to the fact that the rich purge stream has higher temperature than
the NHj-lean stream exiting the bottom of the VIS. Although low
temperature excess (waste) heat might be available in the CO, point
source for integration with the capture plant, the specific equivalent
work computations provided in Table 8 only consider thermodynamic
criteria and do not account for application scenarios. Therefore, op-
erating the IS at vacuum conditions does not allow to decrease the
specific equivalent work of the capture process since the increase in the
electrical work demand driven by the vacuum pump, whose efficiency
decreases for lower pressures, is not compensated by the decrease in
the specific equivalent work associated with the reboiler duty of the
VIS.

Something common to all advanced configurations presented in
Table 8 is that they do not modify significantly the flowrate of aqueous
NH; solution make-up, Fcill:em,NH;’ with respect to the reference Config-
uration C2. Therefore, the advanced configurations developed here to
improve the energetic performance of the capture process do not affect
the performance of the FG post-conditioning section and could also be
combined equally with any of the advanced configurations of the FG
post-conditioning section developed in this work.

At this point, it is worth making a clarification about the simulation
of the heat exchangers in Aspen Plus. As aforementioned, the proper
simulation and design of such heat exchangers is of paramount impor-
tance to obtain optimal, at the same time feasible, reboiler duties thus
energetic performances of the capture process. As far as the energetic
performance of the capture process is concerned, the most critical heat
exchanger is the rich/lean heat exchanger, which strongly affects the
CO, desorber reboiler duty, the main energy consumer of the capture
process. When the RSS is in place, the flowrate of the CO,-rich stream
flowing through the rich/lean heat exchanger, i.e. the cold stream,
might be smaller than the flowrate of the CO,-lean stream, i.e. the hot
stream. As a consequence, the heat capacity of the former stream might
be smaller than the heat capacity of the latter, so that the pinch point
temperature might be reached at the hot side of the heat exchanger,
instead of at the cold side as in the case of a configuration without RSS.
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Nevertheless, the higher CO, concentration in the CO,-rich stream may
lead to partial vaporization before leaving the rich/lean heat exchanger
when approaching the temperature of the hot CO,-lean stream, as
confirmed by the results of molar vapour fraction of the hot CO,-
rich stream exiting the rich/lean heat exchanger, Xy poco,-rich, 8iven
in Table 8. Consequently, the heat transferred to the CO,-rich stream
towards the exit of the rich/lean heat exchanger is used as latent heat
and not as sensible heat to increase the temperature of the fluid. There-
fore, the pinch point temperature in the rich/lean heat exchanger when
using the RSS might be reached internally, instead of being reached at
the cold or at the hot side as the values shown in Table 8 for AT, i iean
and AT}, sich/icans TeSPectively, confirm. Therefore, the rich/lean heat
exchanger has been simulated in Aspen Plus, Version 8.6, by means of
a “MHeatX” exchanger block divided in zones, which allows to identify
the internal pinch point temperature. On the contrary, setting the
pinch point at the cold side of the rich/lean heat exchanger when the
RSS has been implemented leads to infeasible heat exchanger designs
and CO, desober reboiler duties, thus to misleading optimal process
operating conditions and energetic performances of the capture process,
as in the case of Jiang et al. [20]. Design considerations for other
critical heat exchangers where the pinch point temperature has been
set to 3°C, i.e. in the NH3-rich/NH;3-lean heat exchanger and in the
rich purge/lean purge heat exchanger of the solvent recovery section,
have been introduced in Section 4.2.1 when describing the advanced
Configuration C2 using the IS. The heat integration performance results
given in Table 8 for such heat exchangers confirm the avoidance of
temperature crossovers or pinch point temperatures below 3 °C. As far
as the NH;-rich/NHjs-lean heat exchanger is concerned, it is similarly
simulated by means of a “MHeatX” exchanger block in Aspen Plus with
zones division in order to be able to predict the internal pinch point
temperature, if needed. Nevertheless, the heat integration performance
results given in Table 8 show that the pinch point temperature in the
NH;-rich/NHj-rich heat exchanger is always reached at the cold side,
i.e. AT, pg_ww- Since the goal of the NH;-rich/NHj-rich heat exchanger
is not only to minimize the reboiler duty in the IS (or VIS), but also
the chilling demand of the NH;-lean stream before entering the FG-
WW column, purging a fraction of the hot NHj-lean stream before
entering the NHj-rich/NHjz-lean heat exchanger aims at equalling the
heat capacities of the cold and the hot stream such that the temperature
difference between the hot stream and the cold stream remains constant
along the counter-current heat exchanger. Nevertheless, the hot side
temperature difference increases due to the vaporization of the NH;-
rich stream when approaching the temperature of the hot NH;-lean
stream, as shown by the results of AT} pg_ww and Xy poNp;—rich 8iven
in Table 8. Regarding the rich purge/lean purge heat exchanger in the
solvent recovery section, it has been simulated in Aspen Plus by means
of a “HeatX” exchanger block, setting the pinch point temperature at
the hot side, AT;, s, since the heat capacity of the rich purge stream
is always smaller than that of the lean purge stream and the former
stream is always at pressures equal or above 7 bar that avoid its partial
vaporization within the heat exchanger thus a temperature crossover.
The potential of the advanced configurations developed in this
work for the improvement of the energetic performance of NH;-based
capture processes can only be assessed in full perspective when con-
sidering the flexibility that they allow for the consumption of different
types of energy, i.e. electricity, medium-high temperature steam or low
temperature steam. With that aim, Fig. 13 shows the results obtained
for the advanced configurations aiming at improving the energetic
performance of NH;-based capture processes in the plane specific elec-
trical work vs. specific reboiler duty. In order to also include the
differentiation between the medium-high temperature and low tem-
perature steam demand when analysing the flexibility of the capture
process with respect to different types of energy, the reboiler duty,
drer» Tepresented in the left-hand side plots of Fig. 13 corresponds to
the results of ¢, co, + drebis ODtained for advanced configurations
using the IS, where medium temperature steam at 110.1 °C is required
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Fig. 13. Energetic performance of the advanced configurations of the CO, desorber in the plane specific electrical consumption vs. specific reboiler duty. The left-hand side plots
have been obtained with the IS considering g, = gyep,co, * drenis> While the right-hand side plots have been obtained with the VIS operating at 0.35bar considering g,., = gren,co, -
(a) Specific electricity consumption vs. specific reboiler duty for each set of operating conditions that led to a converged simulation fulfilling specifications and constraints (o),
colour-coded depending on the type of configuration; the pareto fronts (—), also colour-coded depending on the type of configuration, have been defined by the assemble of points
at the frontier of each cloud. (b) Share of each reboiler duty in the overall steam demand along the overall pareto front (—) composed of the pareto fronts of all configurations
in (a). (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

in addition to the high temperature steam, i.e. up to 160 °C, needed
in the reboiler of the CO, desorber. On the other hand, the reboiler
duty represented in the right-hand side plots of Fig. 13 corresponds
only to the results of g, co, obtained with advanced configurations
using the VIS, assuming that the low temperature steam required
in the solvent recovery section, g, s, can be produced from excess
heat available in the CO, point source. As an example of the latter,
the results shown in the right-hand side plots of Fig. 13 have been
obtained for advanced configurations using a VIS that operates at
0.35bar thus requiring low temperature steam at 82.3 °C. Each symbol
in Fig. 13(a) corresponds to a different set of operating conditions
of the capture process, which has produced a converged simulation
meeting specifications and constraints. Specifically, 34,366 simulations
and 20,496 simulations are included in the left-hand side plot and
in the right-hand side plot of Fig. 13(a), respectively, obtained at
different operating conditions of the CO, absorber, solvent recovery
section and CO, desorber. Specific reboiler duty minimization and
specific electrical work minimization are opposing objectives, defining
a frontier where the specific reboiler duty can only be decreased at
the cost of increasing the specific electrical work demand (and vice-
versa), the so-called “pareto front”. Such pareto front is found for
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each advanced configuration shown in Fig. 13(a). At the same time, an
overall pareto front is defined, as shown in Fig. 13(b), composed of the
pareto fronts of different advanced configurations whose performance
is optimal in different ¢, ranges. In this regard, the introduction of
the RecVC decreases the minimum specific reboiler duty demand but
leads to higher specific electrical work requirements with respect to
the reference configuration with the IS (or the VIS). Adding the LVC
to the RecVC further decreases the minimum reboiler duty but also
requires greater minimum specific electrical work demands. Within the
LVC configurations, expanding the liquid stream exiting the reboiler of
the CO, desorber to lower pressures achieves a progressive reduction
of the minimum reboiler duty, along with progressive increments of
the specific electrical work demand, as it can be seen in the left-
hand side plot of Fig. 13(a) when comparing the LVC(4), the LVC(4,3)
and the LVC(4,3,2). Moreover, expanding the CO,-lean stream in one
stage instead of in two stages to the same pressure level allows to
reach lower minimum specific reboiler duties but with very similar
energetic performance, as it can be seen when comparing the LVC(3)
with the LVC(4,3) in the left-hand side plot of Fig. 13(a). As far as
the advanced configurations with the MPD are concerned, they allow
to achieve minimum specific reboiler duties as low as those obtained
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with the LVC(4), but at lower minimum electrical work demands, which
confirms the superior energetic performance of the MPD in comparison
with the LVC(4) obtained in the results presented in Table 8. Similar
evolution in the optimal advanced configuration that minimizes the
minimal electrical work demand for decreasing values of the specific
reboiler duty can be observed when considering gy, co, + drep,is> @ in
the left-hand side plots for configurations using the IS, or g, co,, as
in the right-hand side plots using the VIS. Only MPD configurations
are optimal for a broader range of reboiler duties when minimizing
dren,co, inStead of g, co, + drevis> at the cost of a narrower range of
optimality for LVC configurations. For the sake of visuality, only the
results obtained with the LVC(3) are represented in the right-hand side
plots of Fig. 13 with the VIS, as representative of the LVC configurations
with expansion of the CO,-lean stream to lower pressures, since its
performance is intermediate between that obtained with the LVC(4,3)
and with the LVC(4,3,2), and the process operating conditions follow
the same trends.

Regarding the contributors to the reboiler duty, the plots in
Fig. 13(b) show that the relative contribution to the total reboiler duty
is dominated by the reboiler duty of the CO, desorber independently
of the type of reboiler duty minimization approach implemented,
i.e. Grep,co, T drevyis for the left-hand side plot or gyep, o, for the right-
hand side plot. Also in both cases, the g,¢, o, values along the overall
pareto front decreases from around 2.2 MJ, kgalozcapIure 4 to approx-
imately 0.5 MJ, kg(_:(l)zcuplure 4+ Nevertheless, the ¢, o, minimization
shown in the right-hand side plot allows for a steeper decrease of the
high temperature steam demand at lower-to-medium electrical work
requirements, which will establish a competitive advantage in case of
low temperature excess heat is available at the CO, point source to
generate the steam required in the solvent recovery section.

The breakdowns of the specific electrical work demand along the
overall pareto fronts shown in Fig. 13(b) are illustrated in figures
included in the Supplementary Material. In addition, these figures also
show the ranges of g, for which each advanced configuration included
in Fig. 13(a) is optimal, along with the evolution of the operating
conditions of the solvent recovery section, of the CO, desorber and of
the CO, absorber that allow to minimize the specific electrical work
demand when varying the minimum reboiler duty, i.e. along the overall
pareto fronts shown in Fig. 13(b). Although the effect of the process
decision variables on the energetic performance of the advanced con-
figurations shown in Fig. 13 is subject to complex interdependencies,
the following qualitative trends can be inferred for the optimal process
configurations and conditions:

» The decrease in the minimum specific reboiler duty is mainly
achieved at the cost of increasing the electrical work required for
vapour compression in the multi-stage compressor used for the
configurations including the RecVC and the LVC. Such increase is
mainly driven by greater flowrates of vapour recycled from the
solvent recovery section to the CO, desorber, Fy..vc-

Greater Fy..yc are achieved by decreasing the number of equilib-
rium stages in the IS (or VIS), Nig. An exception is the range of
low g, co, values in which the LVC(3) is the optimal configura-
tion in combination with the VIS, where the design of the latter
always corresponds to the minimum value of Ng (and associated
value of s%\?H}_rich) that allows to maximize Fy..yc. Such increase
in Fp..yc also leads to increasing electrical work demand of the
vacuum pump of the VIS when starting to decrease the minimum
dren,co, from high values.

When LVC configurations are optimal, the increase of the minimal
electrical work demand that allows to minimize the specific re-
boiler duty is also driven significantly by the increasing pressures
required in the CO, desorber, which lead to steeper increments
of the electrical work required for vapour compression in the
multi-stage compressor of the RecVC and the LVC.
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+ Increasing pressures in the CO, desorber: (i) increase the electri-
cal work required by the auxiliaries, which include the pumping
of the CO,-rich stream to the CO, desorber, and (ii) decrease the
electrical work associated with the CO, compression.

» Values of P(b:g‘z des UP t0 67.5bar can be reached for LVC config-
urations because the expansion of the liquid exiting the reboiler
of the CO, desorber decreases the temperature of the hot CO,-
lean stream thus of the CO, desorber, including the reboiler. This
allows to increase the pressure of the column without exceeding
the maximum temperature allowed in the capture process for
aqueous NHj solutions (see Table 2).

+ The optimal value of P(':ng des that allows to minimize the energy
consumption of NHj-based capture processes is associated with
an optimal value of cold-rich bypass split fraction, f,.

+ In the case of the gy, o, minimization, there exists an optimal
value of nglz o> Which ranges between 15 and 25 bar, that allows
for the best energetic performance in the plane e Vs. g 0,5
only the optimal value of ng 4o Steadily increases from 20 to

67.5bar to reach low g, ¢, values when the configuration using

the LVC(3) is optimal. Since the steam required in the VIS is
not considered in the process optimization, the corresponding
optimal values of f.. only aim at maximizing the heat exchanged

in the rich/lean heat exchanger that allows to minimize g, o,

without considering the NH; slip to the CO, stream. Therefore,

the evolution of the optimal values of f., does not follow a clear
trend and presents discontinuities when changing the optimal
configurations along g, co,-

The minimization of gy, co, + dren,1s 1€ads to a continuous vari-
ation of the optimal f., value, while the corresponding optimal
ng‘z Jes Values present discontinuities when changing the optimal
advanced configuration. In that case, the optimal value of f,, also
aims at a proper control of NH; emissions from the CO, desorber
that avoids excessive water make-up flowrates in the CO,-WW

section thus increasing values of g, s-

The optimal apparent NH; concentration in the solvent—and
associated remaining CO, absorber optimal operating conditions
given in Table 3—is also influenced by the type of ¢, mini-
mization carried out. At low g, values, while the minimization
of g,ep o, Tequires high values of éyy,, i.e. 9 molyy, kg;lio, the
dreb,cO, +rep,1s Minimization leads to lower éyy, values, i.e. 5or 7
molyy, kg;{i o- Greater apparent NH; concentrations in the solvent
increase the flowrate of vapour recycled to the bottom of the CO,
desorber, which decreases g, co,, but also leads to greater re-
boiler duty demands in the IS (or VIS), as shown in Fig. 11(a). At
high g¢,,, values, the optimal set of operating conditions of the CO,
absorber found for the reference configuration is also preferred
for the other advanced configurations, i.e. 7 molyy, kgﬁi o

In order to exemplify their full potential as well as their adaptability
and versatility to different types of energy, advanced configurations
aiming at improving the energetic performance of NH;-based capture
processes have been finally assessed in terms of the minimum SPECCA
index achievable for the application scenarios defined in Section 4.3.2,
with the energy parameters provided in Table 7. In this regard, Table 9
shows the advanced configuration and the associated set of operating
conditions that minimizes the SPECCA index of the overall capture
process, ¢, for each application scenario (labelled as “Best”). Addi-
tionally, Table 9 also provides, if possible for a given scenario, the
advanced configuration that minimizes the SPECCA index without the
requirement of producing steam from sources other than the excess
heat available in the CO, point source, along with the associated set of
operating conditions of the capture process (labelled as “w/o Steam”).
Configuration C2 using the IS (illustrated in Fig. 7) has been used
also here as reference configuration; the corresponding optimal sets
of operating conditions that minimize ¢ in each application scenario
are also given in Table 9 (labelled as “Ref”). Along with the minimum
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Process operating conditions and performance indicators obtained with: (i) Configuration C2 (“Ref.”), which is considered as the reference configuration in this section, (ii) the
advanced configuration that allows to obtain the minimum ¢ value (“Best”), and (iii) if possible, the advanced configuration with the lowest value of ¢ that only uses excess heat
available in the CO, point source for the reboilers of the distillation columns, thus avoiding additional steam requirements ("w/o Steam), for the scenarios defined in Section 4.3.2
with the energy parameters provided in Table 7. The optimal set of operating conditions of the CO, absorber are represented by the concentration of apparent NH; in the CO,-lean

stream, ¢yy,; the remaining conditions of the CO, absorber, as well as the associated CO, absorber productivity can be found in Table 3. All cases have been simulated considering
the reference configuration of the FG post-conditioning section operating at the optimal set of operating conditions of the FG-WW column indicated in Table 6; the corresponding
dimension of the FG-WW column can be found in Table 5. The pinch point temperature in the rich/lean, NH;-rich/NH;-lean and rich purge/lean purge heat exchangers has been
set to 3°C, while it has been set to 10°C in the reboilers and in the heat exchanger introduced with the MPD.

Configuration

Cement plant application

Steel plant application Refinery application

Scenario 1.a Scenario 1.b Scenario 1.c Scenario 2.a Scenario 2.b Scenario 3
Ref. Best Ref. Best Ref. Best Ref. Best Ref. Best w/o Steam Ref. Best w/0 Steam
Variable Cc2 C3E3 c2 C3E3 Cc2 C3E2b Cc2 C3E3 c2 C3E3 C3E2b Cc2 C3E3 C2E2d
IS MPD 1S MPD IS LVC(3) IS MPD 1S MPD LVC(3) IS MPD LVC(4,3,2)
+RecVC +RecVC +RecVC +RecVC +RecVC  +RecVC +RecVC  +RecVC
+VIS +VIS +VIS +VIS +VIS +VIS +VIS +IS

CO, absorber parameters (see Table 3 for the remaining parameters)
g, [molyy, kg;,fo] 7.0 7.0 7.0 7.0 7.0 5.0 7.0 7.0 7.0 7.0 9.0 7.0 9.0 9.0
CO, desorber parameters
ngdes [bar] 24.5 49.8 24.5 49.8 24.5 49.5 24.5 47.3 24.5 47.3 44.5 7.0 7.3 12.0
ng‘:des [bar] 25.0 25.1 25.0 25.1 25.0 50.0 25.0 23.9 25.0 23.9 45.0 7.5 3.9 12.5
Ser -1 0.0475 0.0325 0.0475 0.0325 0.0475 0.0225 0.0475 0.0350 0.0475 0.0350  0.0275 0.0925 0.1100  0.0375
Solvent recovery section parameters
Ny [] 9 13 9 6 9 5 9 4 9 4 4 9 4 4
S%\?H;-:ich [-] 2 3 2 2 2 1 2 2 2 2 2 2 2 2
Freeve [kgt&‘)zmpmmd] 0.0 64.0 0.0 97.0 0.0 91.0 0.0 189.3 0.0 189.3 247.9 0.0 280.5 337.2
Py [bar] 1.05 0.35 1.05 0.10 1.05 0.10 1.05 0.10 1.05 0.10 0.10 1.05 0.35 1.05
Heat integration performance
GHTX rich/lean [MJyp kggélmplmd] 8.89 9.08 8.89 9.09 8.89 7.49 8.89 8.96 8.89 8.96 6.69 6.12 5.32 4.32
AT, ficnrean [K] 3.9 3.0 3.9 3.1 3.9 3.1 3.9 3.6 3.9 3.6 3.0 6.9 7.5 3.2
AT, sichtean [K] 11.3 11.5 11.3 11.5 11.3 3.3 11.3 11.3 11.3 11.3 3.0 10.7 8.5 3.0
dirxro-ww MInKEEh cpurea) 012 0.09 012  0.06 0.12  0.05 0.12  0.06 012  0.06 0.05 012  0.07 0.06
AT, pg_ww [K1 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0 3.0
AT} pgww [K] 7.8 3.5 7.8 3.3 7.8 3.2 7.8 3.3 7.8 3.3 3.5 7.4 3.4 3.4
Gurxas My, kg&l)’cupmmd] 0.02 0.01 0.02 N/A 0.02 N/A 0.02 N/A 0.02 N/A N/A 0.02 0.03 0.07
AT, s [K] 43.0 22.3 43.0 N/A 43.0 N/A 43.0 N/A 43.0 N/A N/A 33.9 9.5 10.6
AT, 55 [K] 3.0 3.0 3.0 N/A 3.0 N/A 3.0 N/A 3.0 N/A N/A 3.0 3.0 3.0
Gurxmep [MTy, kgggﬂmpmred] N/A 0.19 N/A 0.19 N/A N/A N/A 0.19 N/A 0.19 N/A N/A 0.40 N/A
AT, \pp [K] N/A 10.0 N/A 10.0 N/A N/A N/A 10.0 N/A 10.0 N/A N/A 10.0 N/A
AT, \pp [K] N/A 75.9 N/A 75.9 N/A N/A N/A 75.8 N/A 75.8 N/A N/A 69.1 N/A
Consumption of chemicals
Flf[“zo [kgl&ljzcapmred] 3.21 2.71 3.21 2.90 3.21 0.14 3.21 1.62 3.21 1.62 1.99 31.63  21.39 8.91
Fcil:em.NH3 [kgt&‘)zcapwed] 1.45 1.43 1.45 1.43 1.45 1.50 1.45 1.40 1.45 1.40 1.29 1.54 1.41 1.36
Energetic performance
Grenco, My KECH, ovurea] 215 179 215 168 215 118 215 1.39 215  1.39 0.80 243 167 0.89
Grecco, M KECO capurea) 0.09  0.09 0.09  0.09 0.09  0.09 0.00  0.00 0.80  0.80 0.80 095 154 0.89
Tievco, [°C] 149.4 149.5 149.4 149.5 149.4 149.3 149.4 148.2 149.4 148.2 142.6 121.9 104.4 120.0
Greb1s [MJmkgEgzmp‘md] 0.17 0.14 0.17 0.22 0.17 0.21 0.17 0.43 0.17 0.43 0.55 0.18 0.64 0.79
Grecls [M‘]‘hkgalolcaplurcd] 0.10 0.14 0.10 0.20 0.10 0.20 0.00 0.43 0.10 0.43 0.55 0.18 0.64 0.79
Tyep1s [°C1 100.1  72.3 100.1 457 100.1  45.7 100.1  45.7 100.1 457 45.7 100.1 723 100.1
e IMJg kg0, unurea] 0.283 0.38  0.283 0.456  0.283 1019  0.283 0591  0.283 0.591  1.206 0.342  0.622  0.861
¢ MIy kgé(l),avmacu] 3.539  3.153 3.293  2.824 3.070  2.404 3.831  3.247 2.479 2107 2.880 2.765  1.592 2.002

¢ value achieved for each configuration and application scenario and
the corresponding conditions of the process parameters, Table 9 also
includes the results obtained for other performance indicators such
as consumption of chemicals, specific electricity demand and reboiler
temperatures; the total specific reboiler duties required in the CO,
desorber, g, c0,, and in the IS (or VIS), g, s, and the specific reboiler
duty that can be produced by heat recovered from the CO, point
source for the CO, absorber, g;..co,, and for the IS (or the VIS),
Grec1s> are also provided. Table 9 also includes the results of the heat
integration performance corresponding to the rich/lean heat exchanger,
to the NH;-rich/NHjs-lean heat exchanger, to the rich purge/lean purge
heat exchanger and to the heat exchanger in the MPD configuration.
Furthermore, Fig. 14 provides the energy breakdown for the optimal
set of operating conditions that minimizes the SPECCA index for the
Ref., Best and w/o Steam configurations in each application scenario.
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Besides a thermodynamic advantage, as confirmed by the results
shown in Table 8, the main improvement introduced by our advanced
configurations of the CO, desorber and solvent recovery section with
respect to the benchmark configuration of NH3-based capture processes
is that the former are highly versatile towards the consumption of
different types of energy. Indeed, the advanced configurations aiming
at improving the energetic performance of NH3-based capture processes
developed in this work allow to maximize the integration of heat
recovered from the CO, point source and to adapt the process operating
conditions to favour the consumption of the most competitive type of
energy available at the industrial site. Therefore, the performance of the
advanced configurations developed in this work to decrease the energy
requirements of NH3-based capture processes improves with respect
to the reference configuration if the assessment is carried out not
only attending to a thermodynamic criterion, but also considering the
specificities of the site where the capture process is applied to in terms
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Fig. 14. Contributions of the key energy consumers to the minimum SPECCA value, ¢, obtained with: (i) the reference configuration (“Ref.”), (ii) the advanced configuration that
allows to obtain the minimum ¢ value (“Best”), and (iii) if possible, the advanced configuration with the lowest ¢ value that only uses excess heat available in the CO, point
source for the reboilers of the distillation columns avoiding additional steam requirements ("w/o Steam), for each application scenario, according to the results shown in Table 9.
(For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

of the type of energy available. Namely, our advanced configurations
have achieved SPECCA index reductions that range between 10.9%
for cement plant application scenarios and 42.9% for the refinery
application scenario, with respect to the minimum ¢ value achievable
with the reference Configuration C2. The energetic improvements with
respect to the minimum energy consumption achievable by the ref-
erence configuration increases for: (i) increasing share of renewable
energy sources used in the production of the electricity consumed by
the capture plant, i.e. the energy savings achieved by the advanced
configuration with respect to the reference configuration increase from
10.9% in Scenario 1.a to 21.7% in Scenario 1.c; and, (ii) increasing
amounts of specific excess heat available at the CO, point source,
i.e. the energy savings achieved by the advanced configuration with
respect to the reference configuration increase from 10.9% in Scenario
1.a to 42.9% in Scenario 3.

As for the specific equivalent work minimization, the advanced
configurations including the MPD lead to the lowest SPECCA index for
most of the application scenarios considered in this work, i.e. “Best”
configurations in Table 9. The exception is Scenario 1.c, where the
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capture process is applied to a cement plant considering that the
capture plant have access to electricity only produced from renewable
sources. In that scenario, ¢ is minimized by means of the advanced
Configuration C3E2b, which uses the LVC(3). For the remaining ap-
plication scenarios, even when the optimal advanced configuration
that minimizes the SPECCA index always includes the MPD, different
optimal set of operating conditions are found for the capture process.
For example, increasing the share of renewable sources in the average
electricity mix for the cement plant application scenario leads to dif-
ferent optimal design of the stripping column of the solvent recovery
section. On the one hand, the optimal number of equilibrium stages,
Nig, decreases—the value of S{\?H;—rich adapts accordingly—from 13 in
Scenario 1.a to 6 and 5 in Scenarios 1.b and 1.c, respectively, in order to
increase the flowrate of vapour distillate recycled to the CO, desorber,
Freeve- On the other hand, the optimal working pressure of the VIS
also decreases from 0.35bar for Scenario 1.a to 0.10bar for Scenarios
1.b and 1.c. Another example is when modifying the features of the
excess heat available in the CO, point source for integration with the
capture plant, i.e. specific amount and/or temperature dependency,
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for the same specifications of the electricity imported from the grid.
In this regard, the cement plant application Scenario 1.a, the steel
plant Scenarios 2 and the refinery Scenario 3 lead to different optimal
operating conditions of the CO, absorber, of the CO, desorber and/or of
the solvent recovery section: First, the optimal number of equilibrium
stages of the VIS decreases from 13 in Scenario 1.a to 4 in Scenarios 2
and 3; second, the optimal pressure of the VIS in Scenarios 2 is selected
in such a way that the excess heat available at the condenser of the CHP
plant can be used, while higher column pressures are preferred instead
in Scenarios 1.a and 3; third, aiming at decreasing the CO, desorber
reboiler temperature thus at maximizing the heat recovered from the
refinery for integration with the capture plant, the optimal apparent
NH; concentration in the CO,-lean stream increases and the optimal
pressure of the lower section of the CO, desorber decreases in Scenario
3 with respect to Scenarios 1.a and 2.

The flexibility in the possible combinations of different advanced
configurations and in the adaptation of the process operating conditions
also allow to increase considerably the amount of CO, that can be
captured from the CO, point source only using the excess heat available
at the industrial site thus without additional fuel requirements for
steam production. Namely, up to 81% of the CO, emissions of the
steel plant could be captured under the assumptions of Scenario 2.b
using electricity imported from the grid and excess heat recovered
from the steel plant for the production of the steam required in the
reboilers the capture process. Similarly, 42.4% of the CO, emissions
of the refinery application scenario (Scenario 3) could be captured
without additional fuel consumption for steam generation. Under the
assumptions of Scenario 3, the advanced configuration “w/o Steam”
is even able to improve the energetic performance with respect to
the “Ref.” configuration by 27.6%. In both “w/o Steam” cases, i.e. in
Scenarios 2.b and 3, the optimal advanced configurations that minimize
the energy consumption use LVC configurations in which the liquid
that exits the CO, desorber is expanded in more that one step, since
they allow to minimize the high temperature steam required for solvent
regeneration in the CO, desorber. Also when burning additional fuel for
the capture process is not required, further energy savings are expected
for increasing share of renewable energy sources used in the production
of the electricity consumed by the capture plant.

5. Conclusions

Based on the results obtained in this work we propose a new
benchmark configuration for NHj-based capture processes, which is
shown in Fig. 15.

The new benchmark configuration proposed for NH;-based capture
processes is based on the Chilled Ammonia Process and includes the
Recycled Vapour Compression and the Multi-pressure Desorber as ad-
vanced configuration concepts of the CO, desorber (process section E3
in Fig. 15), the Vacuum Integrated Stripper as advanced configuration
concept of the solvent recovery section (C3), and uses the Standard
NH; Absorber as flue gas water-wash column with the adequate spec-
ifications to avoid the use of an acid-wash column in the flue gas
post-conditioning section (Al). By proper tuning of the process op-
erating conditions, such advanced configuration allows for minimum
specific energy consumption and extensive flexibility of the capture
process with respect to the type and the features of the electricity and
steam available at the CO, point source, at the minimum consumption
of process water and chemicals, i.e. sulphuric acid and ammonia.
This new benchmark configuration proposed for NH;-based capture
processes has been built upon a sound understanding of the CO,-NH3-
H,O system and is able to: (i) turn the issue of the volatility of NH;
and its slip to the vapour phase into an opportunity to optimize the
energetic performance of the capture process avoiding solid formation;
(ii) control efficiently NH; emissions; and (iii) avoid redundant unit
operations thus unnecessary capital costs.
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Depending on the boundary conditions and inputs of the capture
plant, i.e. specific point source to which it is applied, the new bench-
mark configuration for NHj-based capture processes proposed as a
result of this work can be adapted/modified as follows to improve its
performance:

» The Vacuum Integrated Stripper can be operated as an Integrated
Stripper at atmospheric pressure by-passing the vacuum pump in
the solvent recovery section, in order to adapt the capture process
to seasonal changes of the amount and temperature of the excess
heat and steam available and/or of the features of electricity.

If the use of the acid-wash column in the flue gas post-
conditioning section is economically favoured by the existence
of an ammonium sulphate market, the NH;-based capture pro-
cess should be run with an acid-wash column in the flue gas
post-conditioning section and the operating conditions and speci-
fications of the Standard NH; Absorber adapted to minimize both
the energy consumption of the process and the volume of the flue
gas water-wash column.

If there is no market for ammonium sulphate, but process water
is easily available at the capture plant and the economics of
waste water treatment are favourable, the energy consumption
of the capture process and the volume of the flue gas water-
wash column can still be decreased by substituting the Standard
NH; Absorber with the Advanced NH3 Absorber in the flue gas
post-conditioning section.

The removal of the CO, water-wash section (B) can be considered
when applying the NH;-based capture process to CO,-rich flue
gases. As pointed out in our previous research [14], increasing
CO, concentrations in the inlet flue gas, i.e. containing around 18
vol% CO, or above, lead to lower optimal apparent NH; concen-
trations in the solvent, i.e. around 7 molyy, kg;ll o or below, that
allow to remove the CO, water-wash section without penalizing
energetically the capture process and avoiding the formation of
solids in the condensate of the CO, stream before compression.
In the case of having access to cheap and CO, neutral electricity,
or if only excess heat available at the CO, point source is to
be used for the production of the steam required by the capture
plant, a Lean Vapour Compression configuration might be pre-
ferred instead of the Multi-pressure Desorber, since it allows to
minimize the high temperature steam requirements.

Based on the results obtained in this work, the novel advanced
configuration concepts of NH;-based processes here proposed should be
validated by means of pilot/demo plant experiments, paying special at-
tention to: (i) the heat integration in the advanced configurations of the
CO, desorber; (ii) the performance of the Vacuum Integrated Stripper,
where the lower temperatures, i.e. below 100 °C, resulting from the sub-
atmospheric pressure at which the column may operate might lead to
mass transfer limitations; and, (iii) the control of NH; emissions in the
flue gas water-wash column of the flue gas post-conditioning section.
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Fig. 15. Process flow diagram of the proposed new benchmark configuration for NH;-based capture processes including the Recycled Vapour Compression, the Multi-pressure
Desorber, the Vacuum Integrated Stripper and the Standard NH; Absorber without acid-wash column.
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