
Full Terms & Conditions of access and use can be found at
https://www.tandfonline.com/action/journalInformation?journalCode=lsst20

Separation Science and Technology

ISSN: (Print) (Online) Journal homepage: https://www.tandfonline.com/loi/lsst20

Rigorous rate-based model for CO2 capture via
monoethanolamine-based solutions: effect
of kinetic models, mass transfer, and holdup
correlations on prediction accuracy

Mahsa Amirkhosrow, José-Francisco Pérez-Calvo, Matteo Gazzani, Marco
Mazzotti & Ebrahim Nemati Lay

To cite this article: Mahsa Amirkhosrow, José-Francisco Pérez-Calvo, Matteo Gazzani,
Marco Mazzotti & Ebrahim Nemati Lay (2021) Rigorous rate-based model for CO2 capture
via monoethanolamine-based solutions: effect of kinetic models, mass transfer, and holdup
correlations on prediction accuracy, Separation Science and Technology, 56:9, 1491-1509, DOI:
10.1080/01496395.2020.1784943

To link to this article:  https://doi.org/10.1080/01496395.2020.1784943

Published online: 29 Jun 2020. Submit your article to this journal 

Article views: 301 View related articles 

View Crossmark data Citing articles: 2 View citing articles 

https://www.tandfonline.com/action/journalInformation?journalCode=lsst20
https://www.tandfonline.com/loi/lsst20
https://www.tandfonline.com/action/showCitFormats?doi=10.1080/01496395.2020.1784943
https://doi.org/10.1080/01496395.2020.1784943
https://www.tandfonline.com/action/authorSubmission?journalCode=lsst20&show=instructions
https://www.tandfonline.com/action/authorSubmission?journalCode=lsst20&show=instructions
https://www.tandfonline.com/doi/mlt/10.1080/01496395.2020.1784943
https://www.tandfonline.com/doi/mlt/10.1080/01496395.2020.1784943
http://crossmark.crossref.org/dialog/?doi=10.1080/01496395.2020.1784943&domain=pdf&date_stamp=2020-06-29
http://crossmark.crossref.org/dialog/?doi=10.1080/01496395.2020.1784943&domain=pdf&date_stamp=2020-06-29
https://www.tandfonline.com/doi/citedby/10.1080/01496395.2020.1784943#tabModule
https://www.tandfonline.com/doi/citedby/10.1080/01496395.2020.1784943#tabModule


Rigorous rate-based model for CO2 capture via monoethanolamine-based 
solutions: effect of kinetic models, mass transfer, and holdup correlations on 
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ABSTRACT
The existing rate-based modeling of monoethanolamine (MEA) solvent for CO2 capturing has been 
improved using different kinetic models. Different models obtained from a combination of 15 
kinetic models and 4 mass transfer correlations have been applied. The results show that the mass 
transfer correlation is instrumental for a reliable rate-based model. The resulting framework predicts 
the temperature and composition profiles at both liquid and gas phases with good accuracy. 
Overall, this allowed for improved prediction of (i) the CO2 capture performance, (ii) the CO2 partial 
pressure in output gas, and (iii) the temperature and CO2 composition profiles in the liquid.
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Introduction

The mitigation of CO2 emissions is pivotal to prevent 
global warming. This requires the adoption of a variety of 
CO2-neutral technologies. Among these, post- 
combustion CO2 capture (PCC) from flue gas is 
a commercial technology that can be used to reduce 
CO2 emissions from a variety of fossil fuel-derived flue 
gases.[1–6] A number of PCC technologies have been 
already demonstrated at pilot plant scale or higher, such 
as chemical absorption technologies using liquid solvents, 
adsorption processes using solid-phase sorbents or cal-
cium looping technologies; other PCC technologies, 
although also studied extensively, are in an early stage of 
development, such as chemical looping, membrane- 
based, and ionic liquid capture technologies.[7,8] 

Chemical absorption using aqueous amine solutions is 
the benchmark PCC process due to its higher technology 
readiness level; while the exact recipe of commercial ver-
sions (i.e., MHI process, [9] Shell Cansolv,[10] and Aker 
solutions[11]) is mostly unknown, monoethanolamine 
(MEA) is regarded as the reference, well-known, solvent. 
Solvent-based capture technologies offer many advan-
tages for CO2 mitigation, yet it requires large-scale equip-
ment to process the high volumes of flue gas, along with 
high energy consumption for solvent regeneration.[2,4,12- 

14] Choosing the proper solvent and the operating condi-
tions of the PCC is essential for enhancing the 

performance; hence, a detailed assessment and analysis 
of this process is crucial for designing efficient PCC 
plants.[14,15] Development of accurate models for simula-
tion of the behavior of PCC plants is a pivotal step aimed 
at the design, optimization, and scale up of CO2 capture 
plants.[16]

Developing a precise and reliable model to predict the 
behavior of the absorption processes in carbon capture 
systems is key for the optimal design of such plants. 
Rate-based models have been proven to accurately 
describe packed columns, while also providing more 
information compared to equilibrium stage models, 
[17–19] especially with regards to the dynamic operation, 
[20] and the design and sizing. More specifically, rate- 
based models are not only able to describe the thermo-
dynamics of highly non-ideal systems of multicompo-
nent mixtures, such as those resulting of the reactive 
absorption of CO2 with aqueous amine solutions. 
Furthermore, they are also capable of taking into 
account the mass and heat transfer limitations between 
the vapor and the liquid phase by coupling the diffusion 
of species and its coupling with the chemical reaction 
kinetics in the liquid phase.[21] However, developing 
a rate-based model demands a wide range of accurate 
input parameters to describe the physiochemical prop-
erties of both liquid and gas phases, kinetics, mass and 
heat transfer, and hydrodynamic of the process.[18]
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In the MEA-based PCC process, CO2 and MEA form 
a weak aqueous electrolyte solution that results in high 
non-ideal liquid phase.[2] This non-ideality needs to be 
reproduced by an accurate thermodynamic model when 
calculating the vapor-liquid equilibrium (VLE) of the 
system. The VLE data for gas solubility in aqueous 
solution of MEA are reported in literature for a wide 
range of MEA concentrations.[22–25] Based on these 
experimental data, different thermodynamic models 
are developed to describe this complex system. 
Accordingly, Wagner et al.[26] developed a model based 
on the extended Pitzer model [27,28] for electrolyte solu-
tions; the Electrolyte Non Random Two Liquid 
(e-NRTL) method developed by Chen and Evans[29] is 
also commonly used to describe properties of such 
solutions.[14,24,30-32] The extended UNIQUAC model is 
another suitable thermodynamic framework for such 
systems.[22,33,34]

The reaction kinetics and the mass transfer of reactive 
species are two important, interconnected, factors that 
affect chemical absorption processes. In particular, the 
computation of the reaction rate between CO2 and an 
aqueous solvent greatly impacts the simulation and ana-
lysis of the absorber.[35] Kinetically rate-controlled reac-
tions in the MEA-CO2-H2O system have been widely 
studied and kinetic data are available in literature.[36–41] 

These allow to build kinetic models, which are instru-
mental for robust, reliable rate-based model.[18,42,43] 

Different theoretical approaches can describe the mass 
transfer at the gas-liquid interface.[44,45] The two film 
theory proposed by Lewis and Whitman in 1924[46] is 
often used for mass transfer modeling of CO2 capture 
processes [47,48]; the penetration theory or surface 
renewal theory are also applied for mass transfer 
modeling.[42,49]

Developing a rate-based model for PCC processes 
requires a detailed study of numerous parameters. 
Previous research into rate-based modeling of MEA 
solvents is quite exhaustive[17,48,50-54]; however, few of 
these effective parameters are considered in these mod-
els. Especially: (i) there is no clear procedure on how to 
set up the numerical simulation of packed columns via 
rate-based models, e.g., in Aspen Plus, and (ii) there is 
no comprehensive comparison between the many rate- 
based models proposed and real pilot plant data. 
Accordingly, in this work we report a rigorous rate- 
based model of MEA-based CO2 capture process for 
the absorption column; the model was developed in 
Aspen Plus (version 8.6) and was validated based on the 
CO2 capture pilot plant tests at the Kaiserslautern 
University, [55] which has been used in several other 
works.[47,50,52,56] The model builds upon all experimen-
tal campaigns carried out by Notz et al., [55] and tests the 

different kinetic rate expressions available in literature. 
In this work, we discuss the main factors affecting the 
modeling framework: thermodynamics, axial discretiza-
tion of the absorption column, discretization of the 
liquid film, mass transfer and interfacial area correla-
tions, kinetic reaction equations, flow model, liquid 
holdup, and pressure drop. The fine-tuning of the rate- 
based model of the absorber was done by adjusting: (i) 
the vertical discretization, which is important for the 
accuracy of the model, [35,54,57] (ii) the liquid film dis-
cretization, which was done by optimizing the number 
of discretization points and discretization ratio, and (iii) 
the combination of kinetic models and mass transfer 
correlations. Ultimately, we not only provide an accu-
rate rate-based model implemented in Aspen Plus, but 
also a clear procedure to implement new models for new 
solvents in general absorption process simulation envir-
onments. Due to the different temperature and CO2 

concentrations in the CO2 absorber and in the CO2 

desorber, another rigorous rate-based model has been 
developed for the regeneration section of the capture 
process using aqueous MEA as solvent, [58] which also 
uses all the pilot plant experimental data reported by 
Notz et al. for the regeneration section.[55] Both rate- 
based models, i.e., for the absorber and for the desorber, 
have been developed to enable, when combined, 
a feasible and reliable optimization – in terms of energy 
and equipment size minimization – of CO2 capture 
processes using aqueous MEA solutions as solvent.

Rate-based modeling methods

The rate-based approach provides a detailed description 
of reactive absorption columns. This approach demands 
more computational time compared to the equilibrium- 
based approach due to the larger number of equations to 
be solved. While the rate-based framework of Aspen 
Plus, version 8.6, which makes use of the two-film the-
ory, offers an efficient implementation approach, the off- 
the-shelf availability might lead to partial implementa-
tion of the different setting parameters. Hereafter, we 
summarize the key features of the proposed modeling 
framework.

Thermodynamic model

The Soave-Redlich-Kwong Equation of State (SRK EOS) 
for the vapor phase
Due to the low operating pressure of an absorber, the 
vapor phase has little deviation from ideality; this non- 
ideality is negligible and an equation of state can be used 
to determine the vapor phase properties.[59] 

Accordingly, the SRK EOS[60] was used to determine 
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the fugacity coefficient of vapor phase in this study. This 
equation has been used by several groups and has suc-
cessfully predicted the gas phase properties along the 
CO2 absorber.[32,47,56,59] Parameters of SRK EOS were 
obtained from SRK-ASPEN databank.[50] The correla-
tions are presented in equations S-6 to S-10 in the 
Supporting Information.

The e-NRTL approach for the liquid phase
In the present work, the e-NRTL method, which is 
widely applied for thermodynamic modeling of PCC 
processes using amine solvents, [14,24,30-32] was used to 
compute the liquid phase properties, including activity 
coefficients, Gibb’s free energy, enthalpy, and entropy. 
This method accurately takes into account the interac-
tions between molecule-molecule, ion-ion, and mole-
cule-ion pairs; hence, based on these binary pair 
parameters, this model can determine the liquid specia-
tion for both ionic and molecular species in aqueous and 
mixed solvent electrolyte systems. A large number of 
parameters are involved in the VLE calculation of this 
model. Aspen Plus developed a rigorous thermody-
namic model using the e-NRTL framework based on 
several experimental VLE data.[50] Henry’s law was 
used to describe the thermodynamic equilibrium at the 
gas-liquid interface. The correlations are presented in 
equations S-1 to S-5 in the Supporting Information.

Equilibrium reactions
The absorption of CO2 into an aqueous solution of MEA 
is controlled by a series of chemical reactions. Therefore, 
the chemical equilibrium reactions (equations (1)-(5)) 
should be considered for reactive absorption of CO2. In 
these reactions, CO2, MEA, and all ionic species are 
considered as solutes and water is treated as the solvent. 
The chemistry of an electrolyte solution is modeled with 
the chemistry model of Aspen Plus based on the follow-
ing equations[61]: 

2H2O ! H3Oþ þOH� (1) 

CO2 þ 2H2O ! H3Oþ þHCO�3 (2) 

HCO�3 þ H2O ! H3Oþ þ CO2�
3 (3) 

MEAHþ þ H2O ! H3Oþ þMEA (4) 

MEACOO� þ H2O !MEAþHCO�3 (5) 

The equilibrium constants of reactions (1)–(5) were 
calculated by the following temperature-dependent cor-
relation in Aspen Plus chemistry model: 

ln Keq
� �

¼
A
T
þ BlnTþ C (6) 

where Keq is the reaction equilibrium constant, A, B, and 
C are parameters of the equilibrium constants, and T is 
the absolute temperature (K). Table 1 shows the equili-
brium constants that were used in this study.

Transport property models
The liquid molar volume and, hence, the liquid den-
sity, was estimated by the Clark model with the 
quadratic mixing rule for solvents. For estimation of 
the liquid viscosity, the Jones-Dole electrolyte correc-
tion model was applied in Aspen Plus. The Onsager- 
Samaras model was used for liquid surface tension 
estimation and the thermal conductivity was calcu-
lated using the Riedel electrolyte correction model. 
The binary diffusivity was calculated by Nernst- 
Hartley model in Aspen Plus. All the parameters of 
these correlations and also the aqueous phase Gibbs 
free energy, heat of formation at infinite dilution and 
25°C, and heat capacity at infinite dilution were 
obtained from Aspen Plus data bank. The applied 
transport property models have been validated with 
experimental data by Aspen Tech.[50]

Kinetically-controlled reactions

The reactions that only involve the transfer of a proton 
can be assumed to reach equilibrium instantaneously, 
i.e., reactions (1), (2), and (4), while the reaction of CO2 

with MEA and with the hydroxide ion are kinetically 
controlled and require a reliable computation of the 
reaction rate.

The reaction mechanism of carbon dioxide and MEA 
is thoroughly described in literature.[36–39] In the overall 
reaction, equation (7), two MEA molecules react with one 
CO2 molecule to form the carbamate ion and protonated 
MEA, which is a linear combination of reactions given by 
equation (2), equation (4) and equation (5). 

2MEAþ CO2 !MEACOO� þMEAHþ (7) 

Ultimately, two mechanisms have been used to explain 
the reaction pathway: one based on the formation of 
a zwitterion and its following deprotonation, [64,65] and 

Table 1. Equilibrium constants parameters.

Reaction A B C
Temperature 

(K) Reference

1 −13445.9 −22.4773 140.932 273–498 [62]

2 −12092.1 −36.7816 235.482 273–498 [62]

3 −12431.7 −35.4819 220.067 273.498 [62]

4 −3090.83 0.0 6.69425 298–413 [63]

5 −5851.11 0.0 −3.3636 298–413 [63]
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one based on a termolecular mechanism.[66] Notably, 
the zwitterion mechanism can be reduced under certain 
assumptions[67] to either a simple second-order kinetics, 
or to the termolecular mechanism, with the following 
expressions for the reaction rate, respectively: 

rCO2 ¼ � k2 MEA½ � CO2½ � (8) 

rCO2 ¼ � MEA½ � CO2½ � � kMEA MEA½ � þ kH2O H2O½ �ð Þ

(9) 

Various kinetic constants are available in the literature 
to calculate the rate of reaction (7) by means of equa-
tions (8) and (9). However, only some of them consid-
ered the dependency of the reaction rate constant on 
temperature and reported an equation based on 
a specific temperature range. Tables 2 and 3 provide 
the reported reaction rate constants available in litera-
ture in power law form. These kinetic constants were 
obtained independently using different experimental 
methods in different ranges of temperature, MEA con-
centration, and CO2 loading, which therefore led to 
different values. In this study, all reaction kinetics 
reported in Tables 2 and 3 were implemented in 
Aspen Plus, aiming at identifying those were able to 
better reproduce the experimental results of Notz 
et al.[55]

On the other hand, the reaction between CO2 and the 
hydroxide ion takes place in parallel to that of CO2 with 
MEA, which is a linear combination of the reactions 
given by equation (1) and equation (2): 

CO2 þOH�  !HCO�3 (10) 

Several authors have measured this reaction rate, [75–77] 

notably leading to the identification of similar reaction 
rate constants when the ionic strength of the solution is 
considered.[77] Nevertheless, the absorption of CO2 into 
aqueous amine solutions is dominated by the reaction of 
CO2 with the amine if typical amine concentrations of 
PCC processes are used.[78] Consequently, the impact of 
the reaction rate constant of the reaction between CO2 

and the hydroxide ion on the accuracy of the model has 
been neglected and its value has been retrieved from the 
work of Pinsent et al.[79]

Both forward and reverse reactions were considered, 
so to accurately predict conditions at high CO2 loadings. 
These were calculated using the forward kinetic con-
stants and the equilibrium constants (see section 2–1 
in the Supporting Information).

Mass transfer, heat transfer and hydrodynamic 
properties

Reliable mass transfer and hydrodynamic correlations 
are very important components of the model, as they 
define the column hydraulics, liquid holdup, and pres-
sure drop. Moreover, they contribute to the multi- 
component Maxwell-Stefan diffusion equation used to 
calculate the gas and liquid phase mass transfer rates in 
an Aspen Plus. Previous works revealed (i) the impact of 
mass transfer correlations and effective interfacial area 
on the accuracy of a rate-based model, [17,80,81] as well as 
(ii) the role of hydrodynamic performance of the col-
umn on the design and scale up of this process.[47,56,82,83]

Table 2. The literature data of second-order rate constants.
Temperature (K) [MEA] (kmol/m3) [CO2] (kmol/m3) k2 (m

3/kmol s) Experimental method Reference

278–308 0.152–0.177 0.0039–0.0064 9.770 × 1010 exp (−4955.0/T) Rapid mixing Hikita et al.[38]

278–303 0.0091–0.06 0.00096–0.0032 1.230 × 1011 exp (−5078.0/T) Stopped flow Penny and Ritter[68]

278–298 0.00–0.45 0.013–1.50 8.510 × 1011 exp (−5617.0/T) Stopped flow Alper[37]

303–313 0.10–0.50 0.00 3.014 × 1011exp (−5376.2/T) Wetted wall column Horng and Li[39]

303–334 0.63 0.00 4.500 × 1011 exp (−5405.0/T) Stirred cell reactor Kucka et al.[41]

298–313 0.005–0.035 0.00 8.360 × 1011 exp (−5613.0/T) Stopped flow Ali[69]

278–313 0.00–4.80 0.00096–1.5 4.400 × 1011 exp (−5400.0/T) - Versteeg et al.[70]

288–318 0.001–0.016 0.003–0.006 5.800 × 1010 exp (−4872.0/T) Stopped flow Conway et al.[71]

298–323 0.50–12.00 0.00 4.140 × 1011 exp (−5399.0/T) Stirred cell reactor Ying and Eimer[72]

298–343 1.00 0.00–0.40 8.870 × 108 exp (−3458.0/T) Wwc&SDa Luo et al.[6] – Model a
298–343 5.00 0.00–0.40 4.396 × 109 exp (−3693.0/T) Wwc&SD Luo et al.[6] – Model b

a: Wetted wall column and string of disc

Table 3. The literature data of termolecular rate constants.

Temperature (K)
[MEA] 

(kmol/m3) [CO2] (kmol/m3)
kMEA 

(m6/kmol2 s)
kH2O 

(m6/kmol2 s) Experimental method Reference

293–333 0.19–6.00 0.10–0.49 4.610 × 109 exp (−4412/T) 4.550 × 106 exp (−3287/T) Laminar jet Aboudheir et al.[36]

298–343 0.50–5.00 0.00–0.40 8.070 × 109 exp (−4503/T) 3.510 × 106 exp (−3055/T) Wwc&SDa Luo et al.[73]

298–343 1.00&5.00 0.00–0.40 2.003 × 1010 exp (−4742/T) 4.147 × 106 exp (−3110/T) Wwc & SD Luo et al.[6] – Model c
293–343 0.00–5.00 0.00–0.50 3.173 × 109 exp (−4936.6/T) 1.088 × 108 exp (−3900/T) – Putta et al.[74]

a: Wetted wall column and string of disc
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Mass transfer coefficients and specific interfacial area
Various mass transfer correlations are available in the 
literature for packed columns with random and struc-
tured packings.[84–89] The Aspen Plus rate-based frame-
work provides four empirical correlations for the 
estimation of mass transfer coefficients and vapor- 
liquid interfacial area.[85,87-89] The Aspen Plus rate- 
based model provides all parameters that are needed 
for implementing these correlations except for two para-
meters of Billet and Schultes[85] mass transfer correla-
tion, i.e., CL and CV, which are constants included in the 
liquid and vapor mass transfer coefficients, respectively. 
However, no data are available for such constants of 
Mellapak 250.YTM structured packing used in the pilot 
plant tests considered in this study. Therefore, the CL 

and CV of Mellapak 250.YTM were estimated by adopt-
ing the packing constants obtained for Ralu pak (250 
YC) by Billet and Schultes[85] (see Table 4). Both of these 
packings are structured packing of corrugated metal 
sheet and despite the difference in corrugation angle 
and their vendors, they have the same surface area (see 
Table 4) and void fraction[90]; that makes it possible to 
use the constants of Ralu pak (250 YC) as estimated 
values for the correlation constants of Mellapak 
250.YTM.

The Chilton-Colburn analogy between heat and mass 
transfer was used in this study for estimating the heat 
transfer coefficients.

Liquid holdup and pressure drop
For an absorber consisting of a packed column, the 
hydrodynamic performance is mainly represented by 
pressure drop and liquid holdup. The liquid holdup 
enables the determination of the pressure drop and 
fluid effective velocity and affects the mass transfer in 
the packed columns. The gas holdup can usually be 
ignored due to the low gas-phase density. A number of 

empirical correlations for determination of liquid 
holdup are available in the literature.[91–95] The Aspen 
Plus rate-based framework, provides three correlations 
for holdup estimation.[85,89,95] In this work, we investi-
gate the effect of different liquid holdup correlations on 
the model predictions. In terms of pressure drop, our 
model relies on the values provided by the pilot tests, 
which also significantly reduces the computational time 
of the model. This parameter was fixed to 
1.74 mbar/m.[55]

Numerical options

Flow model
The flow model determines how the bulk properties are 
calculated along the column and is therefore key for 
proper mass and energy flux, and reaction rate compu-
tations. Aspen Plus offers four different flow models 
including Mixed, CounterCurrent, V-Plug, and L-Plug. 
However, the flow model has a minor effect on the 
overall CO2 absorption performance whenever the 
axial discretization of the column is fine enough.[5,54] 

We therefore did not investigate the effect of different 
flow models and chose the V-Plug model, which is 
recommended by other authors in literature.[15,47,80,87] 

Based on the V-Plug flow model, the outlet conditions 
are used for the bulk of liquid and average conditions are 
used for the vapor bulk; the average pressure is used.

Axial discretization
The axial discretization of the packed column divides it 
into a number of control volumes; each control volume 
consists of liquid and vapor phases, divided between the 
bulk and the film, in which mass and energy balances are 
solved.[53] The goal of the axial discretization analysis is 
to find minimum number of segments that makes the 
numerical error of the model acceptable. A finer grid 
(more number of segments) decreases the numerical 
error of the model, but increases the computational 
time. The error is computed considering as reference 
a case with an extremely fine axial discretization. 
Thereafter, due to the high computational time of the 
reference case, a lower segments number that led to an 
acceptable numerical error with respect to the base case 
was selected.

Film discretization
The discretization of the liquid film significantly affects 
the reliability of a rate-based model as it controls the 
mass transfer resistances and the kinetically controlled 
chemical reactions in the liquid film layer that enhances 
the CO2 absorption rate.[54] Conversely, the discretiza-
tion of the vapor film is not required as no significant 

Table 4. Characteristics of the structured packings[90] and the 
constants of CL and CV in Billet and Schultes mass transfer 
correlation.[85].

Characteristic

Packing type

Ralu pak Mellapak 250.YTM

Material Sheet metal Sheet metal
Nominal size (mm) 250 YC 250 Y
Degree corrugation 

angle
60 Degree (with the 

horizontal)
45 Degree

Surface area (m2/m3) 250 250
% Void 95 95
Packing Factor (m−1) - 66
Vendor Rasching AG 

Ludwigshafen, 
Germany

Sulzer Chemtech 
Tulsa, Oklahoma; 
Winterthur, 
Switzerland

CL (-) 1.334 n.a.
CV (-) 0.385 n.a.
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chemical reaction takes place in the vapor phase. In this 
work, the key parameters of the liquid film discretization 
were investigated, which include film discretization ratio 
and number of discretization points. Aspen Plus provides 
two film discretization options: arithmetic and geometric, 
both with parameters to be adjusted for accurate model-
ing. The geometric discretization of the liquid film is 
expected to mimic the real profiles within the film with 
less segments compared to the arithmetic discretization, 
as it is able to better describe steep CO2 concentration 
decays next to the interphase, which are typical of reactive 
absorption processes. Therefore, in this study, we use 
a computationally intensive arithmetic approach to simu-
late the reference case, which is then used to tune the 
experimental simulations with the geometric approach 
that should make the model faster for the same required 
accuracy. The arithmetic discretization requires the defi-
nition of a discretization increment, which control the 
thickness of adjacent film regions. This parameter was set 
to 1 in order to create segments with equal thickness, 
while the number of discretization points (NDP) was set 
at the maximum number possible in Aspen Plus, i.e., 50. 
This setting features high convergence time but discre-
tizes the film well. Thereafter, 60 trial cases applying the 
geometric discretization with 5 and 12 different NDP and 
film discretization ratio (FDR), respectively, were simu-
lated (FDR is the thickness of each film region over 
thickness of the next region).

It should be noted that the other numerical para-
meters of the rate-based model which are not mentioned 
were set to the default values provided in Aspen Plus.

Pilot plant tests for model validation

Experimental data for model comparison and validation 
were retrieved from a comprehensive pilot plant cam-
paign carried out at Kaiserslautern University.[55] Fig. 1a 
shows a schematic of the absorption column based on 
experiment 1 in Notz et al. The column comprises 
a washing part and a CO2 absorption part, with one 
and five packing sections, respectively, equipped with 
Mellapak 250.YTM structured packing. The specifica-
tions of the absorption column are summarized in 
Table 5. Flue gas was fed into the absorber at the bottom 
of the lowest packing section and lean solvent at the top 
of the fifth packing section (defining the CO2 capture 
section). The water-wash section at the top of the absor-
ber above the lean solvent feed reduces amine losses. 
The water was recycled (stream 14) from the liquid 
collector and cooled to the design temperature prior to 
feeding into the top of the section. Fresh water was 
continuously mixed with the recycled water to prevent 
amine accumulation (for more details refer to[55]). 
Figure 1b shows the absorption column simulated in 
Aspen Plus, version 8.6, in this study. The water-wash 
section of the absorber was split in the simulation sheet 

Figure 1. (a) The absorption column in experimental work by Notz et al.[55] and (b) the simulated absorption column in this work.
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to reduce the convergence time of the process; a splitter 
was used to recycle the washing water.

Notz et al. have reported 47 runs with differing oper-
ating conditions such as CO2 partial pressure in the flue 
gas, liquid and gas temperatures, liquid and gas flowrates 
and CO2 lean loading, which have all been used here to 
validate the model. In our work, we use four pilot plant 
experiments to compare models and to identify the best 
combination of mass transfer and kinetic model. The four 
experiments were selected (i) to be representative of both 
natural gas and coal power plants, and (ii) to have 
a remarkable difference in the CO2 partial pressure in 
the flue gas. Accordingly, experiments 1 and 2 in Notz 
et al. replicate the conditions of a gas-fired power plant 
and a coal-fired power plant, while experiments 6 and 3 
have the highest and lowest CO2 partial pressure in flue 
gas, respectively. For the sake of brevity, the results cor-
responding to experiment 1 (EXP1) and experiment 2 
(EXP2) are shown in this main text, and experiment 3 
(EXP3) and experiment 6 (EXP6) are reported in the 
Supporting Information. Following the identification of 
the most performing combination, the rate-based model 
is assessed using all 47 experiments reported by Notz et al.

Table 6 provides the operating conditions related to 
the selected runs of Notz et al. pilot plant, [55] including 

the flue gas and lean solvent conditions, as well as the 
heat loss of the absorber reported in each experiment. 
Notz et al. reported the precision of their devices in main 
flow measurement in range of 0.2–1% and the accuracy 
of temperature and pressure measurement equal to 0.1° 
C and 1–2 mbar, respectively.

The following equations were used to calculate the 
CO2 loading of the CO2-rich stream, CO2 rich loading 
(molCO2/molMEA), the CO2 capture efficiency, CO2 

captured (%), and the corresponding errors with respect 
to either experimental data or reference simulations: 

CO2captured ¼ CO2;in � CO2;out
� �

CO2;in
� 100 (11) 

CO2 rich loading ¼
m0CO2

m0MEA
(12) 

Absolute Relative Deviation ARDð Þ%

¼
θE � θmj j

θE
� 100 (13) 

Average Absolute Relative Deviation AARDð Þ%

¼

PN
i¼1

θbasei � θij j
θbasei

� �

N

2

6
6
4

3

7
7
5� 100 (14) 

Root Mean Square Deviations RMSDð Þ

¼

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
PM

j¼1 θj � θbasej

� �2

M

v
u
u
t

(15) 

where CO2;in and CO2;out are the inlet and the outlet mass 
flow rates of CO2 (kg∙hr−1) to the absorption column, 
respectively, m0CO2 and m0MEA are the apparent molar 
flow rates of CO2 (mol∙hr−1) and MEA in the CO2-rich 
solvent stream, respectively. θ is the value of a process 
variable: θE is the experimental value, θm is the value 

Table 5. Specification of the CO2 absorber of the pilot plant 
according to selected runs.[55].

Column Specifications

Column internals Structured packing, Sulzer Mellapak 250.YTM

Height of packing in 
Absorber (m)

4.20

Height of packing in 
Washing section (m)

0.42

Packing material Stainless steel
Diameter of columns, 

absorber and washing 
section (m)

0.125

Pressure at the Absorber 
(bar)

1.013

Pressure drop (mbar/m) 1.74

Table 6. Operating conditions of selected runs[55] for model tuning.

Variables

EXP1 EXP2 EXP3 EXP6

Flue gas Lean solvent Flue gas Lean solvent Flue gas Lean solvent Flue gas Lean solvent

Temperature (°C) 48.01 40.03 48.15 40.18 40.61 39.81 47.76 40.05
Pressure (mbar) 1004.49 1004.49 1009.66 1009.66 1007.45 1007.45 1011.29 1011.29
Total flow rate (kg/h) 72.0 200.1 72.4 200.0 72.1 200.0 72.1 200.0
CO2 

(mass fraction)
0.085 0.052 0.165 0.063 0.055 0.048 0.198 0.065

H2O 
(mass fraction)

0.071 0.673 0.069 0.653 0.048 0.665 0.067 0.649

MEA 
(mass fraction)

0.000 0.275 0.000 0.284 0.000 0.287 0.000 0.286

O2 

(mass fraction)
0.101 0.000 0.094 0.000 0.148 0.000 0.092 0.000

N2 

(mass fraction)
0.743 0.000 0.672 0.000 0.749 0.000 0.643 0.000

Absorber Heat loss (W) −81.7 −193.0 −84.8 −349.1
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predicted by the model, i is the segment number along 
the axial discretization of the column (here, i = 1, 2, . . ., 
N = 50), θi is the estimated value at segment i, θbase,i is 
the predicted value by the base case model at segment i, 
j is the segment number within the discretized liquid 
film (here, j = 1, 2, . . ., M = 12), θj is the estimated values 
at segment j, and θbase,j is the predicted value by the base 
case model at segment j.

Results and discussion

In the following, we first report the results for the 
numerical calibration of the rate-based model, and 
thereafter investigate the different building blocks of 
the rate-based models.

Tuning the discretization: column and liquid film

The calibration of the numerical options for modeling 
the system was carried out using (i) the kinetic model 
proposed by Aboudheir et al., [36] (ii) the mass transfer 
correlations by Bravo et al., [88] and (iii) the liquid 
holdup correlation by Bravo et al.[89]

Axial discretization of the column
As previously mentioned, the optimal number of finite 
volumes of the column was identified by comparing the 
model results against a base case with extremely fine 
grid. Table 7 presents the features of the different cases 
tested regarding the CO2 capture section and the water- 
wash section of the absorber. The overall height of the 
packing is fixed as in Notz et al. (CO2 capture 
section = 4.2 m and water-wash section = 0.42 m).[55]

The prediction of the CO2 mass fraction in the gas 
stream exiting the top of the water-wash section for 
different axial discretization of the column is shown in 
Fig. 2. It can be noted that the prediction of the model is 
a strong function of the axial discretization of the col-
umn for a coarse discretization mode, but it tends 
toward an asymptotic value with a finer discretization. 
There exists a threshold for the axial discretization of the 
column for which a finer discretization increases the 
computational demands of the model without affecting 
significantly the results predicted. Ultimately, the mini-
mum number of segments was identified by comparing 
the root mean square deviations (RMSD) of the tem-
perature and CO2 mass fraction in the liquid and gas 
along the packed column (Table 8).

It can be noted that the RMSD is small for the CO2 

concentration in the liquid and in the gas, while it is 
remarkable for the temperature profiles in both the liquid 
and gas. However, for a discretization with less than 0.1 m 
per segment (case 4 in Table 7, highlighted values in Table 

8), all RMSD are below the unit. Accordingly, 55 segments 
(50 segments in the absorber section, 5 in the washing 
section) were chosen as optimal axial discretization num-
ber, i.e., 0.0840 m per axial segment.

Discretization of the liquid film
As mentioned, the base case was set by using the arith-
metic discretization with a discretization increment of 1 

Table 7. Base case and studied cases varying the height 
per segment for the axial discretization of the column.

Case ID

Number of segments height per 
segment (m)CO2 capture section Water-wash section

1 20 2 0.2100
2 30 3 0.1400
3 40 4 0.1050
4 50 5 0.0840
5 60 6 0.0700
6 70 7 0.0600
7 80 8 0.0525
8 90 9 0.0467
9 100 10 0.0420
10 200 20 0.0210
base case 250 25 0.0168

Figure 2. CO2 mass fraction as a function of axial discretization in 
the gas phase at the top of the absorber.

Table 8. The RMSD of 10 cases with respect to the base case.

Case 
ID

Root Mean Square Deviation

Temperature 
(°C) 

(liquid)

Temperature 
(°C) 

(gas)

CO2 mass frac-
tion (g/g) 

(liquid)

CO2 mass frac-
tion (g/g) 

(gas)

1 2.00 2.45 3.93E-04 0.0032
2 1.32 1.59 2.68E-04 0.0021
3 0.96 1.14 2.01E-04 0.0015
4 0.74 0.87 1.63E-04 0.0012
5 0.59 0.69 1.33E-04 0.0009
6 0.48 0.56 1.13E-04 0.0008
7 0.40 0.47 9.67E-05 0.0006
8 0.34 0.39 8.76E-05 0.0005
9 0.29 0.33 7.57E-05 0.0004
10 0.05 0.06 2.19E-05 7.46E-05
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and 50 NDP. The comparative evaluation was carried 
out by using the AARD% considering the CO2 partial 
pressure along the absorber for four selected experi-
ments (EXP1, EXP2, EXP3, and EXP6). Figure 3 reports 
the obtained results for EXP1, while the rest are reported 
in Figure S-4 in the Supporting Information.

As shown in Fig. 3, the curves feature similar AARD% 
profiles as a function of FDR and NDP; these curves 
have a minimum AARD% for FDR of 1.5–5. On the 
other hand, increasing NDP decreases the AARD% for 
a fixed FDR, with significant gain for low FDR, and 
limited effects for FDR larger than five. Lower FDR 
minimizes the AARD% when increasing the NDP, 
obtaining the optimum FDR of 1.5 for NDP equal to 6. 
Table 9 reports the corresponding values of AARD%. It 
is found that: (i) for NDP larger than 5, small changes in 
AARD% were obtained; and (ii) the suitable range of 
FDR values that minimizes the AARD% is broadened 
for larger NDP, although the optimum FDR of 1.5 is 
always obtained for NDP above 5. Therefore, the com-
bination NDP = 6 and FDR = 1.5 provides a low enough 
AARD% value (highlighted value in Table 9) while limit-
ing the computational time of the rate-based simula-
tions. Further comparison of the base case and the 

optimized one in terms of CO2 mass fraction and tem-
perature profiles at interface of two phases along the 
column are presented in Figure S-5 of the Supporting 
Information.

Rate-based model screening and validation

Mass transfer coefficient and effective interfacial area 
correlations and kinetic model
The prediction capabilities of the rate-based model were 
assessed for all combinations of: (i) four mass transfer 
coefficients and effective interfacial area correlations 
available in Aspen Plus, version 8.6, for the Mellapak 
250.YTM structured packing, and (ii) the kinetic models 
presented in Tables 2 and 3. The liquid holdup correla-
tion proposed by Bravo et al.[89] was used in all cases. 
Figure 4 shows the liquid temperature profile predicted 
by each rate-based model along with the experimental 
data for EXP1. It is worth underlining that the tempera-
ture at 4.2 m represents stream M2 after the mixer in Fig. 
1b; accordingly, the temperature profile between h = 4.-
2–4.62 m corresponds to the water-wash section, where 
no experimental data are available except for the tem-
perature of the liquid stream entering at the top of the 
column (stream 15 in Fig. 1a). As shown in Fig. 4, the 
lowest liquid temperature occurs at the top of the col-
umn where the lean amine and the outlet of the water- 
wash section are mixed; as the solvent flows down 
through the column, the exothermic reaction between 
CO2 and MEA increases the temperature. This leads to 
a temperature maximum within the column. The shape 
and location of the maximum is related to the flow rate 
of liquid and flue gas, to the solvent composition, to the 
heat of reaction, and to the CO2 absorption rate along 
the absorption column.[96]

Clearly, all rate-based models feature similar trends, 
which are in line with the experimental data, except 
those using the Bravo et al. correlation from 1992, 
which underestimates the effective interfacial area[89] 

(Fig. 4b). Moreover, the models using the mass transfer 
correlations from Billet and Schultes[85] (Fig. 4c) show Figure 3. The AARD% of trial cases with respect to the base case.

Table 9. The AARD% of trial cases with different NDP and FDR with respect to the base case, considering the CO2 partial pressure along 
the absorber for the computation of the AARD%, at the operating conditions of EXP1.

AARD%

2 3 4 5 6 7 8 9
1 8.96209 4.02896 2.04546 1.24505 1.04185 1.01351 1.00671 0.99989
1.5 7.41210 3.00015 1.23149 0.5269 0.48506 0.48618 0.45112 0.4510
2 5.39967 1.30764 0.55309 0.51925 0.48645 0.48669 0.45121 0.45117
2.5 4.01304 0.61699 0.55484 0.52110 0.48708 0.48693 0.45128 0.45118
3 2.82181 0.65236 0.58293 0.54389 0.50832 0.50766 0.47185 0.47177
3.5 1.86326 0.68807 0.60536 0.56413 0.52829 0.52752 0.49180 0.49173
4 1.10849 0.6645 0.60249 0.56494 0.53013 0.52976 0.60882 0.49408
5 1.11047 0.86182 0.80099 0.7638 0.72919 0.72897 0.65128 0.69328
6 1.65418 1.33319 1.26324 1.22529 1.19069 1.1905 1.05334 1.11654
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higher deviations from the pilot data compared to the 
two other mass transfer correlations. This deviation 
likely arises from the correlation constants being based 
on a different type of structured packing (see section 
2.3.1.); although the estimated constants of Mellapak 
250.YTM were based on a packing with the same surface 
area, they were from different vendors and have different 
geometries (different degree of corrugation). Such dif-
ferences may lead to inaccurate results of the models 
using Billet and Schultes[85] mass transfer correlation. 
The mass transfer correlation proposed by Hanley and 
Chen[87] (Fig. 4d) performs similar to Bravo et al. corre-
lation from 1985[88] (Fig. 4a), with slightly higher tem-
perature predictions along the absorption column.

When looking at the different kinetic models tested, 
we note that, in general, the kinetic models assuming 
termolecular mechanism are more accurate than those 
using second-order models. The key reason behind this 
result is that most of the second-order rate constants 
presented in Table 2 were obtained using aqueous 

solutions containing very low MEA concentration, 
where second-order kinetics seems to describe properly 
the reaction mechanism of CO2 with MEA. On the other 
hand, the kinetic models based on a termolecular 
mechanism (Table 3) were selected when a wide range 
of MEA concentration had been used for the modeling 
of kinetics of the aforementioned reaction, similar con-
ditions to those used in the pilot plant tests. Finally, we 
believe that the different results obtained with Putta’s 
kinetic model[74] are because of the different thermody-
namic model used for the parameter estimation 
(although the kinetics of the reaction of CO2 with 
MEA in Putta are for a wide range of MEA concentra-
tions and based on the termolecular mechanism).

Figure 5 illustrates the prediction of the CO2 partial 
pressure along the column for the different models and 
mass transfer correlations for EXP1 (as for temperature 
in Fig. 4). As expected, the results are similar to what 
obtained for the liquid temperature profile: Bravo- 
1992[89] and Billet[85] fail to match the experimental 

Figure 4. Liquid temperature profiles reported by Notz et al.[55] for their pilot plant test identified as EXP1 in Table 6, and predicted 
results by rate-based models using different kinetic models (reported in Table 2 and Table 3) and mass transfer correlations: (a) L. Bravo 
et al.,[88] (b) L. Bravo et al.,[89] (c) Billet and Schultes,[85] and (d) Hanley and Chen.[87].
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data, and the kinetic models based on a termolecular 
mechanism outperform those using a second-order 
reaction mechanism. In fact, Aboudheir et al., [36] Luo 
et al.-2012, [73] and Luo et al.-2015-Model c[6] provide 
the most accurate predictions, in all cases describing the 
reaction of MEA with CO2 by means of the termolecular 
mechanism. The predicted mass fraction of CO2 and the 
values of average absolute deviation from pilot data are 
reported in Figure S-6 and Table S-2 of the Supporting 
Information, respectively.

For the sake of conciseness and clarity, only the most 
promising combinations of mass transfer and interfacial 
area correlations and kinetic models were selected for 
further performance analysis and comparison. This 
resulted in the 8 cases specified in Table 10, which are 
based on two different mass transfer correlations and 
four kinetic models. The selection was based on the 
lower deviation from experimental data shown in Fig. 
4, Fig. 5, and Table S-2 of the Supporting Information. 
Additionally, and only for comparison purposes, the 
kinetic model proposed by Hikita et al.[38] was selected 

as exemplary case of a model considering second-order 
kinetics for the reaction of CO2 with MEA and whose 
parameter estimation has been carried out using diluted 
aqueous MEA solutions.

The liquid temperature, CO2 partial pressure, and CO2 

mass fraction profiles based on EXP2 of pilot data are 
presented in Fig. 6. Models M3, M5, and M7 predict the 
three assessed profiles equally well, with the 5 other cases 
featuring larger deviation. This confirms that the mass 
transfer correlation of Bravo et al.[88] is more appropriate 
than the mass transfer correlation of Hanley et al.[87] 

Moreover, M3, M5, and M7 use the termolecular kinetic 

Figure 5. CO2 partial pressure profiles predicted by models with different kinetic models and mass transfer correlations: (a) L. Bravo 
et al.,[88] (b) L. Bravo et al.,[89] (c) Billet and Schultes,[85] and (d) Hanley and Chen[87] based on EXP1 of pilot data.

Table 10. The selected cases for further analysis.
Model ID Mass transfer correlation Kinetic model

M1 Bravo et al.[88] Hikita et al.[38]

M2 Hanley et al.[87] Hikita et al.[38]

M3 Bravo et al.[88] Aboudheir et al.[36]

M4 Hanley et al.[87] Aboudheir et al.[36]

M5 Bravo et al.[88] Luo et al.[73]

M6 Hanley et al.[87] Luo et al.[73]

M7 Bravo et al.[88] Luo et al.[6]-Model c
M8 Hanley et al.[87] Luo et al.[6]-Model c
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models of Aboudheir et al., [36] Luo et al.-2012, [73] and 
Luo et al.-2015-Model c, [6] respectively, while the con-
sideration of a second-order kinetic model leads to pre-
dictions far from the experimental results. Further 
profiles in conditions of EXP3 and EXP6 for M1-8 are 
reported in figure S-7 of the Supporting Information.

The AARD% for EXP1 and EXP2 were ultimately 
calculated to select the best model (Table 11). Models 
M3 to M8 predict temperature profiles with deviation 
under 2% and 4% for EXP1 and EXP2, respectively. In 
term of CO2 partial pressure (PCO2 ) AARD% was about 
6% and 4% for EXP1 and EXP2, respectively. The sig-
nificant deviation for the prediction of CO2 partial pres-
sure of EXP1 is likely due to the very low CO2 partial 
pressure at the inlet flue gas of this experiment. This is 
consistent with previous reports in the case of low con-
centration of CO2.[26,43] The combination Bravo et al.[88] 

and the kinetic model of Aboudheir et al.[36] (M3 as 
highlighted in Table 11) leads to the best result. This 
might come from (i) the experimental conditions used 
by Aboudheir et al., which are similar to the pilot plant 
tests, (ii) the utilization of the termolecular mechanism 
for the reaction of CO2 with MEA that is able to repro-
duce a reaction rate order with respect to MEA concen-
tration between 1 and 2, and (iii) the application of the 
penetration theory for the estimation of the kinetic 
parameters instead of the two-film theory with 

enhancement factor, which requires the assumption of 
pseudo-first-order kinetics. Indeed, as shown by Liu 
et al., [53] higher CO2 partial pressure in the flue gas and 
NH3 concentration and CO2 loading in the liquid lead to 
significant depletion of the NH3 concentration within 
the liquid film, from the bulk liquid to the vapor-liquid 
interphase, limiting the validity of the pseudo-first-order 
approach. In terms of CO2 mass fraction in the liquid 
phase (wCO2 ) all models M3 to M8 show low deviations. 
The AARD% values based on EXP3 and EXP6 are 
reported in Table S-3 of the Supporting Information.

Further comparisons (Table 12) included important 
process variables predicted by these 8 models for EXP1 
and EXP2: temperatures of outlet gas and liquid, CO2 

mass fraction in outlet liquid (wCO2 ), partial pressure of 
CO2 in outlet gas (PCO2 ), CO2 rich loading (αCO2 ), and 
CO2 capture efficiency. The highlighted values in Table 
12 identify the cases with lowest error. M3 and M7 
features the lowest ARD% based on EXP1 and EXP2, 
respectively. Considering the experimental conditions, 
we can conclude that M3 is better for CO2 capture 
process from natural gas power plant-like flue gases, 
while M7 is better for coal-fired power plant-like flue 
gases. The predicted values based on EXP1, EXP2, EXP3, 
and EXP6 of pilot data are reported in Tables S-4 and 
S-5 of the Supporting Information.

Overall, when considering the average of both ARD% 
and AARD% from experimental data EXP1, EXP2, 
EXP3, and EXP6 (with equal weight for all cases) M3 is 
the best performing model, as shown in Table 13. Such 
results have been confirmed from the ANOVA statistical 
analysis that, for the sake of readability, have been 
included in the Supporting Information (Figure S-8).

The effect of different holdup correlations was stu-
died based on the selected model (M3). The three avail-
able holdup correlations in Aspen Plus rate-based 
framework, which include Bravo et al., [89] Stichlmair 
et al., [95] and Billet and Schultes[85] were used for the 
holdup calculation. It should be noted that the holdup 

Figure 6. Prediction of (a) temperature profiles, (b) CO2 partial pressure profiles, and (c) CO2 mass fraction profiles by 8 selected rate- 
based models based on EXP2 of pilot data.

Table 11. The calculated AARD% of eight studied cases based on 
EXP1 and EXP2.

Model 
ID

EXP1 EXP2

Temperature 
(°C)

PCO2 

(mbar)
wCO2 

(g/g)
Temperature 

(°C)
PCO2 

(mbar)
wCO2 

(g/g)

M1 2.453 6.163 2.960 5.235 11.193 4.166
M2 2.685 9.076 2.201 5.771 12.749 4.750
M3 1.738 3.927 2.555 3.006 3.567 1.762
M4 1.453 9.995 1.732 3.728 5.831 1.827
M5 1.271 9.311 2.289 3.216 4.142 1.417
M6 1.130 13.723 1.761 3.854 5.988 1.706
M7 0.998 12.449 2.162 3.423 4.078 1.695
M8 0.961 15.671 1.880 3.974 6.249 1.854
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correlation by Bravo et al.[89] had been fixed so far. 
When comparing the process variables, no remarkable 
difference between the implemented correlations are 
found. For both EXP1 and EXP2, the difference of 
obtained ARD% between different models are in the 
order of 10−3 which can be neglected.

Analysis of the best performing model
The overall performance assessment of the rate-based 
model of the CO2 absorber selected in this work, M3, 
was carried out. Figure 7 depicts the parity plots of 
model predictions for the CO2 rich loading (liquid 
phase) and CO2 capture efficiency (gas phase) based on 

all 47 experiments of Notz et al. pilot data.[55] As is shown 
in Fig. 7, M3 is able to predict all 47 experiment within an 
error range of ±7% (indicated by dashed lines).

Additionally, we have compared in Table 14 the key 
features of our selected rate-based model M3 with other 
rate-based models proposed in literature built upon 
Notz et al. experimental data.

First of all, the model proposed in this work has been 
tested using all experimental data. While the models 
presented by Aspen Technology, [50] Kale et al., [56] 

and Li et al., [52] might perform better for selected 
experiments, their performance is uncertain for the 
pilot tests not considered in the model development. 
Therefore, we believe our model is overall more reliable 
compared to those available in the open literature. As 
a matter of fact, only Luo and Wang[47] validated the 
model using a significant amount of available experi-
ments, i.e., 22 out of 47 reported by Notz et al.[55] 

Aiming at comparing the performance of the rate- 
based model proposed in this work and that of Luo 
and Wang, Table 15 compares the AARD% obtained 
by means of each model for the prediction of the experi-
mental values of the CO2 capture efficiency and of the 

Table 12. The value of ARD % of different process variables, predicted by eight studied cases with based on EXP1 and EXP2.

Model 
ID

EXP1 EXP2

Temperature 
(°C), 

(Liquid 
outlet)

Temperature 
(°C), 

(Gas outlet)

wCO2 (g/ 
g), 

(Liquid 
outlet)

PCO2 

(mbar), 
(Gas 

outlet)

αCO2  

(molCO2/ 
molMEA)

CO2 cap-
tured (%)

Temperature 
(°C), 

(Liquid 
outlet)

Temperature 
(°C), 

(Gas outlet)

wCO2 (g/ 
g), 

(Liquid 
outlet)

PCO2 

(mbar), 
(Gas 

outlet)

αCO2  

(molCO2/ 
molMEA)

CO2 cap-
tured (%)

M1 2.430 3.719 2.596 11.372 2.620 3.412 0.072 4.857 6.722 16.948 6.895 17.747
M2 2.210 3.815 2.439 9.848 2.497 2.997 0.227 3.257 8.096 21.661 8.323 22.129
M3 2.035 3.403 0.983 6.294 0.938 2.116 0.200 8.663 2.726 3.173 2.785 5.110
M4 2.113 4.446 0.774 25.376 0.868 8.063 0.341 7.776 3.465 5.685 3.562 7.489
M5 2.302 4.072 0.119 18.355 0.211 5.890 0.423 9.326 2.142 1.151 2.194 3.293
M6 2.252 4.963 1.568 34.031 1.693 10.772 0.456 8.186 3.095 4.406 3.187 6.335
M7 2.450 4.448 0.741 25.174 0.860 8.024 0.588 9.633 1.913 0.353 1.966 2.593
M8 2.306 5.249 1.989 38.615 2.129 12.207 0.539 8.345 2.979 4.000 3.071 5.980

Table 13. The average of deviations of models from all four 
experiments. The best performing model is highlighted.

Model ID Average of ARD% Average of AARD%

M1 6.450 5.571
M2 7.021 5.583
M3 5.499 3.965
M4 6.694 4.842
M5 5.990 4.012
M6 9.849 5.352
M7 28.253 13.642
M8 6.030 5.369

Figure 7. Parity plots of rate-based model, M3, predictions and the experimental data reported by Notz et al..[55] (a) Rich CO2 loading 
(molCO2.mol−1

MEA) and (b) CO2 captured efficiency (%).
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rich CO2 loading reported in the same 22 experiments 
from Notz et al. used by Luo and Wang for the valida-
tion of their model. Additionally, Table 15 provides the 
AARD% obtained using the model proposed in this 
work for all 47 experiments of Notz et al.

The AARD% obtained by means of the model of Luo 
and Wang[47] are smaller than the AARD% resulting 
from applying the model proposed in this work for the 
22 experiments of Notz et al. used by Luo and Wang. 
Nevertheless, the AARD% obtained by the model pro-
posed in this work is lower than 4% in all cases, even 
when reproducing all 47 experiments of Notz et al. In 
addition, Fig. 8 compares the profiles along the column 
predicted by these two models of the temperature and 
the CO2 mass fraction in the liquid phase for three 
exemplary experiments of Notz et al. It is worth noting 
that while the water-wash section has been included in 
the validation of our model, Luo and Wang[47] only 
focused on the CO2 capture section of the absorber. 
Although both models are able to capture the trends 
and reproduce the profiles along the column, the 
model of Luo and Wang[47] appears to be less accurate 
despite the larger number of liquid film discretization 
points (20 instead of having 6 as in our case).

It is worth noting that only our rate-based model 
considers the experimental heat losses reported in lit-
erature (Luo and Wang[47] do not specify if the heat loss 
values were considered in their model validation). 

However, it is expected that heat loss is minimized in 
test rigs by means of proper insulation of the process 
units and piping, so that neither the model selection nor 
the performance of the model is affected if experimental 
heat loss values are neglected. The performance of our 
model with and without considering the experimental 
heat loss values is provided in the Supporting 
Information: Figure S-9 and Table S-7.

Considering all the features aforementioned, the rate- 
based model proposed in this work can be regarded as 
a significant advancement in the state of the art for the 
simulation of the CO2 absorber (and water-wash col-
umn) of post-combustion CO2 capture processes using 
aqueous MEA solutions, thus making it suitable for full 
process simulation and optimization.

Conclusion

Rate-based modeling of the CO2 capture process using 
MEA solvent was performed using Aspen Plus, the 
e-NRTL method for liquid phase properties, and the 
SRK equation of state for vapor phase properties. The 
results of the 47 pilot plant experiments reported by 
Notz et al.[55] were used to calibrate the model and assess 
its accuracy. Aiming at an accurate, yet computationally 
efficient rigorous rate-based model, the axial discretiza-
tion of the column and the liquid film discretization 
were analyzed for the absorber column. The application 
of different combinations of reaction kinetics and mass 
transfer and interfacial area correlations available in the 
literature showed that a proper selection is of paramount 
importance for the accuracy of the rate-based model. 
Those kinetic models obtained at typical operating con-
ditions of the CO2 absorber of the CO2 capture plant 
that use the termolecular mechanism to describe the 
reaction between CO2 and MEA in the liquid phase led 
to the most accurate predictions of the experimental 
results. Compared to the rate-based models available in 
the literature for the same unit operation and solvent 

Table 14. Main features of different CO2 capture rate-based models available in literature implemented in Aspen Plus for the CO2 

absorber of post-combustion CO2 capture processes using aqueous MEA as solvent.

Variables

Aspen Technology[50] Kale et al.[56] Li et al.[52] Luo and Wang[47] This work

Characteristics of models

Mass transfer correlation Bravo et al.[88] Rocha et al.[97] Bravo et al.[88] Billet and schultes[85] Bravo et al.[88]

Kinetic parameters Hikita et al.[38] Hikita et al[38] Hikita et al[38] Hikita et al[38] Aboudheir et al.[36]

Thermodynamic model e-NRTL e-NRTL e-NRTL e-NRTL e-NRTL
Vapor EOS RK SRK RK PC-SAFT SRK
Axial discretization (m/segment) 0.233 0.168 0.21 0.105 0.084
Type of film discretization Geometric Not specified Geometric Not specified Geometric
NDP 5 1 5 20 6
FDR 5 1 5 Not specified 1.5
Number of experiments used for validation of model 1 2 6 22 47(All experiments)
Column heat loss NO* NO NO Not specified YES

*NO: not considered

Table 15. The AARD% of the rate-based model proposed in this 
work and by Luo and Wang[47] with respect to the experimental 
results reported for the pilot tests of Notz et al.

Variable

Luo and 
Wang[47] 

(22 experi-
ments)

This work 
(same 22 experi-

ments used 
for validations by 
Luo and Wang)

This work 
(all 47 

experiments)

CO2 capture level (%) 1.78 3.51 3.94
Rich CO2 loading  

(molCO2/molMEA)
1.54 2.00 1.86
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system, the rate-based model developed in this work can be 
considered to be: (i) more reliable, since it has been vali-
dated using a greater number of pilot plant experiments, 
(ii) more accurate, not only when predicting the specifica-
tions of the outlet streams but also the experimental pro-
files along the column, and (iii) computationally more 
efficient since it does not require a complex discretization 
of the liquid film. Thus, summarizing, its reliability, accu-
racy, and computational efficiency make the rate-based 
model proposed an advanced tool for the simulation and 
optimization of post-combustion CO2 capture processes 
using an aqueous MEA solution as absorbent.
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Compared to the rate-based models available in the literature 
for the same unit operation and solvent system, the rate-based 
model developed in this work can be considered to be: (i) 
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also the experimental profiles along the column, and (iii) 
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computational efficiency makes the rate-based model pro-
posed in this work an advanced tool for the simulation and 
optimization of post-combustion CO2 capture processes using 
an aqueous MEA solution as absorbent. In addition, we pro-
vide not only guidelines to implement a framework in Aspen 
Plus to simulate CO2 capture using aqueous MEA but also 
a comprehensive procedure to implement rate-based models 
for new solvents in reactive absorption process simulation. In 
this research work, the complications of CO2 capture and 
provide a versatile model for the simulation and optimization 
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