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Solvent-based post-combustion CO2 capture technologies are key to timely decrease industrial CO2 emis-
sions. However, the flue gas composition differs among different industries so that different optimal
operating conditions are expected. This work provides a methodology to determine the operating condi-
tions that minimize energy consumption and maximize productivity of the capture process, for given flue
gas composition and process specifications, while keeping the time required for process development at a
minimal level. Firstly, it carries out a comprehensive selection and calibration of the model. Secondly, it
applies a step-wise heuristic optimization procedure. In this work, this methodology has been demon-
strated by means of the Chilled Ammonia Process (CAP) applied to cement plants. The optimal CAP oper-
ation has led to reboiler duties as low as 2.1 MJth kg�1

CO2captured
, while maintaining the productivity of the

CO2 absorber, thus the column height, at values similar to those typical of the power plant application.
� 2020 The Authors. Published by Elsevier Ltd. This is an open access article under theCCBY license (http://

creativecommons.org/licenses/by/4.0/).
1. Introduction

Industrial processes are responsible for 20–25% of global green-
house gas emissions (GCCSI, 2017; International Energy Agency,
2017), with the iron and steel production and the cement industry
alone responsible for more than 50% of industry-related CO2 emis-
sions (International Energy Agency, 2017). Approximately 25% of
industrial CO2 emissions are intrinsic to the process and can be
avoided either by changing the product, thus the process, com-
pletely, or by applying CO2 capture and storage. While the former
could be preferred in the long term (yet changing steel and cement
production has proved very difficult), the latter would allow to
timely decarbonize such key emitters as they are. Especially for
cement production, where 60% of CO2 emissions stem from the cal-
cination of limestone (CaCO3) to produce CaO, decarbonization
relies on the deployment of carbon capture and storage technolo-
gies (International Energy Agency, 2018). Among them,
absorption-based post-combustion technologies are a commercial,
suitable option for CO2 capture from industrial point sources: they
allow for retrofitting without affecting the industrial manufactur-
ing process (Bui et al., 2018; Hills et al., 2016). Additionally,
solvent-based CO2 capture processes can efficiently use the waste
heat available in the industrial plant for partial regeneration of
the solvent and, most importantly, can use the experience acquired
in their application to chemical and power plants (Ho and Wiley,
2016). There exist several commercial solutions for post-
combustion capture (PCC) processes offered by, e.g., Fluor and Mit-
subishi Heavy Industries (MHI) using proprietary amine solutions
as solvent (Rochelle, 2016). Solvent-based processes have been
extensively developed, validated and demonstrated at different
scales in their application for CO2 capture to coal- and natural
gas-fired power plants (Boot-Handford et al., 2014). This includes
pilot and demonstration plant projects using aqueous solutions
containing monoethanolamine (MEA) (Cousins et al., 2012; Kwak
et al., 2012; Mangalapally and Hasse, 2011; Notz et al., 2012;
Lemaire et al., 2014; Stec et al., 2016) and mixtures with methyl-
diethanolamine (MDEA) (Idem et al., 2006; Sakwattanapong
et al., 2005), piperazine (PZ) (Cousins et al., 2015; Rochelle et al.,
2019) and mixtures with 2-amino-2-methyl-1-propanol (AMP)
(Mangalapally et al., 2012; Rabensteiner et al., 2016), other amines
and blends of amines (Mangalapally et al., 2012; Rabensteiner
et al., 2014a; Raynal et al., 2011; Liebenthal et al., 2013; Zhang,
2013; Abu-Zahra et al., 2013), ammonia (NH3) (Bollinger et al.,
2010; Telikapalli et al., 2011; Lombardo et al., 2014; Augustsson
et al., 2017), potassium carbonate (K2CO3) (Anderson et al., 2013;
Smith et al., 2014; Anderson et al., 2014) or amino acids
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(Rabensteiner et al., 2014b; Rabensteiner et al., 2015). Further-
more, two large scale commercial plants for CO2 capture from
coal-fired power plants using solvents are in operation (Bui et al.,
2018), i.e. Boundary Dam Carbon Capture Project (2020) and
Petra Nova (2020).

While exhausted flue gases resulting from gas- and coal-fired
power plants may contain CO2 concentrations ranging from about
3–4 vol% (Bui et al., 2016), industrial processes generate flue gases
with CO2 concentrations between 7 and 44 vol% (Bui et al., 2016).
Specifically, steel and iron manufacturing produces several gas
streams with different CO2 concentrations ranging between 5
and 30 vol% (Carpenter, 2012), while cement manufacturing pro-
duces a single flue gas stream with an average CO2 concentration
between 14 and 33 vol% (Psarras et al., 2017), depending on the
plant configuration. In order to cope with the higher CO2 concen-
tration in the flue gas, a change in the optimal operating conditions
of solvent-based capture processes is expected with respect to the
application to power plants (Ho and Wiley, 2016; Andersson et al.,
2016). However, solvent-based capture technologies are complex
processes whose development, design and optimization following
scientific criteria require: (i) detailed process model, (ii) model val-
idation with lab and pilot experiments, (iii) sensitivity analyses,
and (iv) multi-objective optimization (Abu-Zahra et al., 2016). As
a consequence, techno-economic studies available in literature
applying absorption-based capture processes to industrial CO2

point sources (Hegerland et al., 2006; Barker et al., 2009;
Kuramochi et al., 2012; Arasto et al., 2013; Gazzani et al., 2015;
Andersson et al., 2016; Leeson et al., 2017) do not carry out a ded-
icated capture process design and optimization; they use instead
operating conditions resulting from the optimization of solvent-
based capture processes applied to gas- and coal-fired power
plants (Abu-Zahra et al., 2016). There exist few simulation studies
applying solvent-based post-combustion capture processes to flue
gas streams containing CO2 concentration representative of indus-
trial processes, but these either do not use the current state-of-the-
art process configuration (Tobiesen et al., 2007; Hasan et al., 2012)
or do not specify how the operating conditions are identified
(Dubois et al., 2017; Laribi et al., 2019). On the other hand, there
is no literature discussing operating conditions for the existing
industrial large-scale demonstration of CO2 capture plants applied
to: (i) steel and iron manufacturing (the Emirates Steel Indsutries
(ESI) CCS Project (GCCSI, 2017)), and (ii) cement production (the
pilot plant in Brevik, Norway (Bjerge and Brevik, 2014)).

In this context, this work aims at providing a methodology to
optimize absorption-based post-combustion CO2 capture pro-
cesses when applied to point sources with different CO2 concentra-
tions in the inlet flue gas, and/or when new specifications of CO2

capture efficiency and/or CO2 purity are set, but reducing substan-
tially the time required for process development, i.e. from years to,
e.g. months. As a result, a set of operating conditions that mini-
mizes the energy consumption and that maximizes the productiv-
ity of the process is selected for given input data and process
specifications. This methodology requires: (i) the selection and cal-
ibration of the model using the information and data available in
literature, which is shown in Section 3; and, (ii) a framework that
allows for the sequential simulation and optimization of the pro-
cess, which is presented in Section 4, and that starts with the sim-
ulation of the core unit, i.e. the CO2 absorber, and that ends with
the optimization of the full capture process. In order to decrease
the required time, a combination of empirical choices and sound
interpolations and extrapolations are included in the procedure,
which at the same time tries to keep as much as possible of the rig-
orous approach. Notably, new experimental campaigns are
avoided, relying on the information available in literature. Addi-
tionally, the application of this methodology will: (i) provide the
information required for the technical evaluation and cost analysis
of the solvent-based capture process in its application to the type
of new point source; (ii) allow to untangle the key process features
and effects of the input parameters considered; and, (iii) allow to
identify opportunities for further improvement of the process
and development of the model.

A case study is used to illustrate the optimization methodology
proposed in this work, whose results are presented in Section 5.
The development, demonstration and analysis of the method con-
sider the application of the Chilled Ammonia Process (CAP) to
cement plants. In fact, the CAP is one of the few commercial tech-
nologies for post-combustion CO2 capture from power plants
(Bollinger et al., 2010; Telikapalli et al., 2011; Lombardo et al.,
2014; Augustsson et al., 2017) that has also been considered for
cement application within the EU-H2020 project CEMCAP
(Abanades et al., 2019). Cement manufacturing has been selected
not only because of the high intrinsic CO2 emissions associated
with the process, which differs significantly from power plants,
but also because of the availability of flue gas specifications. A typ-
ical European cement plant using the Best Available Technology
(BAT), as defined in cooperation with the European Cement
Research Academy (ECRA), generates two different flue gas compo-
sitions, one containing 18 vol% of CO2, hereinafter referred to as
‘‘Cement Case 18”, and another one containing 22 vol% of CO2,
hereinafter referred to as ‘‘Cement Case 22”. A flue gas containing
14 vol% of CO2 and generated in an ultra-supercritical (USC) pul-
verized coal power plant, as defined by Sutter et al. (2016), has
been considered as representative of coal-fired power plants (here-
inafter referred to as ‘‘Power Case”). Table 1 shows the characteris-
tics of the flue gases considered in the case study presented in this
work.

Additionally, the process specifications and constraints consid-
ered for this case study, given in Table 2, are those used by
Sutter et al. (2016) when applying the CAP to the Power Case. It
is worth mentioning that the CAP is always designed in this case
study to avoid the formation of solids in the process; avoidance
of solid formation within the packings or within other sections of
the process that are not specifically designed for solid handling
prevents blockages and associated operational issues.

Notably, the results of the case study here presented have been
used by Voldsund et al. (2019) and Gardarsdottir et al. (2019) for
the techno-economic analysis of the CAP and for the comparison
with other capture technologies when applied to cement plants.
Nevertheless, it is worth noting that the methodology here pre-
sented applies to different CO2 concentrations and process specifi-
cations as well as to different solvents.
2. Solvent-based capture processes

CO2 capture processes using aqueous amines as solvents consist
of multiple sections, where CO2, impurities and solutes are
removed, recycled or reclaimed. In general, we can recognize:

(i) CO2 capture section. This is the core part of the process. The
CO2 contained in the flue gas entering the bottom of the CO2

absorber is transferred to the liquid flowing down counter-
currently, resulting in a CO2-depleted flue gas stream. The
CO2-lean solvent is regenerated thermally in a desorber, pro-
ducing a CO2 gas stream. Furthermore, a rich/lean counter-
current heat exchanger is used to minimize the thermal
energy required in the CO2 desorber, with a cold-rich bypass
that allows for decreasing the energy required for regenera-
tion (Lin et al., 2014) by addressing the imbalance of heat
capacities between the CO2-lean and CO2-rich stream
(Boot-Handford et al., 2014). In addition, liquid solvent
intercooling and/or recycling in the CO2 absorber are imple-



Table 1
Exhaust flue gas characteristics.

Variable Units Power Case Cement Case 18 Cement Case 22

Total flowrate [kg/s] 650 107 88
Temperature [�C] 90 110 130
Pressure [bar] 1.1 1.1 1.1
Composition [mole frac.]
yair 0.738 0.730 0.670
yCO2

0.141 0.180 0.220
yH2O 0.121 0.090 0.110

Table 2
Specifications and constraints of the optimization of the CAP applied to cement plants
for CO2 capture.

Specifications
CO2 capture efficiency (w) [–] � 0.9
CO2 gas stream to compression

Temperature [�C] 35

NH3 concentration (yCO2comp;in
NH3

) [ppmv] < 50

CO2 purity [vol%] > 99

Constraints
Formation of solids Avoided
CO2 desorber reboiler temperature (Treb;CO2

) [�C] < 150
NH3 concentration in the CO2- and NH3-depleted flue gas to acid

washing [ppmv]
< 200
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mented to reduce the specific packing cost (Rochelle, 2016)
as well as the energy required for solvent regeneration
(Sachde and Rochelle, 2014).

(ii) Flue gas pre-conditioning section. This section serves two
purposes. On the one hand, the hot flue gas is cooled down
to temperatures similar to those existing at the top of the
CO2 absorber, i.e. 30–40�C (Rochelle, 2016). The temperature
is typically chosen to avoid the accumulation of water in the
solvent stream circulating within the CO2 capture section.
On the other hand, pretreatment of the flue gas stream is
required to remove impurities that otherwise would lead
to amine solvent degradation (Nwaoha et al., 2017). Flue
gas treatment technologies are installed in power plants
and industrial processes in order to meet regulations regard-
ing concentration of impurities (Meuleman et al., 2016);
additionally, complete removal of SO2, inorganic chlorine
compounds and fly ash can be achieved by caustic aqueous
solutions (Boot-Handford et al., 2014) or by sea water scrub-
bing (Hegerland et al., 2006). Aqueous NH3 solutions are able
to remove not only SO2, but also NO2 by forming valuable
by-products such as ammonium sulphate ((NH4)2SO4) and
ammonium nitrate (NH4NO3) salts (Meuleman et al., 2016),
respectively, which avoids the formation of toxic degrada-
tion amine compounds such as nitrosamines (Boot-
Handford et al., 2014; Reynolds et al., 2016).

(iii) CO2 water-wash (CO2-WW) section. Gaseous amine losses
exiting the CO2 desorber are limited by means of a direct
contact cooler (DCC) using a liquid water stream flowing in
counter-current with the CO2 gaseous stream.

(iv) CO2 compression section. The purified CO2 gas stream is
compressed to supercritical conditions to meet the specifica-
tions required for transportation and storage.

(v) Flue gas water-wash (FG-WW) section. The CO2-depleted
flue gas exiting the CO2 absorber might contain significant
amounts of amine solvent, depending on the amine partial
pressure at typical operating conditions found at the CO2

absorber top (Nguyen et al., 2010). Additionally, it might
contain significant concentration of volatile compounds,
such as organic acids or NH3, resulting from the oxidative
degradation of the amine at CO2 absorber conditions
(Gouedard et al., 2012; Mazari et al., 2015) or from the
NH3 solution itself. Therefore, this stream is further treated
in a flue gas water-wash section, which generally consists
of a water-based absorption unit.

(vi) Recovery section. Heavy compounds are generated by ther-
mal degradation of the amine (referred to as amine degrada-
tion heavy compounds (ADHC) hereinafter) at CO2 desorber
conditions, while heat stable salts (HSS) accumulate in the
solvent due to the dissolution of acidic compounds from
the flue gas, i.e. SO2 and NO2. Therefore, a slipstream is
purged from the CO2 absorption–desorption main loop to
avoid the accumulation of ADHC and HSS in the solvent
(Reynolds et al., 2016; Nwaoha et al., 2017). Thermal recla-
mation allows for the recuperation of amine solvent and
captured CO2 from the purged stream, which is recycled to
the CO2 capture section and thus decreases the flowrate of
fresh amine make-up (Kentish, 2016).

(vii) Flue gas heating section. The need for such section depends
on local regulations and environmental constraints, and on
the temperature of the flue gas exiting the FG-WW section.
In general, a direct contact heater (DCH) is utilized to
increase the temperature of the clean CO2-depleted flue
gas before reaching the stack: this is required to achieve a
wide spread of the vapour plume. In the DCH, the water
heated up in the flue gas pre-conditioning section is used
flowing counter-currently with the clean flue gas. This heat
integration allows for decreasing the cooling demand as well
as the flowrate of purged water.

The seven sections described above are evident in the CAP,
whose process flow diagram (PFD) is shown in Fig. 1. The main
additional complexity of the CAP stems from the high volatility
of the solvent, and thus from the necessity of limiting and control-
ling NH3 losses and emissions. Therefore, the CAP requires some
adaptations with respect to general amine-based CO2 capture pro-
cesses, as follows:

� A slip stream of the cold CO2-rich stream, the so-called absorber
pumparound, is cooled, chilled and sent to the top of the CO2

absorber in order to minimize the NH3 slip to the gas. The lower
the temperature and the higher the CO2 loading in the pump-
around, the lower the equilibrium partial pressure of NH3 thus
the NH3 concentration in the CO2-depleted flue gas leaving the
CO2 absorber. However, a minimum temperature exists for each
pumparound composition in order to avoid solid formation
(Sutter et al., 2015).

� Differently to amines, the amount of NH3 contained in the CO2-
depleted flue gas entering the NH3 absorber can reach concen-
trations as high as 2,000 to 15,000 ppmv (Sutter et al., 2016).
Therefore, the FG-WW section not only consists of an absorber,
but it also requires a desorption unit in order to minimize sol-
vent and CO2 losses. The gas stream leaving the top of the
NH3 desorber, which is rich in CO2 and NH3 is recycled to the



Fig. 1. Process Flow Diagram (PFD) of the CAP.
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bottom of the CO2 absorber; the liquid stream leaving the bot-
tom of the NH3 desorber is mainly composed of water and is
recycled, after cooling and chilling, to the top of the NH3

absorber.
� While both amine- and NH3-based processes require that part
of the lean cold liquid is purged, in the case of the latter this
is a consequence of the accumulation of water within the sys-
tem (Yu and Wang, 2015): The temperature of the flue gas exit-
ing the NH3 absorber is lower than the temperature of the flue
gas entering the CO2 absorber. To avoid the loss of NH3 and CO2,
the purged stream is sent to an appendix stripper. The appendix
stripper is designed to recover more than 99.8% of apparent NH3

at the top of the column (and all CO2), which is sent back to the
bottom of the CO2 absorber. As a result, a water stream contain-
ing less than 150 ppmwt NH3 is obtained at the bottom of the
appendix stripper, which is purged to close the water balance
within the process. Notably, the appendix stripper also avoids
the accumulation of acidic compounds in the liquid solvent.

� The flue gas exiting the NH3 absorber contains up to 200 ppmv

of NH3. Therefore, an acid-wash using an aqueous solution of
sulfuric acid (H2SO4) is placed before the DCH to keep NH3

emissions within emission limits. As a consequence, (NH4)2SO4

is produced.

Clearly, the CAP shares both the process layout and many of the
issues that most promising amine solutions possess (e.g. solvent
volatility as for AMP (Sutter et al., 2016; Nguyen et al., 2010),
and solid formation as for piperazine (Freeman et al., 2010;
Brúder et al., 2011)). Therefore, we are convinced that the method-
ology presented in this work can be fully applied to other amine
solvents.
3. Model selection, development and validation

Solvent-based CO2 capture processes can be described using
detailed mathematical models; therefore, process simulation soft-
ware is a convenient and suitable tool for the rigorous simulation
of such complex processes.

An accurate and reliable model is of paramount importance
when performing process simulation and optimization. Energy
consumption, column sizing and process feasibility regions are
drastically influenced by the capability of the model to reproduce
the underpinning physics and chemistry. More specifically, the
detailed design of the CO2 absorber requires the use of rate-
based process simulations that consider material and energy trans-
fer limitations between the vapour and the liquid phase. The rate
version of Aspen Plus’ RadFrac model (RateSep), which is broadly
regarded as an accurate tool both in academia and industry, has
been used in this work to simulate the CO2 absorption packed col-
umn. Aspen RateSep applies the Maxwell–Stefan theory to describe
mass transfer for each component. The column is discretized along
its axial direction and separate balances are considered for each
phase, which consists of a bulk and a film section in contact with
the other phase’s film. Average bulk conditions are considered for
each axially discretized volume in each phase, with different
options available for averaging. Equilibrium between the liquid
and the vapour phases is imposed at the interface, and mass and
heat transfer resistances are computed by means of the two-film
theory. Non-linear profiles are reconstructed by radial discretiza-
tion within the films. Numerical options are available in Aspen
RateSep to set the column and film discretization modes, and to
compute the properties of the bulk phases in each axial segment
(referred to as ‘‘flow model” in Aspen RateSep). The computation
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of the driving force required for mass transfer is obtained by means
of the thermodynamic model, and the computation of the mass
and heat transfer resistances takes into account the kinetically-
controlled chemical reactions. The column hydrodynamics are con-
sidered by means of correlations used for the computation of the
mass and heat transfer coefficients, the vapour-liquid interfacial
area, liquid hold-up and pressure drop. Models for the computation
of transport properties required in the aforementioned correlations
are used. For a more detailed description of Aspen RateSep, the
interested reader is referred to comprehensive works available in
the literature on this topic (Zhang et al., 2009; Liu et al., 2015).

Accordingly, the starting point to optimize a PCC process is a
reliable rate-based model validated experimentally. A critical anal-
ysis of models available in the literature is crucial to assess their
applicability to the new conditions, and to identify inconsistencies
and opportunities for improvement. Specifically, here we started
from the work of Qi et al. (2013), which provides a rate-based
model for the CO2-NH3-H2O system that has been validated using
the CO2 absorption pilot tests reported by Yu et al. (2011). How-
ever, opportunities for the improvement of the model have been
identified, and subsequently, the model has been tuned to make
it more physically sound and suitable for process optimization at
typical operating conditions of the CO2 absorber. If not stated
otherwise, options specified in the rate-based model of Qi et al.
(2013) have been selected for this work.

3.1. Thermodynamic model

Generally, thermodynamic models used in solvent-based CO2

capture processes are validated with VLE, liquid speciation and
heat of absorption experimental data at typical operating condi-
tions of the capture process. Specifically for the CO2-NH3-H2O sys-
tem, Qi et al. (2013) selected the thermodynamic model developed
by Que and Chen (2011) (referred to as ‘‘Chen model” hereinafter),
which uses the electrolyte NRTL model for the computation of
activity coefficients in the liquid phase and the Redlich-Kwong
equation of state for the fugacity coefficients in the vapour phase.
While the Chen model has been proven to reproduce the VLE
experimental data (Qi et al., 2013), it considers the formation of
ammonium bicarbonate (NH4HCO3) as only solid. On the contrary,
experiments in the literature have shown that other solid com-
pounds form, e.g. ammonium sesqui-carbonate ((NH4)2CO3�2NH4-
HCO3), ammonium carbonate monohydrate ((NH4)2CO3�H2O) and
ammonium carbamate (NH2COONH4) (Jänecke, 1929a; Jänecke,
1929b). In this regard, the thermodynamic model proposed by
Thomsen and Rasmussen (1999) and further developed by Darde
et al. (2010) (referred to as ‘‘Thomsen model” hereinafter) has been
proven to describe accurately experimental SLE data, making it
suitable to predict criticalities within the CAP regarding solid for-
mation (Sutter et al., 2015). In addition, the Thomsen model out-
performs the Chen model in reproducing the experimental VLE
data available in literature (Darde et al., 2012). Consequently, the
Thomsen model has been selected in the case study shown in this
work. It uses the extended UNIQUAC equation for the computation
of the activity coefficients in the liquid phase, the Redlich-Kwong-
Soave equation of state for the computation of the gas-phase
fugacity coefficients and assumes activity coefficient equals 1 for
the pure solids that can be formed.

3.2. Liquid phase reaction kinetics

Chemical reactions taking place in the aqueous amine solution
enhances CO2 absorption capacity. On the one hand, there exist
instantaneous reactions that involve the transfer of a proton. On
the other hand, dissolved CO2 can react with OH� to form the
bicarbonate ion (HCO3

�). In addition, primary and secondary ami-
nes react with CO2 to form the carbamate ion. These two reaction
types are kinetically controlled reactions (Puxty and Maeder,
2016). CO2 absorption into aqueous NH3 solutions follows the
same liquid-phase reaction scheme as primary amines.

H2OðlÞ �
K1

Hþ þ OH� ð1Þ

H2OðlÞ þ NH3ðaqÞ �
K2

NHþ
4 þ OH� ð2Þ

HCO�
3 �

K3
Hþ þ CO2�

3 ð3Þ

CO2ðaqÞ þ OH� �
kþ4

k�4

HCO�
3 ð4Þ

CO2ðaqÞ þ NH3ðaqÞ �
kþ5

k�5

NH2COO
� þHþ ð5Þ

Therefore, the CO2 absorption rate into the liquid solution is
determined by the reaction rate of CO2 with OH� to form HCO3

�,
and of CO2 with NH3 to form NH2COO�, or with the amine in the
case of primary amines and some secondary amines. In the case
of NH3, primary amines and some secondary amines, the reaction
with CO2 to form the carbamate ion has been reported to have a
predominant effect on the CO2 absorption rate at typical operating
conditions of the capture process (Puxty and Maeder, 2016; Jilvero
et al., 2014); an accurate forward reaction rate of reaction (5) is of
paramount importance for realistic modelling of the CO2 absorber.
Two different mechanisms have been proposed for the reaction of
amine with CO2 to form the carbamate ion: (i) via the formation of
a zwitterion followed by its deprotonation (Caplow et al., 1968;
Danckwerts, 1979); and, (ii) via a termolecular mechanism
(Crooks and Donnellan, 1989; Da Silva and Svendsen, 2004). Addi-
tionally, an elementary reaction kinetic model is proposed in the
case of NH3 (Wang et al., 2011). The experimental techniques used
for the determination of the reaction kinetics measure either the
gas–liquid mass transfer rates of CO2 into the solvent, or the reac-
tion rate of CO2 after rapid mixing of liquid phases containing the
reactants (Vaidya and Kenig, 2007; Couchaux et al., 2014). While
the former -heterogeneous techniques- require the modelling of
mass transfer, the latter -homogeneous techniques- can only be
applied at very dilute concentrations that allow for the detection
of concentration changes over time. In general, kinetic models
obtained at operating conditions typical of the CO2 capture process
by means of heterogeneous techniques outperform those kinetic
models obtained at dilute concentrations, regardless of the reac-
tion mechanism assumed, as shown in the literature for MEA
(Amirkhosrow et al., 2020). However, NH3 may undergo significant
evaporation when the reaction kinetics are determined for liquid
compositions typical of the industrial capture process (Kim et al.,
2014), thus making the measurement inaccurate. As a conse-
quence, significantly different values of the apparent kinetic con-
stant for the reaction of CO2 with NH3 have been obtained by
different authors (Darde et al., 2011; Yu et al., 2016; Lillia et al.,
2018). Out of them, only the kinetic model proposed by Pinsent
et al. (1956a) has been successful when implemented in a rate-
based model to reproduce pilot test results for CO2 capture with
aqueous NH3 solutions (Qi et al., 2013). Notably, the kinetic model
of Pinsent et al. (1956a) has been obtained by means of homoge-
neous techniques mixing very dilute aqueous solutions of the reac-
tants. Similar kinetic parameters to those of Pinsent et al. were
obtained by Wang et al. (2011) for the reaction of CO2 with NH3,
using the same type of experimental approach. As for the reaction
mechanism of the bicarbonate ion formation reaction, it is inter-
preted in the literature as an elementary reaction; similar reaction
rate constants have been obtained by different authors when
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accounting for the ionic strength of the solution (Kucka et al.,
2002), including the kinetic model of Pinsent et al. (1956b) that
used the same experimental technique as for the reaction with
NH3.

Therefore, the forward reaction rate of reaction (4) and (5) have
been modelled within the case study of this work using the reac-
tion kinetics obtained by Pinsent et al. (1956a, 1956b), (referred
to as ‘‘Pinsent model” hereinafter) using the following power law
reaction rate expressions:

rþ4 ¼ kðcÞ0;þ4 exp
�EðcÞ

þ4

RT

 !
cCO2cOH� ð6Þ

rþ5 ¼ kðcÞ0;þ5 exp
�EðcÞ

þ5

RT

 !
cCO2cNH3 ð7Þ

where kðcÞ0;þj is the pre-exponential factor and EðcÞ
þj is the activation

energy of the concentration-based reaction rate constants in the
Pinsent model, with j referring either to the forward reaction (4)
(Pinsent et al., 1956b) or to the forward reaction (5) (Pinsent
et al., 1956a). Nevertheless, the Pinsent model has some limitations.
On the one hand, reaction rate constants are function not only of
temperature, but also of composition in the case of non-ideal chem-
ical solutions (Froment and Bischoff, 1990). However, reaction rate
constants in the Pinsent model are estimated from very dilute solu-
tions, e.g. with NH3 concentrations between 0.027 and 0.19 M
(Pinsent et al., 1956a), which are far from the more concentrated
solutions expected within the capture process. On the other hand,
the Pinsent model only provides the reaction rate of the forward
reactions, while especially the backward reaction of (5) might be
significant at compositions of the CO2-rich stream in the capture
process (Astarita, 1967). The model can therefore be improved by
adopting activity-based reaction kinetics, which allow: (i) to intro-
duce the effect of composition on the reaction rate constant, thus
enabling the extrapolation of the kinetic model at higher NH3 and
CO2 concentrations in the liquid phase; and, (ii) to compute the
reaction rate for the backward reactions of (4) and (5) assuming
microscopic reversibility (Masel, 2001). The activity-based reaction
rates of the forward reactions of (4) and (5) are expressed as
follows:

rþ4 ¼ kðaÞ0;þ4exp
�EðaÞ

þ4

RT

 !
c�CO2

c�OH�xCO2xOH� ð8Þ

rþ5 ¼ kðaÞ0;þ5 exp
�EðaÞ

þ5

RT

 !
c�CO2

c�NH3
xCO2xNH3 ð9Þ

where kðaÞ0;þj is the pre-exponential factor and EðaÞ
þj is the activation

energy of the activity-based reaction rate constants, with j referring
to the forward reaction (4) or to the forward reaction (5), and c�i and
xi are the rational, unsymmetrical activity coefficient and the molar
fraction, respectively, of species i.

The activity-based reaction rate constants of the forward reac-
tion of (4) and (5) are computed from the concentration-based

reaction rate constants reported in Pinsent model, kðcÞþ4 (Pinsent

et al., 1956b) and kðcÞþ5 (Pinsent et al., 1956a), obtained at infinite
dilution conditions, as follows:

kðaÞþ4 ¼ kðcÞþ4q
2
w ð10Þ

kðaÞþ5 ¼ kðcÞþ5q
2
w ð11Þ

where qw is the molar density of pure water, which is a function of
temperature. The conversion strategy from concentration- to
activity-based kinetics is similar to that proposed in the literature
for aqueous MEA solutions (Zhang et al., 2009), although in the case
of aqueous NH3 solutions the conversion has been carried out at
infinite dilution due to the lack of reliable kinetics obtained at con-
centrations typical of the capture process. On the contrary, our con-
version approach is different than that implemented by Qi et al.
(2013) for the CO2-NH3-H2O system, who instead used the Pinsent
model reaction rate constants obtained at infinite dilution to gener-
ate reaction rate values at greater concentrations, which were then
used for the determination of the activity-based reaction rate
constants.

The activity-based reaction rates of the backward reaction of (4)
and (5) assuming microscopic reversibility can be expressed,
respectively, as:

r�4 ¼ kðaÞ0;�4 exp
�EðaÞ

�4

RT

 !
c�HCO�

3
xHCO�

3
ð12Þ
r�5 ¼ kðaÞ0;�5 exp
�EðaÞ

�5

RT

 !
c�NH2COO

�c�HþxNH2COO
�xHþ ð13Þ

where the activity-based backward reaction rate constants can be
computed from the concentration-based forward reaction rate con-
stants reported in literature and obtained at infinite dilution, and
from the reaction equilibrium constants, K4 and K5, computed
assuming pure water and solutes at infinite dilution as reference
state:

kðaÞ�4 ¼ kðcÞþ4q2
w

K4
ð14Þ
kðaÞ�5 ¼ kðcÞþ5q2
w

K5
ð15Þ

As a result, the kinetic parameters kðaÞ0;þj; k
ðaÞ
0;�j; E

ðaÞ
þj and EðaÞ

�j have
been estimated in this work for temperatures between 0 and
50�C, departing from the concentration-based forward reaction
rate constants reported in the Pinsent model (Pinsent et al.,
1956a; Pinsent et al., 1956b) and using the value of the equilibrium
constants considered in the Thomsen model (Darde et al., 2010).
The resulting parameters are reported in Table 3.
3.3. Liquid density and transport property models

Liquid solvent density and transport properties affect the
hydrodynamic conditions within the CO2 absorber. Specifically,
the accurate determination of density, viscosity, surface tension
and thermal conductivity of the liquid phase, as well as of the dif-
fusivity of the individual components within the liquid phase is of
paramount importance for proper heat and mass transfer determi-
nation (Zhang et al., 2009; Liu et al., 2015).

The transport property models implemented by Qi et al. (2013)
for the CO2-NH3-H2O system have been selected in this work. Nev-
ertheless, such models were only validated for unloaded solvent
mixtures, i.e. NH3-H2O mixtures, without considering dissolved
CO2. Therefore, we have added available literature data for liquid
ternary mixtures of CO2-NH3-H2O and for liquid binary mixtures
of CO2-H2O to adjust the parameters of the transport property
models of liquid ternary CO2-NH3-H2O mixtures. Specifically, we
have estimated the model parameters for the computation of liq-
uid density and viscosity, and selected new literature parameter
values for liquid viscosity and diffusivity computations. The new
values of the model parameters, as well as the validation of the
updated transport property models and the description of the
models can be found in the Supplementary Material.



Table 3
Kinetic parameters for the computation of the reaction rate of the forward and
backward reactions given by reaction (4) and reaction (5).

Reaction kðaÞj [kmol/(m3 s)] EðaÞj [kJ/kmol]

+4 1.059 � 1017 54933
+5 3.308 � 1014 47963
�4 1.094 � 1016 102757
�5 6.194 � 1021 56173
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3.4. Numerical options

The approach adopted for the axial discretization of the column,
i.e. flow model and discretization grid, affects the results, the com-
putational convergence of the unit and the computational time, e.g.
a finer axial discretization grid improves the precision of the sim-
ulation, but increases the computational time. A compromise has
been found with a length per segment of 0.1 m using Vplug as flow
model in RateSep, whose selection has taken into account litera-
ture studies applying comprehensive sensitivity analyses (Zhang
et al., 2009; Liu et al., 2015; Amirkhosrow et al., 2020). Vplug con-
siders the conditions of the liquid bulk phase at each stage to be
equal to the outlet conditions, while the conditions of the vapour
bulk phase in each stage are averaged between inlet and outlet
conditions. When the length of the axial segments is small enough,
the flowmodel has a negligible influence on the simulation results.

While concentration profiles within the vapour film can be
assumed to be linear due to the absence of chemical reactions,
the physical mass transfer of CO2 from the vapour-liquid interface
to the liquid bulk will be enhanced by chemical reactions, leading
to a non-linear decay of the concentration of CO2. With the aim of
describing such concentration profiles within the liquid film, and
thus of better approximating the mass and energy transfer from
the vapour to the liquid phase, the discretization of the liquid film
is required. RateSep provides several options for the discretization
of the film, including equidistant and different asymmetrical grid
distributions. Asymmetrical grid distributions allow for smaller
film segments closer to the vapour-liquid interface, which is pre-
ferred in order to describe the steeper CO2 concentration decay
in that region of the liquid film at typical CO2 absorber conditions.
In this work, we adopt the so-called geometric discretization of the
liquid film, whereby the ratio a is defined as:

a ¼ xiþ1 � xi
xi � xi�1

ð16Þ

where xi is the discretization point, with x0 ¼ 0 at the interface and
xn ¼ d defines the film thickness. We define a > 1 in order to have a
discretization grid finer next to the liquid–vapour interface. Then,
Eq. 16 can be written as a second order difference equation, as
follows:

xiþ1 � ð1þ aÞxi þ axi�1 ¼ 0 ð17Þ
Its solution for i ¼ 0; . . . ;n is:

xi
d
¼ ai � 1
an � 1

ð18Þ

The discretization of the liquid film affects significantly the
accuracy of the model and the time required for the computations,
with contrasting effects. The thorough selection of the suitable
number of segments and discretization ratio requires a time
demanding approach consisting of several process simulations
and numerical validation with respect to literature experimental
results (Zhang et al., 2009; Amirkhosrow et al., 2020). Here, we
propose the selection of the liquid film discretization via a physical
analysis of the reactive absorption process within the liquid film
that allows for a faster and more general approach. Specifically,
we have used the approach proposed by Asprion (2006), adapted
to the film discretization approach described by Eq. (18). In order
to reproduce accurately the steep CO2 concentration decay taking
place next to the liquid–vapour interface, Asprion proposes that
half of the liquid film segments are contained within the chemical
film thickness, dchem, which is the thickness of the diffusive liquid
film where chemical reactions enhance CO2 mass transfer, such
that:

dchem ¼ xn=2 ð19Þ
On the one hand, the thickness of the liquid film, d, is computed

by RateSep as the ratio of the average diffusivity, D, and the aver-
age physical mass transfer coefficient, k (Aspen Technology Inc.,
2014):

d ¼ D
k

ð20Þ

On the other hand, dchem can be estimated as the ratio between
D and the mass transfer coefficient in the liquid phase enhanced by
chemical reaction, k0:

dchem ¼ D
k0 ¼

D
Ek

ð21Þ

where E is the enhancement factor, i.e. the ratio between the uptake
rate of CO2 when reactions occur in the liquid phase and the uptake
rate of CO2 if only physical mass transfer takes place. Therefore, the
decrease of the thickness of the diffusive liquid film when chemical
reaction takes place with respect to the case in which there is only
physical absorption depends on the value of E, i.e.:

dchem
d

¼ 1
E

ð22Þ

Considering Eqs. (18), (19) and (22), we obtain an expression
that allows to determine the film discretization ratio, a, as a func-
tion of the number of segments within the liquid film, n, depending
on the physicochemical properties of the reactive absorption pro-
cess, which are represented by the value of E.

an � Ean
2 þ E� 1 ¼ 0 ð23Þ

For a coarse grid, an increase in the number of segments within
the liquid film modifies the mass transfer results obtained. As soon
as the grid becomes fine enough, increasing the number of seg-
ments of the liquid film does not change the results. On the con-
trary, increasing the number of segments leads to a steady
increase in the computational time. For the CAP, a trade-off was
found when defining 7 discretization segments within the liquid
film, leading to simulations of the CO2 absorber lasting between
20 and 40 s (Intel� CoreTM i5-8500 CPU @ 3.40 GHz). Additionally,
we can assume that amine in the liquid is in large excess with
respect to dissolved CO2 at typical operating conditions of the
absorber in CO2 capture processes. Consequently, the amine con-
centration drop within the liquid film can be neglected. In that
case, pseudo-first order kinetics with respect to CO2 concentration
can be assumed and the value of the enhancement factor equals
the Hatta number, Ha (Levenspiel, 1999). If the reaction of CO2

with OH� is neglected -assuming that the consumption of CO2

within the liquid film is mainly due to its reaction with the amine,
or with NH3 in this case study-, the Hatta number can be computed
as:

Ha ¼
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
kðcÞþ5cNH3DCO2 ;L

q
k0l;CO2

ð24Þ

where DCO2 ;L is the diffusivity of CO2 in the liquid and k0l;CO2
is the

physical mass transfer coefficient for CO2. In this work, the operat-
ing conditions for CO2 capture lead to values of Ha that vary approx-
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imately between 3 and 30. If the liquid film is divided into 7 seg-
ments, a film discretization ratio between 1.2 and 2.6 is obtained
by means of Eq. (23) for Ha between 3 and 30, respectively. There-
fore, an intermediate value of 1.5 has been selected. The numerical
options of the liquid film discretization selected for this case study
are similar to those proposed by Amirkhosrow et al. (2020) result-
ing from a more time consuming numerical validation using pilot
plant experimental results; their study applies to MEA as solvent
instead, but the values of Ha are similar to those computed in this
work for the CAP.

3.5. Model validation

Models have to be validated using the results of pilot plant
tests. Pilot tests in a packed-bed absorption column at typical
industrial operating conditions are required in order to guarantee
the prediction capabilities of the model when scaling-up. For
example, the tests of Notz et al. (2012) are broadly used in litera-
ture studies to validate rate-based models using MEA as solvent
(Kale et al., 2013; Li et al., 2016; Luo and Wang, 2017;
Amirkhosrow et al., 2020).

In the case of aqueous NH3 solutions for CO2 capture, pilot test
results have been reported by Yu et al. (2011) and further detailed
by Qi et al. (2013), and have been used in this work for the valida-
tion of the rate-based model developed for our case study. The
pilot plant CO2 absorber contains a random packing of 25-mm Pall
rings with a specific surface area of 207 m2m�3. Correlations for
the computation of the mass and heat transfer coefficients, of the
effective interfacial area between the liquid and the vapour phase
and of the liquid hold-up within the column are available in Aspen
Plus, Version 8.6. Different combinations of these correlations,
together with the building blocks of the model and the numerical
options selected before, have been tested. As a result of this com-
prehensive assessment, mass transfer coefficients and interfacial
area are computed by the correlation of Onda et al. (1968), energy
transfer coefficients are computed by means of the Chilton and
Colburn analogy (Chilton and Colburn, 1934), and liquid hold-up
using the model of Stichlmair et al. (1989). The rate-based simula-
tion of the CO2 absorber is initialized using an initial liquid hold-up
per stage ranging from 0.01 to 0.1% of the total stage volume. The
rate-based model validation results are shown in Fig. 2.

In general, the rate-based model is able to reproduce the exper-
imental values with an error below 20%, while also matching the
experimental temperature profiles along the absorption column.
The model features described above, e.g. including the composition
effects in the rate constants, and the results shown in Fig. 2 make
the rate-based model presented in this work suitable for process
simulation and optimization applied to flue gases with higher
CO2 concentration.

It is worth noting that our optimization methodology proposes
equilibrium-based simulations of the CO2 desorber, since rate-
based simulations would increase simulation times considerably
without improving the accuracy significantly. This is justified by
the faster transport phenomena and reaction kinetics at high tem-
peratures such as those typical of the CO2 desorber (Zhang et al.,
2009), which typically range between 80�C or above at the top of
the column and 150�C at the reboiler. In fact, equilibrium-based
simulations of the CO2 desorber have been reported to reproduce
the experimental column profiles regarding CO2 concentration in
the gas phase and temperature, as well as the experimental values
reported for the reboiler duty -as long as the rate-based simulation
of the CO2 absorber is able to provide accurate results for the inlet
streams to the desorber (Zhang and Chen, 2013). Therefore, our
optimization methodology does not consider the validation of the
rate-based model at high temperatures, and the simulation of the
CO2 desorber relies on the accuracy of the thermodynamic model
in predicting the V-L equilibrium (see Section 3.1). Still, such vali-
dation could be carried out as described for the CO2 absorber, pro-
vided that pilot plant experimental results for the CO2 desorber are
available, at the cost of longer process development.

4. Sequential process optimization procedure

The goal of our optimization procedure is to determine the
operating conditions that minimize energy consumption and max-
imize productivity of the capture process, for a given CO2 concen-
tration in the inlet flue gas and specified values of CO2 capture
efficiency and CO2 purity. Finding the solution of such an optimiza-
tion problem faces two main challenges: (i) computation times for
the rate-based simulation of the full process are of the order of
hours; and, (ii) the knowledge of a feasible initial point, i.e. a set
of operating conditions and sizes of equipment, is needed.

The procedure developed here to solve the optimization prob-
lem and to overcome its challenges is based on two elements:

� The availability of a reference optimized design (from litera-
ture) for a post-combustion CO2 capture process, designed for
a different CO2 concentration in the flue gas and/or for a differ-
ent specified value of the CO2 capture efficiency. The informa-
tion about operating conditions, Murphree efficiencies at
those conditions, and the understanding of which among the
many parameters are critical for the process performance must
be available for the reference design.

� The possibility of using not only a rate-based model but also an
equilibrium-based model (whose simulation of the full capture
process takes minutes instead of hours), whereby the Murphree
efficiencies can be tuned by using the rate-based model.

In practice, our optimization procedure consists of three main
steps, which are illustrated in Fig. 3 and described below.

Step 1. Determination of a feasible set of operating condi-
tions of the CO2 absorber, which is used as initial condition for
the optimization of the capture process applied to the new case.

Firstly, the values of the CO2 absorber decision variables are
manually adapted to fulfil the specifications and constraints of
the new case, starting from the optimal set of operating conditions
of the CO2 absorber of the reference case. At this stage,
equilibrium-based simulations of the stand-alone CO2 absorber
using the Murphree efficiency values of the reference case are
applied to the new case. Such adaptation of absorber parameters
is based on the previous know-how of the capture process and
on the knowledge of the effect of the CO2 decision variables on
the performance of the column. The CO2 absorber decision vari-
ables, which affect significantly both the energy performance
and the productivity of the process, are:

� Apparent solvent concentration, ĉsolvent [molsolvent kg
�1
H2O

].

� CO2 loading of the CO2-lean stream, llean [molCO2 mol�1
solvent],

which is the ratio between the apparent moles of CO2 and the
apparent moles of solvent in the CO2-lean stream entering the
CO2 absorber.

� Liquid-to-gas flowrate ratio for the CO2-lean liquid and inlet gas

streams entering the CO2 absorber, Llean=Gin [kg kg�1].
� Pumparound and/or intercooling temperature, Tpa [�C].
� Pumparound and/or intercooling split fraction, f s [–].

Secondly, the CO2 absorber with the feasible operating condi-
tions applied to the new case is simulated using the rate-based
model, resulting in the determination of the dimensions of the
packing section, i.e. length and diameter, that meet the separation
performance, i.e. CO2 capture efficiency and solvent losses, of the



Fig. 2. Validation of the rate-based model developed in this work with the CO2 absorber pilot plant test results reported in literature (Yu et al., 2011; Qi et al., 2013). (a) Parity
plots showing the prediction of the model (RBM) vs. the experimental results (exp) of the CO2 absorption rate, NCO2 , ( ) and the NH3 concentration in the CO2-depleted flue
gas exiting the column, youtNH3

, ( ); the parity line ( ) and lines showing 20% deviation with respect to the parity line (� �) are shown. (b) Experimental temperature profile
along the CO2 absorber for three different tests, i.e. 31B (�), 30 ( ) and 31 ( ), and prediction of the model for the liquid phase, L, ( ) and the vapour ph.ase, V (��).

J.-F. Pérez-Calvo et al. / Chemical Engineering Science: X 8 (2020) 100074 9
previous equilibrium-based simulation. Subsequently, new Mur-
phree efficiency values are computed for the new case, and imple-
mented in the equilibrium-based model of the CO2 absorber. The
new Murphree efficiency values of the CO2 absorber obtained for
the feasible set of operating conditions of the new case are adopted
from now on when performing equilibrium-based simulations of
the column.

Thirdly, a first full process equilibrium-based simulation for the
new case is carried out using the feasible set of operating condi-
tions found previously. Subsequently, single variable sensitivity
analyses are performed to study the influence of the process oper-
ating variables on: (i) the energy demand, (ii) the fulfilment of the
specifications and constraints of the capture process, and (iii) the
convergence stability of the process simulation. As a result and
using also the previous know-how of the process, we determine:
(i) the process decision variables whose value has to be modified
to optimize the capture process, (ii) feasible ranges for the process
decision variables, and (iii) the process parameters that do not
show significant influence on the process objective functions or
that can be fixed at an optimum value independently of other fac-
tors. In addition to the CO2 absorber decision variables enumerated
above, other two groups of process decision variables have been
found to affect the optimal performance of the capture process.
Namely, these are the CO2 desorber decision variables, which
highly influence the energetic performance of the capture process
but hardly affect the productivity of the process, i.e.:

� Pressure, PCO2des [Pa].
� Cold-rich bypass split fraction, f cr [–].

and the FG-WW section decision variables, which have a minor
effect on the energy performance and productivity of the capture
process but are still important to meet process specifications and
constraints, i.e.:

� Temperature of the washing water or solvent-lean aqueous
solution, TFG�WW

lean [�C].
� Liquid-to-gas flowrate ratio, ðL=GÞFG�WW [kg kg�1], at the top of
the washing column.
� Apparent solvent concentration, ĉFG�WW
solvent [molsolvent kg

�1
H2O

] of the
washing water or solvent-lean aqueous solution.

� Pumparound split fraction, f FG�WW
s [–], recycled to the washing

column.
� Pumparound temperature, TFG�WW

pa [�C].

Step 2. Multi-objective heuristic optimization that allows to
identify the values of the decision variables that optimize the per-
formance of the capture process applied to the new case, i.e. the
CO2 absorber decision variables, the CO2 desorber decision vari-
ables and the FG-WW section decision variables enumerated
above. As for the objective functions used in the heuristic opti-
mization, these are the CO2 capture efficiency, the productivity,
and the specific equivalent work. Let us better identify them.

The CO2 capture efficiency, w [–], is the ratio between the CO2

flowrate sent to storage and the CO2 flowrate entering the capture
process within the flue gas. When avoiding CO2 losses in the cap-
ture process, and neglecting the very minor amount of CO2 cap-
tured in the NH3 absorber, the overall CO2 capture efficiency
corresponds to the CO2 capture efficiency in the CO2 absorber:

w ¼
_mFG;in
CO2

� _mFG;out
CO2

_mFG;in
CO2

ð25Þ

where _mFG;in
CO2

and _mFG;out
CO2

are the CO2 mass flowrate contained in the

flue gas entering and exiting the CO2 absorber [kgCO2
s�1],

respectively.

The productivity, Pr [kgCO2captured m�3 h�1], provides an estima-
tion of the total volume of the absorption columns and it is an indi-
cation of the trends of capital costs of the capture process. The CO2

absorber cost has been reported to be the main component of the
CAPEX, with a contribution ranging from 30% for solvents with fast
CO2 absorption rates to 60% for solvents that require a taller CO2

absorption column (Tsay et al., 2019). We can expect that the oper-
ating conditions of the CO2 absorber will have to be adapted to
cope with the different flue gas composition, affecting significantly
the design of the column. Therefore, here we consider the size of



Fig. 3. Schematic of the sequential process optimization strategy proposed for the optimization of a solvent-based capture process when applied to a new flue gas
composition and/or to a new CO2 capture efficiency specification.
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the CO2 absorber as driver in the determination of the different
process productivities:

Pr ¼
_mFG;in
CO2

� _mFG;out
CO2

VCO2abs
ð26Þ

where VCO2abs is the volume of packing required in the CO2 absorber
if: (i) cylindrical shape is considered, and (ii) a hydraulic load at the
bottom of the column at 70% of flooding is defined (van der Spek
et al., 2019).

The specific equivalent work, x [MJ kg�1
CO2captured

], is considered
as indicator of the energy demand of the CO2 capture process. Con-
sequently, the energy requirements of all key consumers have to
be converted to specific equivalent work.
� The thermal energy required in each reboiler and supplied by
steam is converted to equivalent work, xreb;i, applying the Car-
not cycle, as follows:
xreb;i ¼
_Q reb;i

_mFG;in
CO2

� _mFG;out
CO2

1� Tamb

Treb;i þ DTsteam

� �
ð27Þ

where i refers to the CO2 desorber (‘‘CO2”), the desorber of the
FG-WW section (‘‘FG-WW”) and the solvent reclaimer in the

recovery section (‘‘rec”) (see Fig. 1), _Q reb;i [MWth] is the thermal
duty required in each reboiler, Treb;i [K] is the reboiler tempera-
ture, DTsteam [K] is the temperature difference, above the reboiler
operating temperature, of the steam that provides heat, and Tamb

[K] is the temperature of the environment.
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� The chilling duty (i.e. below ambient temperature), which is
required for the pumparound stream of each absorber, i.e. CO2

absorber and NH3 absorber, is converted to equivalent work,
xchill;i, as:
xchill;i ¼
_Q chill;i=COPi

_mFG;in
CO2

� _mFG;out
CO2

ð28Þ

where i refers to the chillers specified in Fig. 1, _Q chill;i [MWth] is
the chilling duty of chiller i, and COPi is the coefficient of perfor-
mance (Anantharaman et al., 2017).

� Auxiliaries, such as fans and pumps, require electric energy. The
equivalent work associated with the cooling water pumps was

computed from the cooling demand, _Q cool [MWth], and a conver-
sion factor, /cool [MWel MW�1

th ], typical of forced draft cooling
towers.
xaux ¼
_W ideal
fan

gcomp
þ 1

gpump

P
i
_W ideal

pump;i þ /cool
P

j
_Q cool;j

_mFG;in
CO2

� _mFG;out
CO2

ð29Þ

where i and j, here, refers to the pumps and coolers specified in
Fig. 1, respectively, and gpump and gcomp are the efficiency of
pumps and compressors (and fan), respectively.

� The CO2 compression, xCO2comp, is calculated from detailed
Aspen Plus simulations using the compressor configuration pro-
vided by Manzolini et al. (2011).

In practice, such multi-objective heuristic optimization con-
sists of successive multi-variable sensitivity analyses that start
with the stand-alone CO2 absorber and that, step-by-step, add
units and process sections to the simulations to finalize with
the optimization of the full capture process. Whenever possible,
this optimization can be carried out via a full mathematical opti-
mization, which should reduce the computing time, while likely
leading to very similar optimal performance. These sub-steps are
referred to as Step 2(a) to Step 2(e) in Fig. 3, where the boxes
contain the unit operations and sections simulated in each
sub-step, which can be identified with the process flow diagram
shown in Fig. 1. More specifically, the sub-steps of Step 2 consist
of the following actions:

Step 2(a).
Equilibrium-based simulations of the CO2 absorber, whereby the CO2

absorber decision variables are screened through an extensive,
automated sensitivity analysis (via direct Aspen Plus-Matlab con-
nection). Simulations are equilibrium-based and use calibrated
Murphree efficiencies obtained in Step 1 for the feasible set of
operating conditions of the new case. Due to the low computa-
tional time required for each equilibrium-based simulation of the
CO2 absorber, i.e. 1 to 2 s per simulation, the goal of this first
screening is to find those sets of operating conditions that lead to
successful simulations of the CO2 absorber in terms of convergence
and fulfilment of the process specifications and constraints.

Step 2(b).
Automated sensitivity analysis of the CO2 capture section, where the
operating conditions that lead to successful simulations of the
CO2 absorber are used to run the whole CO2 capture section. In
order to maximize the number of converged simulations and min-
imize the required computational time, still accounting for the
main energy consumers of the capture process, the simulation is
limited to the process boundaries drawn in Fig. 3. Namely, the sim-
ulation of the FG-WW section and the recovery section is avoided
since including the associated recycle streams would lead to more
than a twofold increase of the simulation time. The absolute reboi-

ler duty of the CO2 desorber, _Q reb;CO2 , is included in the sensitivity

analysis. In practice, there exists only one value of _Q reb;CO2 for each
set of operating conditions of the CO2 absorber that is able to meet
the CO2 loading specified in the CO2-lean stream while not leading
to excess CO2 stripping. The flowrate of the purge stream is calcu-
lated to avoid the accumulation of water within the CO2 capture
section and/or of ADHC and HSS, depending on the specific solvent
and process configuration. The solvent content targeted in the CO2-
lean stream is met by a make-up stream of aqueous solvent. It is
also worth noting that the pinch point temperature in the rich/lean
heat exchanger can be reached internally, instead of between inlet
and outlet streams, when partial evaporation is obtained at the
desorber inlet (optimal condition). Finally, although the CO2 desor-
ber decision variables affect considerably the performance of the
main energy consumer of the capture process, i.e. the reboiler of
the CO2 desorber, they have a minor effect on the optimal set of
operating conditions of the CO2 absorber. Therefore, PCO2des and
f cr are fixed at this stage at values that do not hinder the conver-
gence of the process simulation and that allow for the fulfilment
of the process specifications and constraints.

Step 2(c)
Optimization of the FG-WW section. Here, the successful simulations
of the CO2 capture section provide data for the FG-WW section. A
rigorous optimization based on successive quadratic programming
(SQP) is carried out, allowed by the lower complexity and lower
NH3 and CO2 concentration in the flue gas with respect to the
CO2 capture section. In particular, the specific reboiler duty of
the desorber can be minimized by tuning the FG-WW decision

variables and the absolute reboiler duty of the desorber, _Q reb;FG�WW.

Step 2(d)
Rate-based simulations of the CO2 absorber, for the most promising
sets of operating conditions of the column found so far in terms
of energy demand of the capture process. Rate-based simulations
of the CO2 absorber are performed, finding the size of the packing
that meets the CO2 capture efficiency and solvent loss for the cor-
responding equilibrium-based simulations at the same set of oper-
ating conditions of the CO2 absorber. Those sets of operating
conditions for which the rate-based simulation is not able to meet
the equilibrium-based simulation results are considered as infeasi-
ble absorber designs thus discarded for further process
optimization.

Step 2(d)
Full capture process simulations, whereby those sets of operating
conditions showing the most promising results in terms of energy
performance and productivity are considered for a further multi-
variable sensitivity analysis in which the operating variables of
the CO2 desorber are varied. Here, full capture process simulations
are performed, including the recovery section and the CO2 com-
pression section, whose performance is influenced drastically by
the operating variables of the CO2 desorber.

Step 3. Integration with the heat provision source, where the
results of Step 2 are used for integration with the CO2 point source
of the new case, therefore considering how energy is supplied to
the CO2 capture process. The specific equivalent work is related
to the total equivalent electrical work required by the capture
plant if the capture process is applied to a power plant; the energy
demand of the capture plant leads to a decrease of the specific elec-
trical output of the power plant due to: (i) the electricity demand



Table 4
Basic set of assumptions considered for the process simulation and optimization.

CO2 stream for transport by pipeline to storage
Temperature [�C] 28
Pressure [bar] 110
Composition

CO2 concentration [vol%] > 95
H2O concentration [ppmwt] < 200
NH3 concentration [ppmv] < 50

CO2-depleted flue gas at the stack
Temperature [�C] > 40
NH3 concentration [ppmv] < 10

Purge liquid streams
NH3 concentration [ppmwt] < 150

Flue gas pre-conditioning section
SO2 concentration entering the CO2 absorber [ppm] 0

Make-up streams
Temperature [�C] 20
Apparent NH3 content in make-up NH3 streams [mass frac.] 0.25

Auxiliaries, utilities and environment
Ambient temperature (Tamb) [�C] 15
Cooling water temperature [�C] 18.2
Pinch point temperature for heat exchangers [�C]

Liquid–liquid (DTL�L) 3
Evaporator of chilling utility (DTevap) 5
Reboiler (DTsteam) 10

Pump efficiency (gpump) [–] 0.76
Fan and compressor efficiency (gcomp) [–] 0.81
Cooling water system power demand (/cool) [MWel=MWth] 0.02
COP ¼ f ðTchillÞ [–] (see Table 6.15 in Anantharaman et al.

(2017))
5.5–10.2

Electricity generation efficiency [%] 45.9
Electricity generation specific CO2 emissions [kg/MWh] 262
Steam from NG boiler

Boiler efficiency (LHV basis) [%] 90
Specific CO2 emissions [kg=GJth] 56.1

Steam from coal-fired CHP plant
(see Table 6.1 in Anantharaman et al. (2017) for Tsteam ¼ 100� 160�C)

Efficiency for coal to power w/o steam extraction
[MWel=MWth]

0.391

Efficiency for steam to power ¼ f ðTsteamÞ [MWel=MWth] 0.133–
0.266

Specific CO2 emissions ¼ f ðTsteamÞ [kg=MWhth] 116–231
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required in the auxiliaries, CO2 compressor and chillers of the cap-
ture process, and (ii) the steam required in the reboilers of the cap-
ture plant, which is withdrawn from the power plant instead of
being used to produce electricity. Nevertheless, capture processes
applied to industrial CO2 points sources are not necessarily built
integrated with or next to a power plant, hence there might not
be steam available for solvent regeneration, and electricity should
be imported from the grid. If the capture process is to be integrated
with a specific, defined, CO2 point source, the SPECCA (Specific Pri-
mary Energy Consumption per CO2 Avoided) index is preferred
instead to assess its energy performance. Specifically, for the appli-
cation of the CAP to cement plants for CO2 capture, the SPECCA, f
[MJLHV=kgCO2avoided], is defined as (Voldsund et al., 2019):

f ¼ qclkð ÞCCS � qclkð Þref
eclkð Þref � eclkð ÞCCS

ð30Þ

where qclk is the specific primary energy consumption of the cement
plant per unit of mass of clinker produced, considering the low
heating value (LHV) of the fuel consumed, [MJLHV=tclk]; and eclk is
the specific CO2 emissions of the cement plant per unit of mass of
clinker produced [kgCO2

=tclk]. The subscripts ‘‘ref” and ‘‘CCS” refer
to the reference cement plant without CO2 capture and to the
cement plant with CO2 capture, respectively. Two significantly dif-
ferent scenarios have been considered for the production of the
steam demanded by the capture process (Anantharaman et al.,
2017): (i) steam is produced in a natural gas (NG) boiler built specif-
ically on-site to supply steam, and only steam, for the CAP; or, (ii)
steam is imported from an external coal-fired combined heat and
power (CHP) plant located in the neighbourhood of the cement
plant.

Assumptions regarding the climate impact and energy conver-
sion efficiencies associated with each steam production scenario
and with electricity imported from the grid are given in Table 4,
along with additional assumptions required for process simulation
and for the computation of the objective functions. The parameters
required for energy calculations, along with the flue gas and CO2

exiting conditions, have been retrieved from literature (Voldsund
et al., 2019; Anantharaman et al., 2017). For the sake of simplicity,
impurities in the flue gas have not been considered in this case
study. The columns in the flue gas pre-conditioning section and
in the flue gas heating section have been simulated as a DCC and
as a DCH, respectively, without considering the acidic compounds
contained in the inlet flue gas and the NH3 leaving the top of the
NH3 absorber. The required flowrates of fresh make-up aqueous
NH3 (or caustic) solution and aqueous H2SO4, as well as the flow-
rate of pure solid (NH4)2SO4 can be computed from simple
straightforward mass balances.

5. Results and discussion

In this section, the results of applying the sequential process
simulation and optimization strategy described in Section 4 to
the case study are presented and discussed.

5.1. Step 1 – Determination of a feasible set of operating conditions

Firstly, the initial set of operating conditions of the CO2 absorber
of the CAP were obtained for increasing CO2 concentration in the
flue gas (Cement Case 18 and Cement Case 22 in Table 1). As start-
ing point, we used the set of operating conditions of the CO2 absor-
ber calculated by Sutter et al. (2016), which was obtained aiming at
minimizing the energy consumption of the capture process when
applied to coal-fired power plants, i.e. Power Case in Table 1, for
the same process specifications and constraints of this case study
(see Table 2). Starting from these values, we have manually
adapted the operating conditions to the cement flue gas character-
istics, thus identifying a preliminary set of parameters (named
‘‘init” in Table 5) and their associated range (named ‘‘min” and
‘‘max” in Table 5).

Secondly, the Murphree efficiency values, which result from the
rate-based simulation of the CO2 absorber operating with the ini-
tial set of decision variables, are computed for each CO2 concentra-
tion in the inlet flue gas. Murphree efficiency values depend on the
number of equilibrium stages considered for the equilibrium-
based simulation of the absorption column. In this case study, Mur-
phree efficiencies for CO2 and NH3 have been obtained for an
equilibrium-based model that considers 5 equilibrium stages in
the NH3-slip reduction section and 15 equilibrium stages in the
CO2-uptake section of the CO2 absorber, as in the column imple-
mented by Sutter et al. (2016) for the power plant application.
The Murphree efficiency values obtained in this case study range
from 0.07 to 0.2 for CO2 and from 0.7 to 0.9 for NH3. The full set
of values for every equilibrium stage is reported in the Supplemen-
tary Material, for each flue gas composition. The temperature and
gas composition profiles obtained with equilibrium- and rate-
based simulations are compared in the Supplementary Material
for the initial set of operating conditions. Remarkably, they lead
to similar results for both cement flue gas compositions.

Thirdly, the range of operating conditions selected for the CO2

absorber decision variables are obtained as a result of the first full



Table 5
Operating conditions of the CO2 absorber considered in the sequential simulation and heuristic optimization of the CAP applied to cement plants for CO2 capture. For each cement
flue gas composition it is indicated: (i) the initial set of operating conditions for each cement case resulting from the preliminary adaptation of the CAP developed for the power
plant application to the new flue gas conditions; and, (ii) the range of input variables that has been tested, identified by ‘‘min” and ‘‘max”. Moreover, the table also shows the
optimal set of operating conditions found by Sutter et al. (2016) (Power Case).

Param. Units Power Case Cement Case 18 Cement Case 22

yFG;inCO2
¼ 0:14 yFG;inCO2

¼ 0:18 yFG;inCO2
¼ 0:22

best (Sutter et al., 2016) init min max best init min max best
P C:18 C:22

ĉNH3 [molNH3 kg
�1
H2O]

8.9 8.0 4.0 10.0 7.0 8.0 4.0 10.0 5.0

llean [molCO2 mol�1
NH3

] 0.352 0.331 0.25 0.45 0.350 0.331 0.25 0.45 0.362

Llean=Gin [kg kg�1] 4.2 4.9 3.5 8.5 5.0 6.0 4.0 10.0 7.0

f s [–] 0.28 0.25 0.05 0.45 0.25 0.18 0.05 0.45 0.15
Tpa [�C] 10 5 5 19 12 5 5 19 13

Table 6
Operating and design conditions fixed in all simulations of the CAP independently of
the flue gas specifications, organized by process section. Unless specified, pressure
drop in columns is neglected. In addition, the temperature of make-up streams
entering the capture process, i.e. water and chemicals, is assumed to be 20�C in all
cases.

CO2 capture section
Pressure at the top/bottom of the CO2 absorber [bar] 1.01/1.04
CO2 absorber packing 25-mm Pall

rings
CO2-lean stream inlet temperature to CO2 absorber [�C] 21.2
Pressure drop in the CO2 desorber [bar] 0.5
Number of equilibrium stages in the CO2 desorber 10
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process equilibrium-based simulations and subsequent single vari-
able sensitivity analyses. These values are given in Table 5. As
planned in our overall methodology, the CO2 desorber decision
variables, i.e. PCO2des and f cr, are fixed at 10 bar and 0.08, respec-
tively, in Step 2(b) and varied between 5 and 27.5 bar and between
0.02 and 0.16, respectively, in Step 2(e). In addition, conditions and
design specifications fixed for the remaining sections of the CAP
are provided in Table 6, whose values are either extracted from
the power plant application (Sutter et al., 2016), or the result of
the aforementioned single variable sensitivity analyses. The latter
variables are highlighted in Table 6.
Feed stage of the hot CO2-rich stream to the CO2 desorber 7

FG-WW section

Purity NH3-lean solution (ĉFG�WW
NH3

) [molNH3 kg
�1
H2O]

0.05

Pressure at the top of the NH3 absorber [bar] 1.01
Number of equilibrium stages in the NH3 absorber 50

Murphree efficiency for CO2 (EMCO2
) in the NH3 absorber 0.015

Pumparound stage entering the NH3 absorber 15
Temperature of chilled streams

(TFG�WW
lean ¼ TFG�WW

pa ¼ TFG�WW
chill ) [�C]

1.5

Temperature of condenser NH3 desorber [�C] 68
Pressure at the top of the NH3 desorber [bar] 1.01
Number of equilibrium stages in the NH3 desorber 9
Feed stage to the NH3 desorber 4

Flue gas pre-conditioning section
Number of equilibrium stages in the DCC 5
Pressure at the top of the DCC [bar] 1.01
Temperature of water entering the top of the DCC [�C] 21.2
Liquid-to-gas flowrate ratio [kg/kg] 2
Fan inlet/outlet pressure [bar] 1.01/1.1

Flue gas heating section
Number of stages in the DCH 5
Pressure at the top of the DCH [bar] 1.01

CO2-WW section
Number of equilibrium stages in the CO2-WW column 4
Temperature of water entering the CO2-WW column [�C] 50
Liquid-to-gas flowrate ratio [kg/kg] 0.3

CO2 recovery section
Number of equilibrium stages in the appendix stripper 4
Pressure at the top of the appendix stripper [bar] 1.15

CO2 compression section
Number of inter-cooled compression stages 3
5.2. Step 2 – Multi-objective heuristic optimization

Making use of the ranges of the input parameters selected in the
previous step, 36,252 and 31,752 different sets of CO2 absorber
operating conditions were considered in Step 2(a) -CO2 absorber
as standalone equipment- for Cement Case 18 and Cement Case
22, respectively. Among these, 4,617 and 3,421 equilibrium-
based simulations of the CO2 absorber converged within the spec-
ifications and were therefore retained for further analysis, first in
the CO2 capture section simulation (Step 2(b)), and then in the
FG-WW section simulation (Step 2(c)). As a result, 3,125 and
1,665 simulations, each characterized by a different set of operat-
ing conditions of the CO2 absorber, reached convergence within
specifications and constraints for each cement case. Finally, rate-
based simulations of the CO2 absorber were run in Step 2(d), out
of which 2,384 and 1,263 for Cement Case 18 and Cement Case
22, respectively, led to a feasible result, i.e. there exists a CO2

absorber design that is able to meet the CO2 capture efficiency
and the NH3 loss obtained by the corresponding equilibrium-
based simulation.

Fig. 4 shows the results obtained for the optimization of the CAP
after Step 2(d) of the sequential simulation and optimization strat-
egy, applied to Cement Case 18; each symbol corresponds to a dif-
ferent set of operating conditions of the CO2 absorber, which has
produced a converged simulation within specifications. Fig. 4(a)
shows the results in the specific equivalent work-CO2 capture effi-
ciency plane. Specific equivalent work minimization and CO2 cap-
ture efficiency maximization are opposing objectives, defining a
frontier where the CO2 capture efficiency can only be increased
at the cost of a higher minimum specific equivalent work (and vice
versa), the so-called ‘‘pareto front”. The use of new, calibrated Mur-
phree efficiency values for each new case in the equilibrium-based
simulations provided a good approximation of the mass transfer
limitations computed by the rate-based model. As a consequence,
infeasible absorber designs providing higher efficiency at constant
energy requirement than the pareto front points, defined exclu-
sively by feasible design operating conditions, are only obtained
at very high capture efficiency. Fig. 4(b) shows the results in the
x�-Pr plane for a narrow range of CO2 capture efficiencies around
the targeted value for this case study, i.e. 0.9. For constant w, the
specific equivalent work minimization and productivity maximiza-
tion are also opposing objectives: the increase in productivity can
only be achieved by increasing the minimum specific equivalent
work, thus forming a pareto front. Similar plots to those shown
in Fig. 4 have been generated for Cement Case 22. The resulting



(a) (b)

Fig. 4. Specific equivalent work vs.: (a) CO2 capture efficiency values; and, (b) productivity at CO2 capture efficiency between 0.895 and 0.910, of all simulations converged
and fulfilling specifications and constraints for Cement Case 18 after Step 2(d) of the sequential heursitic optimization strategy ( ). Note that the specific equivalent work,x� ,
considered at this point: (i) does not include the energy consumers from the recovery and CO2 compression sections, and (ii) is normalized by the CO2 mass flowrate in the
stream sent to CO2 compression. On the contrary, the CO2 capture efficiency, w, is computed as that of the CO2 absorber, which is the expected value when including the
recovery section and recycle stream to the CO2 absorber. The pareto front is defined by the assemble of linked points ( ) at the frontier of the cloud of points. Lighter symbols
in (a) ( ) account for those sets of operating conditions of the CO2 absorber that did not lead to feasible column designs resulting from the rate-based simulations performed
in Step 2(d), and are therefore not shown in (b) and discarded for further process optimization. The black arrows indicate the qualitative trends of the decision variables
towards and along the pareto front.

14 J.-F. Pérez-Calvo et al. / Chemical Engineering Science: X 8 (2020) 100074
pareto fronts, which provide the optimum set of operating condi-
tions for the CO2 absorber in each cement case, are shown in
Fig. 5, along with the results of the optimized CAP applied to the
power plant case calculated by Sutter et al. (2016). For given CO2

capture efficiency and productivity values, the minimum specific
equivalent work decreases when increasing the CO2 concentration
in the inlet flue gas, which is in line with the trend of the minimum
separation energy as a function of the CO2 partial pressure in the
inlet flue gas. Although the effect of the CO2 absorber decision vari-
ables on the performance of the CAP are subject to complex inter-
dependencies, qualitative trends with respect to the optimal
conditions can be observed (see black arrows in Fig. 4 and Fig. 5):

� We can move towards higher CO2 capture efficiency while min-

imizing the energy cost by simultaneously increasing c
^

NH3 and

f s and decreasing Tpa, with a negligible variation of Llean=Gin

and llean.
� The productivity can be increased while keeping constant the
CO2 capture efficiency and minimizing the specific equivalent

work of the process by increasing ĉNH3 . The increase in c
^

NH3 is
compensated by a slight increase in llean for Cement Case 18

and by a slight decrease in Llean=Gin for Cement Case 22.
� If the CO2 concentration in the inlet flue gas increases, and the
CO2 capture efficiency and the productivity have to be kept con-
stant, the specific energy consumption is minimized by simulta-

neously increasing Llean=Gin and Tpa and decreasing ĉNH3 and f s.

The optimum values for each CO2 absorber decision variable
along the pareto fronts shown in Fig. 5 are provided in the Supple-
mentary Material.

As far as the optimization of the FG-WW section is concerned,
in all points belonging to the pareto fronts the optimal values of
the flowrate of the NH3-lean stream and the NH3 absorber pump-
around split fraction are 0.1 [kg kg�1] and very close to 0, respec-
tively. The NH3 concentration and temperature of the NH3-lean
stream, and the temperature of the pumparound were fixed at
the values provided in Table 6.

The points C.18 and C.22 in Fig. 5(b), which correspond to the
minimum specific equivalent work for each CO2 concentration in
the inlet flue gas, have been selected for further comparison with
the process developed and optimized for the power plant case
(Sutter et al., 2016), i.e. point P in Fig. 5. It can be noted that the
set of operating conditions that minimizes x� for both C.18 and
C.22 leads to similar productivity values among them and with
respect to the operating conditions P of the power plant case.
The operating conditions of the CO2 absorber corresponding to
C.18 and C.22 are shown in Table 5, labelled as ‘‘best”.

Furthermore, Fig. 6 shows the liquid composition profiles along
the CO2 absorber for the operating conditions P, C.18 and C.22; the
liquid apparent composition is plotted in the ternary phase dia-
gram (TPD) of the CO2-NH3-H2O system, in which each symbol is
color-coded to indicate the corresponding temperature. For a
detailed explanation of the TPD applied to the CO2-NH3-H2O sys-
tem, the reader is referred to the work of Sutter et al. (2015).
Firstly, for all cases, the liquid compositions along the CO2 absorber
have similar CO2 loadings, i.e. the composition of the pumparound
stream entering the top of the CO2 absorber is next to the solubility
curve, but outside the S-L equilibrium region. As pointed out by
Sutter et al. (2015), the pumparound of the CO2 absorber is one
of the critical points regarding solid formation, and the process
optimization is constrained to avoid the formation of solids in this
stream. In addition, Fig. 6 illustrates that the apparent concentra-
tion of NH3 in the solvent at the optimum set of operating condi-
tions of the CO2 absorber decreases when increasing the CO2

concentration in the inlet flue gas, as mentioned above. As a conse-
quence, the driving force for CO2 transfer from the vapour to the
liquid phase is kept approximately constant when increasing the



Fig. 5. Resulting pareto fronts of the optimization of the CO2 absorber operating conditions of the CAP for cement application in the plane: (a) specific equivalent work vs. CO2

capture efficiency; and, (b) specific equivalent work vs. productivity at fixed CO2 capture efficiency between 0.895 and 0.910. In addition to the pareto fronts obtained for
Cement Case 18 ( ) and for Cement Case 22 ( ), the results of the optimized CAP applied to the power plant case found by Sutter et al. (2016) is also represented ( ) as
reference and labelled as P. The performance of the CO2 absorber operating variables for Cement Case 18 and Cement Case 22 selected for further analysis and comparison are
labelled as C.18 and C.22, respectively. In this figure, x� and w are computed as specified in the caption of Fig. 4. The black arrows indicate the qualitative trends of the
decision variables to move between pareto fronts obtained for different CO2 concentration in the inlet flue gas.

Fig. 6. Profile of the liquid phase along the CO2 absorber for the optimal set of operating conditions of the CO2 absorber that minimizes the energy consumption for Cement
Case 18 (circles) and Cement Case 22 (triangles), and for the Power Case (squares). Temperatures along the column can be read using the color code (rounded to 5�C). For the
sake of visuality, each symbol corresponds to the apparent composition of a stage of the equilibrium-based simulation with Murphree efficiencies. The phase diagram
considers apparent weight fraction of CO2, NH3 and H2O and applies to 1.013 bar and 10 and 15�C, i.e. the closest temperatures rounded to 5 �C steps of the pumparound
stream resulting from each case. The phase regions are labelled as V for vapour, L for liquid and S for solid.
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CO2 concentration in the flue gas by decreasing the NH3 concentra-
tion in the solvent; then, the solvent CO2 uptake capacity is main-
tained by increasing the CO2-lean liquid-to-gas flowrate ratio. Not
surprisingly, the liquid composition profiles along the CO2 absorber
have similar features as in the power plant profile: (i) efficient cap-
ture of CO2 along the whole CO2 uptake section, (ii) drastic removal



16 J.-F. Pérez-Calvo et al. / Chemical Engineering Science: X 8 (2020) 100074
of NH3 in the NH3 slip removal section, (iii) and continuous
increase of temperature from the top of the column with a maxi-
mum value close to the bottom of the column. The corresponding
gas composition and temperature profiles resulting from the rate-
based simulations are provided in the Supplementary Material: the
equilibrium-based model is able to reproduce accurately the pro-
files obtained using the rate-based model, thus confirming the
validity of the simplifications introduced in Step 2 of this optimiza-
tion procedure.

The heuristic optimization was extended in Step 2(e) to the CO2

desorber decision variables and their effect on the specific equiva-
lent work for the low energy CO2 absorber operating conditions, i.e.
C.18, C.22 and P in Table 5. The variables PCO2des and f cr highly influ-
ence the energetic performance not only of the CO2 desorber, but
also of the recovery section and of the CO2 compression section.
These effects are illustrated in Fig. 7 for Cement Case 18 using
the operating conditions defined by C.18. More specifically, Figs. 7
(a)–(c) show the effect of the CO2 desorber pressure and the cold-
rich bypass split fraction on the energy requirements of the CO2

desorber, Figs. 7(d)–(f) show their effect on the performance of
the recovery section, and Figs. 7(g)–(i) on the energy requirements
associated with CO2 compression. As expected, the CO2 desorber
reboiler duty, _Q reb;CO2 , can be decreased by increasing PCO2des, as
shown in Fig. 7(a). There exists an optimum f cr value for each
PCO2des that maximizes the heat exchanged in the rich/lean heat

exchanger, thus eventually minimizing _Q reb;CO2 ; the optimal f cr
decreases when increasing PCO2des. On the other hand, the CO2 des-
orber reboiler temperature increases with increasing pressure. As a
result, the specific equivalent work associated with the steam
required in the reboiler of the CO2 desorber finds its minimum
along the whole range of pressures considered in this study, for a
narrow range of cold-rich split fraction values that vary with the
pressure level. However, not only must the CO2 desorber strip-off
CO2 from the CO2-rich solvent, but also provide a CO2 vapour
stream with enough purity for transportation and storage. Specifi-
cally, NH3 is vaporized together with CO2 in the CO2 desorber due
to its high volatility, and has to be removed from the vapour phase
and re-condensed in the upper part of the column: The goal is to
limit the concentration of NH3 in the CO2 gas stream so as to avoid
solid formation downstream in the process. This is achieved by
means of the cold-rich bypass. Therefore, the values of PCO2des

and f cr that minimize _Q reb;CO2 are found in the operating area clos-
est to solid formation: If the cold-rich bypass split fraction is too
low, solids may form in the condensate of the CO2 stream gener-
ated before or during compression as a result of an excessive
NH3 content in the gas stream leaving the CO2-WW section.

As far as the reboiler duty of the appendix stripper in the recov-

ery section, _Q reb;rec, is concerned, it increases: (i) when decreasing
f cr for a fixed PCO2des, and (ii) for lower PCO2des at constant f cr, as
shown in Fig. 7(d). In both cases, the NH3 mole fraction in the

CO2 stream leaving the CO2 desorber, y
CO2�WW;in
NH3

, increases as a con-
sequence of a higher temperature and of a lower pressure, respec-
tively, as shown in Fig. 7(f). Therefore, the fresh water make-up
(and associated purge stream) required in the CO2-WW section,

FCO2�WW;in
H2O

, to remove NH3 from the CO2 stream increases (Fig. 7
(e)), thus increasing the appendix stripper reboiler duty required
to recuperate the NH3 (and CO2) contained in the purged streams.

Finally, the pressure at the CO2 desorber has opposing effects on
the CO2 compression and on the CO2-rich stream pumping to the
CO2 desorber, as shown in Fig. 7(g) and Fig. 7(h), respectively; as
a result, the sum of the two energy contributors, i.e.
xCO2comp þxaux, decreases when increasing PCO2des for the range
of operating conditions studied in this case study, as shown in
Fig. 7(i).
Overall, there exists a combination of values of PCO2des and f cr
that minimizes the total specific equivalent work of the capture
process for each CO2 concentration in the inlet flue gas; this is
shown as x isoregions in Fig. 8(a). In addition to the infeasible
region due to solid formation, Fig. 8(a) also includes the regions
of the CO2 desorber decision variables that are infeasible as they
would not meet constraints regarding maximum temperature of
the solvent, Treb;CO2 , and maximum NH3 concentration in the CO2

stream entering the CO2 compression section, yCO2comp;in
NH3

(whose
values are reported in Table 2). The optimal CO2 desorber pressure
and cold-rich bypass split fraction values decrease when increasing
the CO2 concentration in the flue gas, i.e. P, C.18 and C.22 in Table 5,
leading to optimal PCO2des and f cr of 25.0 bar and 0.05, of 22.5 bar
and 0.0475 and of 17.5 bar and 0.045, respectively. As a result,
the total specific equivalent work can be decreased when increas-
ing the CO2 concentration in the inlet flue gas, from 1.12 MJ

kg�1
CO2captured

for the optimal Power Case, P, to 1.04 and 0.98 MJ

kg�1
CO2captured

for C.18 and C.22, respectively. Notably, the optimal
set of CO2 desorber decision variables and the feasible region of
operating conditions for each inlet flue gas composition are a con-
sequence of the corresponding optimal set of operating conditions
of the CO2 absorber. For example, the optimal apparent NH3 con-
centration in the solvent decreases when increasing the CO2 con-
centration in the inlet flue gas; thus the maximum CO2 desorber
pressure is limited to lower values by the reboiler temperature
constraint.

Furthermore, Fig. 8(b) provides the specific equivalent work
break-down for the optimal operating conditions in terms of min-
imal energy consumption for each flue gas composition. All contri-
butions, except for that associated with the CO2 compression,
decrease when increasing the CO2 concentration. In addition and
not surprisingly, in all cases the main contribution to the overall
specific equivalent work required for the CAP stems from the
steam required in the CO2 desorber for solvent regeneration. Con-
sequently, the optimization of the operating conditions of the cap-
ture process is driven by the decrease of the reboiler duty of the
CO2 desorber. In this work, the CAP reboiler duty for the CO2 des-

orber ranges between 2.1 and 2.2 MJth kg�1
CO2captured

when varying
the CO2 mole fraction in the inlet flue gas from 0.14 to 0.22. This
compares closely with the thermal energy requirements of the best
performing amine solvents (Leeson et al., 2017; Rochelle et al.,
2019).

5.3. Step 3 – Integration with the heat provision source

The integration with the heat provision source is carried out
and guided by the computation of the SPECCA of the capture pro-
cess, f, considering features and CO2 emissions of the electricity
and steam consumed. The SPECCA is of paramount importance as
it provides a fair comparison with alternative capture technologies,
which might require different steam quality or might not need
steam at all. This is even more important for industrial processes
where steam and waste heat might or might not be available
(e.g., integrated steelworks vs. cement).

When recomputing the optimization results obtained after Step
2(d), i.e. excluding PCO2des and f cr, to identify the pareto front con-
sisting of the minimum SPECCA values, we recognize that:

� If steam is produced in a NG boiler, the SPECCA is minimized by
decreasing the reboiler duty of the CO2 desorber. Accordingly,

this requires to decrease c
^

NH3 ; llean and Llean=Gin with respect to
the optimal operating conditions obtained when minimizing
the specific equivalent work.



Fig. 7. Response surfaces obtained in the plane cold-rich bypass split fraction vs. CO2 desorber pressure applied to the optimal set of operating conditions defined by C.18 in
Table 5 obtained for Cement Case 18, for the following variables: (a) heat duty required at the reboiler of the CO2 desorber; (b) temperature at the reboiler of the CO2

desorber; (c) specific equivalent work associated with the thermal energy required in the reboiler of the CO2 desorber; (d) heat duty required by the reboiler of the recovery
section; (e) fresh water make-up flowrate required in the CO2-WW section; (f) NH3 mole fraction in the CO2 stream leaving the top of the CO2 desorber; (g) specific equivalent
work associated with the CO2 compression section; (h) specific equivalent work related to the auxiliary units of the CO2 capture process; and (i) sum of the two latter specific
equivalent work variables. The striped area represents the infeasible region of the process, where solids may form in the condensate of the CO2 stream before or during CO2

compression.
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� If steam is produced in a CHP plant, it is important to account
for both flow rate and temperature of the imported steam.
Therefore, the SPECCA is minimized by increasing

c
^

NH3 ; llean and Llean=Gin with respect to the optimal operating con-
ditions obtained when minimizing the specific equivalent work.

In both cases, we can vary the capture efficiency (or the produc-
tivity) by playing with the remaining CO2 absorber operating con-
ditions. The optimal set of operating conditions of the CO2 absorber
decision variables for Cement Case 18 depending on the energy
performance indicator are provided in the Supplementary
Material.
However, we note that the pareto front identified by minimiz-
ing the specific equivalent work (see Fig. 5) is very close to the par-
eto identified by minimizing the SPECCA when reporting both in
the SPECCA-efficiency (or SPECCA-productivity) plane. Or, in other
words, the SPECCA values calculated with the optimal operating
conditions identified by the specific equivalent work minimization
either belong or are very close to the pareto front obtained when
directly minimizing the SPECCA. This is illustrated in greater detail
in Fig. 9. Figs. 9(a) and 9(b) report the results for the NG boiler case,
in the SPECCA-efficiency and SPECCA-productivity planes, respec-
tively. Figs. 9(c) and 9(d) report the results for the CHP plant case,
again in the SPECCA-efficiency and SPECCA-productivity planes,
respectively. It can be noted, that the coloured area (blue for



Fig. 8. (a) Response surfaces obtained in the plane cold-rich bypass split fraction vs. CO2 desorber pressure for the overall specific equivalent work of the CAP using the
optimal sets of operating conditions of the CO2 absorber defined, from left to right, by P, C.18 and C.22 in Table 5; the infeasible region of the process is given by the striped
area, where solids may form, and by the red shadowed regions, which define the range of CO2 desorber operating conditions at which the NH3 concentration in the CO2 stream
sent to compression, at the left, and the CO2 desober reboiler temperature, at the right, would not meet the process constraints. (b) Contributions of the key energy consumers
to the minimum overall specific equivalent work of the CAP applied to different inlet flue gas compositions; operating conditions correspond to those defined by P, C.18 and
C.22 in Table 5, from left to right, for the CO2 absorber, and to those leading to the minimum x in (a) for the CO2 desorber.
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Cement Case 18 and red for Cement Case 22), which is obtained
considering the pareto points obtained by minimizing the specific
equivalent work, lead to SPECCA values which are less than 3%
greater than the minimum SPECCA value achievable for a given
productivity of the process. This translates in a mere average dif-

ference of 0.1 and 0.05 MJLHV kg�1
CO2avoided

for the NG boiler case
and for the CHP plant case, respectively.

When recomputing the optimization results obtained after Step
2(e), i.e. including the CO2 desorber operating conditions, to mini-
mize the SPECCA, the optimal values of PCO2des and f cr depend on
the heat provision source and differ from those obtained when
minimizing the specific equivalent work. The effect of PCO2des and
f cr on the SPECCA is shown in Fig. 10 for Cement Case 18 (at the
set of operating conditions of the absorber that minimizes the
specific equivalent work, i.e. defined by C.18 in Table 5). We recog-
nize that:

� If steam is produced in a NG boiler, the SPECCA is minimized by
increasing PCO2des, since this minimizes the reboiler duty of the
CO2 desorber. However, the upper bound is limited by the
reboiler temperature; f cr also strongly affects the SPECCA and
has to be adjusted to an optimal value that decreases with
increasing PCO2des.

� If steam is produced in a CHP plant, PCO2des has opposing effects
on flow rate and temperature of the imported steam. Although
the SPECCA is minimized by decreasing PCO2des, the SPECCA is
close to its minimum regardless of PCO2des; as for the NG boiler
case, f cr has to be adjusted to an optimal value that also
decreases with increasing PCO2des.

Nevertheless, it can be similarly noted here, that the grey-
coloured area which is obtained considering the CO2 desorber
operating conditions that minimize the specific equivalent work,
lead to SPECCA values that are less than 3% greater than the min-
imum SPECCA value. This translates in a mere difference of less

than 0.1 MJLHV kg�1
CO2avoided

.
Overall, the energetic optimization of the capture process

considering the real steam source, i.e. using a set of operating
conditions of the CO2 absorber and of the CO2 desorber that mini-
mizes the SPECCA, improves the energy performance of the process



Fig. 9. Pareto fronts of the optimization of the CO2 absorber operating conditions in the plane: (a) SPECCA-CO2 capture efficiency for steam produced in a NG boiler; (b)
SPECCA-productivity for steam produced in a NG boiler and CO2 capture efficiency between 0.895 and 0.910; (c) SPECCA-CO2 capture efficiency for steam imported from a
CHP plant; and, (d) SPECCA-productivity for steam imported from a CHP plant and CO2 capture efficiency between 0.895 and 0.910. Pareto fronts are shown for Cement Case
18 using a NG boiler ( ) or a CHP plant ( ) as steam source, and for Cement Case 22 using a NG boiler ( ) or a CHP plant ( ) as steam source. The results of all simulations
converged and fulfilling specifications and constraints after Step 2(d) are also shown for both steam production types, i.e. NG boiler ( ) and CHP plant ( ), for Cement Case
18. The points belonging to the pareto fronts obtained in Fig. 5 when minimizing the specific equivalent work are shown for Cement Case 18 ( ) and Cement Case 22 ( ); the
regions defined by these points have been shadowed to show their performance with respect to the paretos obtained when minimizing the SPECCA. f� and w are computed
following the description included in the caption of Fig. 4.
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by less than 6% with respect to considering the specific equivalent
work. Therefore, the capture process can be optimized using the
specific equivalent work, x, as energy performance indicator,
while neglecting the effect of the steam source on the process opti-
mization. On the other hand, including the SPECCA index is of para-
mount importance to understand the best steam supply option:
when steam can be imported from a CHP plant, the CAP’s SPECCA

is as low as 2.5 MJLHV kg�1
CO2avoided

for Cement Case 18. This translates
into a SPECCA reduction of 35% with respect to producing steam in
a NG boiler built on-site.
6. Conclusions

Solvent-based post-combustion CO2 capture technologies have
been investigated extensively for their application to power plants.
Such capture processes include a rather large number of unit oper-
ations that need complex simulation tools for their description,
including accurate description of thermodynamics, reaction kinet-
ics, and transport phenomena, particularly mass transfer. There-
fore, the optimization of such complex processes from a scientific
perspective is very cumbersome and time consuming, leading to
very long development times. Regarding the model, experimental
tests at pilot plant scale are usually performed for model validation
purposes. As far as the process optimization is concerned, recycle
of streams among different process sections, along with the neces-
sity of rate-based simulations for equipment sizing increase con-
siderably simulation times and worsen convergence, thus
hindering the optimization of the process.

To overcome these difficulties, we have developed a new
methodology that uses the available know-how in the literature
to optimize the full process flow diagram of solvent-based capture



(a) (b)

Fig. 10. Isoregions obtained in the plane cold-rich bypass split fraction vs. CO2 desorber pressure for the overall SPECCA when: (a) steam is produced in a NG boiler; and, (b)
steam is imported from a CHP plant. The grey-coloured area identifies the region for minimum specific equivalent work. All simulations have been performed at the set of
operating conditions of the CO2 absorber defined by C.18 in Table 5 for Cement Case 18.
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processes that are to be applied to a new flue gas composition and/
or for a different process specification, e.g. for a new CO2 capture
efficiency, but reducing the time for development from years to
months.

Firstly, our methodology consists of a procedure that provides
comprehensive criteria based on physico-chemical properties of
the system for the selection and/or calibration of the thermody-
namic model, transport propertymodels, kinetic models andmodel
numerical options that compose the rate-basedmodel. As a result, a
model that can be used reliably in a broad range of operating condi-
tions for process optimization is obtained from experimental data
available in literature, thus avoiding new experimental tests, and
minimizing at the same time the simulation effort required for
model development and validation. The main guidelines proposed
for model development and calibration, whose validity has been
provenwith the case studypresented in thiswork, are the following:

� The selection of the thermodynamic model should not only be
based on its accuracy in predicting the VLE experimental data,
but should also be guided by the capacity of the model in repro-
ducing the experimental evidence regarding solid formation.
Avoiding solid formation is one of the constraints of the process
optimization, so that its accurate prediction is of paramount
importance to obtain realistic results.

� If liquid-phase reaction kinetics obtained for the range of oper-
ating conditions explored in the process optimization are not
available in literature, we propose to use instead kinetic models
obtained at infinite dilution. Then, the model is extrapolated to
the concentration range considered in the optimization prob-
lem by means of activity-based kinetics, whose kinetic con-
stants are computed from the corresponding kinetic constants
reported in literature and obtained at infinite dilution.

� Density and transport property models should consider not only
solvent measurements, but also data corresponding to
CO2-loaded solutions when available in the literature.
� Geometric discretization of the liquid film with half of the dis-
cretization segments within the chemical film thickness is pro-
posed. Considering these pre-requisites, the number of
discretization segments and the value of the discretization ratio
is determined from the value of the Hatta number, thus avoid-
ing time consuming trial-and-error approaches.

Secondly, we propose a procedure for process optimization that
applies a number of strategies and approximations aiming at
decreasing the required time without compromising the validity
of the results. These strategies and approximations, whose validity
has also been proven by means of the case study included in this
work, are the following:

� The step-wise simulation and optimization approach allows to
limit the number of simulations of the full capture process only
to those sets of operating conditions that converge and meet
specifications and constraints for the different process sections.
We have shown that the decision variables of the CO2 absorber,
of the FG-WW section and of the CO2 desorber can be optimized
step by step.

� Rate-based simulations are avoided for full capture process sim-
ulations and are only performed for the stand-alone CO2 absor-
ber at conditions that meet the specifications and constraints of
the full capture process.

� Mass transfer limitations in the CO2 absorber are successfully
accounted for by means of new, calibrated Murphree efficiency
values implemented in the equilibrium-based simulations for
each new optimization case, which lead to feasible CO2 absorber
designs for a majority of operating conditions.

� A single set of Murphree efficiency values can be used for the
optimization of the process for given CO2 concentration in the
flue gas and specification of CO2 capture efficiency. This set is
computed from the rate-based simulation of the CO2 absorber
operating with the initial conditions.
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� In order to determine a feasible set of operating conditions that
can be used as initial condition for the optimization of the pro-
cess, a reference design of the same or similar capture technol-
ogy is used as point of departure, using the know-how about the
process to reach the (new) CO2 capture efficiency for the new
flue gas composition.

� While the comparison with respect to other types of technolo-
gies requires the integration of the solvent-based capture pro-
cess with the steam provision source, in this work we have
shown that the process optimization itself can be carried out
considering the specific equivalent work as energy consump-
tion indicator. This makes the optimization methodology more
general and independent of the boundary conditions of the CO2

industrial point source as far as the steam generation is
concerned.

As far as the specific results obtained for the case study are con-
cerned, the optimal CAP operation when increasing the CO2 con-
centration in the flue gas, for constant CO2 capture efficiency,
requires the decrease of the apparent NH3 concentration in the sol-
vent and of the solvent temperature in the CO2 absorber, and the
increase of the liquid-to-gas flowrate ratio in the CO2 absorber.
In addition, the CO2 loading in the CO2-lean stream is adapted in
all cases in such a way that the pumparound stream is pushed
towards the solubility limit at optimal operating conditions. As a
consequence of the lower apparent NH3 concentration in the sol-
vent, the optimal pressure at the CO2 desorber decreases for
increasing CO2 concentration in the inlet flue gas. As a result of
the optimization of the process, the energy consumption is
decreased for increasing CO2 concentration in the inlet flue gas,

thus leading to reboiler duties as low as 2.1 MJth kg�1
CO2captured

for
the CAP applied to cement plants, while maintaining the produc-
tivity of the CO2 absorber, thus the column height, in values in
the order of those typical of the power plant application.

Besides being applied to new point sources with different CO2

concentration in the flue gas, as in the case study presented in this
work, and targeting different specifications of CO2 capture efficiency
and CO2 purity, thismethodology can also be applied to find the new
optimal set of operating conditions of the capture process when the
CO2 concentration in the inlet flue gas varies over time because of
changes in the fuel/raw meal inlet composition, or because of
greater flowrate of air slipping into the industrial manufacturing
process. In the context of the case study of thiswork and of the latter
application, the optimization results obtained using the methodol-
ogy presented in this work have been used by Voldsund et al. (2019)
and by Gardarsdottir et al. (2019) for the techno-economic assess-
ment of the CAP, in comparison with other capture technologies
when applied to cement plants for CO2 capture.
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