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A B S T R A C T

The production of base chemicals such as olefins and aromatics from synthesis gas is of great interest from both an academic and an industrial point of view. We
prepared a bulk iron Fischer Tropsch catalyst promoted with potassium capable of converting synthesis gas to olefins and combined it with an H-ZSM-5 zeolite to
convert the formed olefins to aromatics on the zeolite acid sites. All experiments were performed in stacked bed mode to avoid migration of potassium promoters
from the iron catalyst to the zeolite, which can deactivate acid sites in the zeolite. Operating at a pressure of 20 bar and temperatures between 250 °C and 300 °C
instead of high temperatures of 300−350 °C led to a methane selectivity of only 7–14 %C. Olefins in the range of C4–C8 were converted to aromatics in the initial
section of the zeolite bed, while further into the zeolite bed C2-C3 olefins oligomerized to longer olefins and alkylated light aromatics forming heavier aromatic
hydrocarbons. Investigation of the influence of CO conversion on the aromatization of olefins showed a maximum in aromatic selectivity (excluding CO2) of 18 %C at
medium CO conversion (XCO= 26–47 %). This work provides detailed insight into the chemical events that occur in bifunctional catalyst beds and can contribute to
the development of an industrial process to convert synthesis gas to aromatics in a single reactor.

1. Introduction

To reduce the carbon footprint of chemical processes and the
worldwide carbon dioxide emissions, new pathways for the production
of chemicals need to be developed [1,2]. The conversion of synthesis
gas to chemicals has received significant attention in the past years,
since it opens a route for the production of platform chemicals for the
chemical industry that is independent of crude oil. Synthesis gas is a
mixture of carbon monoxide and hydrogen and can be derived from
carbon containing sources such as shale gas, natural gas, coal, biomass,
or from CO2 with renewable hydrogen [3–6].

Recent publications have mostly focused on the synthesis of short
olefins (C2-C4) [7–12]. Synthesis gas can be converted directly using the
Fischer-Tropsch to olefins (FTO) process, which allows to form C2-C4

olefins with 65 %C selectivity within the hydrocarbons (excluding CO2)
[7,8]. Typically, the product distribution of the Fischer-Tropsch
synthesis is described with the Anderson-Schulz-Flory (ASF) distribu-
tion, which means that the preferential formation of short olefins im-
plies an undesirably high methane fraction [13]. The presence of so-
dium and sulfur promoters in iron (carbide) based FTO catalysts,
however, can lead to a deviation from the Anderson-Schulz-Flory dis-
tribution with less methane and an increased olefin to paraffin ratio

[14–16].
Alternatively, a bifunctional catalyst system can be used to convert

synthesis gas in a single reactor to reactive oxygenate intermediates
such as methanol [17], dimethyl ether [18], or ketene [10,19] on a
metal oxide catalyst and subsequently to short olefins using solid acids
such as zeolites. The product distribution of these bifunctional catalyst
systems is determined by the pore confinement of the zeolite and can be
controlled by the pore structure and acid strength. Using a SAPO-34
zeolite with 8-membered rings led to the formation of a mixture of C2-
C4 olefins with a total selectivity of 80 %C [10,20], whereas a zeolite
with mordenite structure and selectively blocked 12-membered ring
sites formed ethylene in the 8-membered ring side pockets with 73 %C

selectivity [19]. Larger pore diameters of the H-ZSM-5 zeolite con-
sisting of a 10-membered ring pore system allowed the formation of
aromatic hydrocarbons from oxygenate intermediates with selectivities
as high as 80 %C [17,21–23].

To convert synthesis gas into aromatics via olefinic intermediates
instead of oxygenates, an iron (carbide) based Fischer-Tropsch catalyst
[24] can be combined with an H-ZSM-5 zeolite [25–31]. Combining a
sodium and sulfur promoted iron (carbide) FTO catalyst with the acid
properties of a H-ZSM-5 zeolite in a high temperature and low pressure
process (400 °C, 1 bar) resulted in the formation of C6-C8 aromatics with
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reasonable selectivity of up to 27 %C, while C2-C4 olefins are preserved
with 41 %C selectivity [32]. We found that the pathway for ar-
omatization of olefins in this high temperature process followed de-
hydro-aromatization rather than hydrogen transfer, resulting in a C2-C4

paraffin selectivity of only 4–10 %C and decreased hydrogen to carbon
ratio in the overall hydrocarbon products compared to the FTO catalyst
without zeolite. Furthermore, the activity of the FTO function was en-
hanced by close proximity of the zeolite, due to enhanced formation of
iron carbides.

However, the close proximity also led to the migration of sodium
ions from the FTO catalyst to the acid sites of the zeolite, resulting in
decreased acidity of the zeolite and loss of promotion effect of the so-
dium and sulfur and therefore increased methane selectivity [33,34].
This migration of sodium ions can be mitigated by increasing the dis-
tance between the FTO catalyst and the zeolite for instance by oper-
ating in stacked bed mode with the zeolite downstream of the FTO
catalyst [35–37].

Typically, the low temperature Fischer-Tropsch (LT-FT) process is
operated at temperatures between 200 °C and 240 °C and pressures of
25−45 bar, whereas the high temperature Fischer-Tropsch (HT-FT)
process takes place between 300 °C and 350 °C and 20−40 bar [38]. In
previous publications [32,33], we discussed fundamental insights for
reaction conditions (400 °C and 1 bar) that are not applied in industrial
processes. These harsh conditions caused rapid deactivation of the bi-
functional catalysts.

In this work, we discuss a bulk iron catalyst promoted with po-
tassium to convert synthesis gas to olefins at 250−300 °C and 20 bar,
avoiding rapid deactivation and also shifting the Anderson-Schulz-Flory
distribution to higher alpha values by operating at relatively low tem-
peratures. This results in an increase of average chain length of the
hydrocarbon products. Furthermore, placing an H-ZSM-5 zeolite
downstream of the iron catalyst in a stacked bed mode allows to convert
the olefins formed on the iron catalyst into aromatics in a single reactor.

We focused in this work on the influence of the chain length of
olefin intermediates on the aromatization, and show that long olefins
are converted in the initial section of the zeolite bed followed by oli-
gomerization of short olefins and further aromatization in the con-
secutive sections of the zeolite bed. The yield of aromatics decreases
with increasing CO conversion.

2. Experimental section

2.1. Catalyst preparation

We prepared iron oxide by precipitation from an iron nitrate non-
ahydrate solution followed by decomposition of the precursor. 20.32 g
Fe(NO3)3 9 H2O (Acros Organics, for analysis 99+%) was dissolved in
500mL demineralized water (0.1 mol/L, initial pH 1.67). The pH was
increased to 10 by adding an ammonia solution (Merck, 28−30wt-%)
under vigorous stirring at 25 °C within 10 s to 20 s. One hour after pH
10 was reached, the stirring was turned off and the precipitate was let
to sediment for 16 h at 25 °C. After sedimentation, the supernatant was
decanted and the precipitate was centrifuged at 3000 rpm for 5min.
Afterwards the remaining supernatant was decanted and the precipitate
was re-dispersed in 300mL demineralized water, centrifuged for 10min
at 3000 rpm and the supernatant was decanted. This washing step was
performed in total three times. The resulting gel was dried in an oven in
static air at 120 °C for 16 h and afterwards transferred into a quartz
fixed bed reactor tube with ∼20mm inner diameter and heated with
5 °C/min to 350 °C (2 h hold time) in a flow of 100mL/min nitrogen.
The resulting material showed a yield of 3.48 g (87 % of the theoretical
yield) with a total pore volume of 0.25mL/g and was denoted as "Fe”.

The potassium promoter was introduced by incipient wetness im-
pregnation of 3.48 g of the calcined iron oxide powder (Fe) with a so-
lution containing potassium nitrate (Sigma Aldrich, ReagentPlus> 99
%, 217.0 mg/mL in demineralized water, 2.15mol/L, 0.25mL solution

per gram of Fe), resulting in 1.95 wt-% K/Fe2O3 and a molar ratio of
K:Fe=0.043 at/at. After impregnation the material was dried and
heated with 5 °C/min to 120 °C under 100mL/min nitrogen flow, where
it was held for 2 h and subsequently heated to 350 °C with 5 °C/min (1 h
hold time) in a quartz fixed bed reactor tube with ∼20mm inner dia-
meter. The heat-treated sample was pelletized (4 t with a 20mm
piston), ground in a mortar and sieved to a sieve fraction between
150−212 μm. The resulting potassium-promoted iron catalyst was de-
noted as “FeK”.

To convert the ZSM-5 zeolite (Zeolyst, Si:Al= 15 at/at) from the
ammonium form to the proton form, calcination was carried out at
550 °C (4.4 °C/min) for 4 h in a muffle stove in static air. Afterwards,
the calcined zeolite was pelletized (4 t with a 20mm piston), ground in
a mortar and sieved to a sieve fraction of 150−212 μm.

2.2. Catalyst characterization

Thermogravimetric analysis (TGA) in nitrogen flow of the dried
precipitate before calcination was performed on a TA Instruments Q50
thermal gravimetric analyzer to determine the optimum temperature
for calcination. An amount of 20−25mg sample was loaded in a pla-
tinum pan and heated under 60mL/min nitrogen flow with 15 °C/min
to 600 °C. The carbon deposition of the spent catalysts was analyzed
with a Perkin Elmer TGA 8000 with autosampler. Here, 5−10mg spent
catalyst were weighed in ceramic plans and heated with 15 °C/min to
700 °C under 60mL/min synthetic air (20 vol-% O2 and 80 vol-% N2)
flow.

To gain information about the crystal phase and crystal size of the
dried and calcined precipitate, X-ray diffractograms (XRD) were re-
corded on a Bruker D2 Phaser, equipped with a Co source operating at
λ=1.789 Å between 2Θ=10-80° with an increment of 0.07° per step
and 1 s exposure time.

N2-physisorption at −196 °C was carried out on a Micromeritics
TriStar 3000 to determine the specific surface area and mesopore vo-
lume of the calcined and promoted bulk iron catalyst before and after
the catalytic testing. The fresh and spent zeolite catalysts were analyzed
using Ar-physisorption at−196 °C. Prior to measurement, the materials
were dried in nitrogen flow at 250 °C for 16 h. The total pore volume
was determined from single point adsorption at p/p0= 0.995. The
isotherms of the promoted and calcined iron catalyst can be found in
the supporting information, Fig. S1.

Inductively coupled plasma optical emission spectroscopy (ICP-
OES) was carried out on a Spectro Arcos after digestion of the promoted
and calcined bulk iron catalyst in aqua regia.

Bright-field transmission electron microscopy and scanning trans-
mission electron microscopy in combination with energy dispersive X-
ray spectroscopy (STEM-EDX) in high annular angle dark field mode
(HAADF) were performed using a FEI Talos F200X, equipped with a
high brightness field emission gun and a Super-X G2 EDX detector and
operating at 200 kV. The samples were prepared by dispersing in me-
thanol and ultra-sonification for ∼5min. Afterwards, a drop of the
sample dispersed in methanol was placed onto a carbon TEM grid and
let dry. Scanning electron microscopy was performed on a Helios
NanoLab G3 in immersion mode and using 5 kV acceleration. The
samples were prepared by sprinkling a finely crushed powder onto
adhesive SEM sample holders.

2.3. Catalytic performance

To investigate the performance of the promoted bulk iron catalyst in
combination with the H-ZSM-5 zeolite in the conversion of synthesis
gas to olefins and aromatics, experiments were carried out in a 16-
channel parallel reactor setup (Avantium Flowrence). The calcined and
sieved catalysts were loaded into stainless steel reactor tubes with
2.6 mm inner diameter in a stacked bed configuration with the zeolite
downstream of the iron. The iron catalyst had beforehand been diluted
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with a 5-fold mass of silicon carbide (Alfa Aesar, > 98 %, 46 grit) to
avoid clogging and channeling in the iron catalyst bed. An illustration
of insufficient dilution of the iron catalyst with silicon carbide can be
found in the supporting information (Fig. S2). Prior to use, the silicon
carbide was calcined in a muffle stove in static air at 550 °C (4.4 °C/
min) for 5 h to remove potential contaminants and sieved to a fraction
between 212 μm and 425 μm.

To study the influence of zeolite bed height on the aromatization,
between 5 mg and 40 mg H-ZSM-5 was loaded into the reactors, re-
sulting in zeolite bed heights of 2–17mm. After placing a ∼1 mm layer
of silicon carbide on top of the zeolite bed, the iron catalyst was loaded
into the reactor. To operate at similar CO conversion levels and
therefore achieve a better comparison of the resulting selectivities,
more catalyst was loaded into the reactor when operating at lower re-
action temperatures. For the experiments at 250 °C, 40 mg iron catalyst
was loaded. At 275 °C and 300 °C the amount was reduced to 20 mg and
10 mg, respectively. The flow rate of synthesis gas was the same for all
reactors but as the amount of catalyst differed per reactor, the corre-
sponding gas hourly space velocities (GHSV, volume flow of feed gas
divided by FeK catalyst bed volume) varied and were 10,000 h−1at 250
°C, 20,000 h−1at 275 °C and 40,000 h−1at 300 °C.

Furthermore, experiments were conducted to investigate the influ-
ence of CO conversion on the aromatization, using a zeolite bed with
fixed height. 20mg of H-ZSM-5 was loaded into the bottom of the re-
actor, giving a zeolite bed height of 9mm. After placing a −1mm si-
licon carbide layer on top of the zeolite bed, 5−50mg of iron catalyst
were loaded into the reactor.

After the reactors were placed in the test unit, the iron catalysts
were reduced in-situ by heating to 350 °C with 5 °C/min in 6.25mLSTP/
min 30 % H2 in N2 v/v at 1 bar pressure and holding these conditions
for 2 h. Afterwards, the reactors were cooled down to reaction tem-
perature between 250−300 °C with 5 °C/min. After switching to
synthesis gas with 7.5 mLSTP/min and CO:H2:He=9:9:1 v/v/v, the
pressure in the reactors was increased to 20 bar. The gas flowing
through the reactors was diluted with 25mLSTD/min N2 at the end of
every individual reactor in the high-pressure section to avoid product
condensation. Synthesis gas and the N2-diluent were distributed over
the reactors with individual sets of capillaries, creating a pressure-drop
of 15−20 bar and avoiding reverse flow through the reactors. The gases
and C1-C17 hydrocarbon products were analyzed with an online gas-
chromatograph Agilent 7890-B, equipped with two flame ionization
detectors and a thermal conductivity detector. The iron (-carbide based
catalysts showed high water-gas-shift activity (CO+H2O ↔ CO2+H2),
resulting in CO2 selectivity of −50 %C. Reported product selectivities
are given as hydrocarbon distribution excluding CO2.

After the reaction finished, the hydrocarbon products were stripped
from the catalysts by flowing 50 % H2 in N2 v/v with 12.5 mLSTP/min at
350 °C and 10 bar for 4 h, followed by stripping at 300 °C and 1 bar for
5 h with the same flow conditions. The spent catalysts were char-
acterized after hydrogen stripping.

3. Results and discussion

3.1. Characterization

To determine an appropriate temperature for heat treatment, the
weight loss of the dried precipitate was measured while heating in ni-
trogen flow. The weight loss roughly between 200 °C and 400 °C (Fig. 1)
of about 8 wt% corresponds to that expected from the dehydration of
FeOOH to Fe2O3. The conversion of FeOOH to Fe2O3 was complete at
350 °C, which was hence chosen as the decomposition temperature to
convert the dried precipitate into the “Fe” material.

XRD (Fig. 2) of the precipitate after drying at 120 °C in air showed
the presence of crystalline goethite (α-FeOOH) and hematite (α-Fe2O3).
After further heat treatment at 350 °C in a nitrogen flow only crystalline
hematite was observed, showing that temperature of 350 °C for the heat

treatment was sufficient to convert the dried precipitate into iron oxide
(“Fe” material).

A transmission electron micrograph and scanning electron micro-
graph of the iron-potassium catalyst (FeK) after heat treatment (120 °C
for 2 h followed by 350 °C for 1 h in nitrogen flow) can be found in
Fig. 3. The sample exhibited a needle-like structure. This is as expected
as goethite (α-FeOOH) is known to form a needle-like structure when
formed via precipitation from an iron nitrate solution [39]. This
structure seemed to be maintained during the heat treatment at 350 °C
in nitrogen flow. ICP-OES showed an iron content of 65.4 wt% and
1.95 wt% potassium in the promoted and calcined iron catalyst. This
resulted in a ratio of K:Fe= 0.043 at/at, which is in good agreement
with the values we expected (nominal composition: 68.0 wt.-% Fe,
1.95 wt.-% K, balance oxygen).

3.2. Catalytic performance

In this section, we discuss the performance of the iron catalysts at
temperatures between 250−300 °C and 20 bar pressure in terms of
activity and selectivity of the iron catalyst with and without zeolite
present. Also, we investigated the influence of the zeolite bed height,
and hence the residence time of olefins formed on the iron catalyst in
the zeolite bed, in stacked bed. Placing various amounts of zeolite
downstream of the iron catalyst allowed us to follow aromatization at
different positions in the zeolite bed. Finally, the influence of CO con-
version on the aromatization in a zeolite bed with fixed height is

Fig. 1. Normalized weight and weight change during thermogravimetric ana-
lysis in nitrogen flow as function of temperature of the iron precipitate after
drying. Heating rate: 15 °C/min.

Fig. 2. X-ray diffractogram of the precipitate after drying and after subsequent
heat treatment at 350 °C in nitrogen flow for 2 h. Stars: XRD pattern of Fe2O3,
circles: FeOOH.
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discussed.

3.2.1. Influence of reaction temperature on the performance of the iron
catalyst

The experiments to evaluate the performance of the potassium
promoted iron catalyst were conducted with CO conversions of 15–20
%, allowing a direct comparison of the selectivities at similar conver-
sion. This was achieved by decreasing the amount of iron catalyst
placed inside the reactor with increasing reaction temperature, while
keeping the flow constant for all experiments.

At 250 °C and a GHSV of 10,000 h−1, FeK showed a CO conversion
of 17 % in the initial phase of the reaction. However, the CO conversion
decreased upon the first 15 h on stream and stabilized at 6–7 % after
−20 h (Fig. 4-A). Increasing the reaction temperature to 275 °C and the
GHSV to 20,000 h−1, led to a CO conversion between 13 % and 16 %.
The experiment conducted at a reaction temperature of 300 °C and
GHSV of 40,000 h−1 showed 19 % CO conversion in the initial phase of
the reaction, gradually decreasing to 13 % conversion.

The activity normalized to the mass of iron (iron time yield, FTY,
mind that different amounts of iron were loaded for the different ex-
periments to achieve similar initial conversion) decreased from
0.8×10−5 mol CO gFe−1 s−1 to 0.3×10−5 mol CO gFe−1 s−1 for the
experiments performed at 250 °C (Fig. 4-B). At 275 °C the FTY was
higher, 1.2–1.4× 10−5 mol CO gFe−1 s−1, due to the increased reac-
tion temperature. The FTY decreased from 3.4× 10−5 mol CO gFe−1

s−1 to 2.3×10−5 mol CO gFe−1 s−1 within the first 40 h on stream,
when operated at 300 °C.

In general, the iron mass normalized activity increased with in-
creasing reaction temperature, as expected. The deactivation was more
severe at 250 °C than at 275−300 °C. We ascribe this decrease in ac-
tivity to hydrocarbon deposition on the surface of the catalyst [40,41].
These hydrocarbons are less likely to be removed at low operating
temperatures.

FeK produced 8 % methane at 250 °C, whereas the selectivity to

methane increased to 14 %C at 275 °C and 300 °C (Fig. 5). These me-
thane selectivities are similar to the selectivities achieved with a sup-
ported FTO catalyst promoted with sodium and sulfur and operated at
high temperature and low pressure of usually 340−350 °C [32].

The C2-C4 fraction (sum of olefins and paraffins) in the hydrocarbon
products was 29–31 %C, independent of the temperature. However, the
contribution of olefins to the C2-C4 fraction increased with reaction
temperature from 69 %C at 250 °C and 71 %C at 275 °C to 80 %C at
300 °C [42]. This shows that chain termination via β-hydride abstrac-
tion is enhanced with increasing reaction temperature, and/or α-hy-
drogenation is reduced (Fig. S3, supporting information). The se-
lectivity to aliphatic C5+ products decreased from 63 %C at 250 °C to 54

Fig. 3. A: High annular angle dark field scanning transmission electron microscopy (HAADF-STEM) image of FeK after heat treatment and B: scanning electron
microscopy image of FeK after heat treatment.

Fig. 4. Activity of FeK as function of time at
250 °C, 275 °C and 300 °C. A: CO conversion as
function of time on stream. B: FTY (iron time
yield, moles of CO converted per gram of iron
and second) as function of time on stream.
Reaction conditions: 250−300 °C, 20 bar,
CO:H2=1 v/v. FeK was tested at 250 °C with
an FeK based GHSV of 10,000 h−1, at 275 °C
with GHSV of 20,000 h−1 and 300 °C with
GHSV of 40,000 h−1 to reach same conversion
levels (15–20 %) in the initial phase of the
reaction (TOS=6−12 h). Error bars indicate
standard deviation from four experiments at
250−275 °C and seven experiments at 300 °C.

Fig. 5. Hydrocarbon product distribution based on carbon atom selectivity
(CO2 free) of FeK tested at 250 °C, 275 °C and 300 °C and CO conversion be-
tween 15–20 %. Reaction conditions: 250−300 °C, 20 bar, CO:H2=1 v/v. FeK
was tested at 250 °C with FeK based GHSV of 10,000 h−1, at 275 °C with GHSV
of 20,000 h−1 and 300 °C with GHSV of 40,000 h−1 to reach same conversion
levels in the initial phase of the reaction (TOS=6-12 h) of 15–20 %. The
corresponding product formation rates can be found in the supporting in-
formation, Figure S6-C.
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%C and 56 %C at 275 °C and 300 °C, respectively.
These relatively low methane selectivities as well as the high C5+

selectivities correspond to α-values between 0.70 and 0.75 for the ASF
distribution for all temperatures tested. An α-value in this range can be
beneficial for the aromatization of olefin intermediates, because this
gives the highest selectivity to the C6-C10 fraction according to the ASF
distribution (Fig. S4, supporting information) for which no oligomer-
ization is needed to form C6-C10 aromatics. Additionally, the olefin/
paraffin ratio of the products increased with reaction temperature, re-
sulting in higher selectivity to reactive olefinic intermediates at higher
temperatures.

3.2.2. Influence of zeolite bed height on aromatization
To convert the olefins formed on the iron catalyst to aromatics, H-

ZSM-5 zeolite beds with different heights were placed downstream of
the FeK bed in stacked mode. Fig. 6 A–C shows an overview of the
resulting selectivities, obtained at temperatures between 250−300 °C.
Indeed the selectivity to methane did not change significantly upon the
addition of H-ZSM-5 zeolite downstream of FeK, confirming that the
potassium promoter did not migrate from the iron catalyst to the zeolite
resulting in catalyst deactivation, as reported earlier [33].

The selectivity to C2-C4 olefins increased upon placing a zeolite bed
downstream of FeK at 250 °C and 275 °C from 20 %C to 28 %C and 22
%C to 33 %C, respectively (Fig. 6-A and B). Simultaneously, the se-
lectivity to C5+ aliphatics decreased in these experiments from 63 %C to
50 %C and from 54 %C to 41 %C, suggesting that the increase in C2-C4

olefins was caused by partial cracking of the C5+ fraction. C2-C4 par-
affins were not affected and remained between 9 %C and 11 %C for the
experiments conducted at 250 °C and 275 °C. Furthermore, C6-C10

aromatics were formed with only 2–3 %C selectivity at these tempera-
tures.

Results at 300 °C were markedly different (Fig. 6-C). With a zeolite
bed of 4mm the selectivity to C2-C4 olefins increased from 24 %C to 35

%C, whereas the C5+ selectivity decreased from 56 %C to 43 %C and C6-
C10 aromatics were formed with 2 %C selectivity. With increasing
zeolite bed height to 13mm, the selectivity to C2-C4 olefins decreased to
12 %C, whereas C2-C4 paraffins increased from 6 %C to 21 %C and C6-
C10 aromatics increased to 13 %C.

The simultaneous decrease in C2-C4 olefin selectivity and increase in
C2-C4 paraffin and C6-C10 aromatic selectivity indicates that the ar-
omatization of olefins followed hydrogen transfer. Here, hydrogen is
transferred from olefins molecules to other olefin molecules forming
paraffins and dienes, after which the dienes undergo cyclization and
aromatization [43,44]. As at 300 °C C6-C10 aromatics were formed with
up to 13 %C selectivity with a 13mm zeolite bed, we will discuss the
aromatization at 300 °C more in detail in the following section.

The selectivities to C2-C3 olefins, C4-C8 olefins and C6-C10 aromatics
as function of zeolite bed height at 300 °C are shown in Fig. 7-A. The
iron catalyst showed at 300 °C a selectivity to C2-C3 olefins of 23 %C and
C4-C8 olefins of 32 %C, whereas no aromatics were formed under these
conditions. Placing H-ZSM-5 zeolite downstream of FeK with a bed
height of 2−4mm did not change the selectivity to C2-C3 olefins, but
led to a sharp decrease of in C4-C8 olefins of 19 %C with a zeolite bed of
2mm. At the same time C6-C10 aromatics were formed with low se-
lectivity of 2–3 %C at zeolite bed heights of 2−4mm.

Higher zeolite beds led to a gradual decrease of the C2-C3 olefin
selectivity from 10 %C at 7mm zeolite bed height to 2 %C at 17mm,
whereas the selectivity of C4-C8 olefins increased to 23–24 %C. at 7mm,
followed by a gradual decrease to 4 %C C4-C8 olefins at a zeolite bed
height of 17mm. With increasing amount of zeolite downstream of FeK
the selectivity to C6-C10 aromatics increased gradually to 18 %C at
17mm zeolite bed height.

In the initial section of the zeolite bed, C4-C8 olefins were ex-
clusively converted to aromatics with low selectivity, whereas the C2-C3

olefins remained untouched. In the further course of the zeolite bed
(4mm–7mm), C2-C3 olefins underwent oligomerization forming C4-C8

Fig. 6. Hydrocarbon distribution based on carbon atom selectivity (CO2 free) of FeK and H-ZSM-5 in stacked bed mode with zeolite bed height between 4mm and
13mm tested at A: 250 °C, B: 275 °C and C: 300 °C and CO conversion between 15–20 %. Reaction conditions: 250−300 °C, 20 bar, CO:H2= 1 v/v. FeK was tested at
250 °C with FeK based GHSV of 10,000 h−1, at 275 °C with GHSV of 20,000 h−1 and 300 °C with GHSV of 40,000 h−1 to reach same conversion levels in the initial
phase of the reaction (TOS=6−12 h) of 15–20 %. The corresponding product formation rates can be found in the supporting information, Figure S6-D to Figure S6-
F.
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olefins. These C4-C8 olefins were consecutively converted into aro-
matics.

Fig. 7-B shows the distribution and the average carbon number
within the C6-C10 aromatics fraction as function of zeolite bed height.
With increasing height of the zeolite bed the average carbon number of
the C6-C10 aromatics increased from 7.9 at 2mm zeolite bed height to
8.3 at 13mm. Furthermore, ethylmethylbenzene was identified as main
aromatic product for a zeolite bed height of 7mm and higher (a de-
tailed distribution of the aromatic products can be found in the sup-
porting information, Fig. S5). Therefore, we hypothesize that the C2-C3

olefins and especially ethylene not only contribute to the oligomeriza-
tion to form longer olefins, but also in the alkylation of light aromatics,
forming heavier aromatic products.

It is clear that longer olefins in the range of C3-C8 are converted to
aromatics already in the initial section of the zeolite bed, whereas short
olefins (C2-C3) undergo oligomerization and alkylation of aromatics in
the consecutive section of the zeolite bed. Further details of the influ-
ence of the zeolite bed height on the cracking and isomerization be-
havior can be found in the supporting information (Fig. S7-S8).

3.2.3. Influence of CO conversion on aromatization
To investigate the influence of CO conversion on the aromatization

through an H-ZSM-5 zeolite bed, the amount of FeK upstream of the
zeolite bed was varied to achieve FeK based GHSV between 8000 h−1

and 75,000 h−1, whereas the height of the zeolite bed was kept at
9mm.

Operating at a low GHSV of 8000 h−1 at a temperature of 300 °C in
20 bar synthesis gas (CO:H2= 1 v/v) resulted in a high CO conversion
(71 %) while by increasing the GHSV, the CO conversion was reduced
to 3.5 % at a GHSV of 75,000 h−1 (Fig. 8-A). The selectivity to C6-C10

aromatics was 2.1 %C at 71 % CO conversion and gradually increased to
3.0 %C at 41 % CO conversion. Operating at a medium GHSV of
37,000 h−1 led to a drastic increase in C6-C10 aromatics selectivity to 10
%C with 29 % CO conversion.

At low CO conversion of 3.5 % a very low yield of 0.1 %C to C6-C10

aromatics was observed, whereas, with increasing CO conversion to

26–47 % also the yield to C6-C10 aromatics increased to 2.8–3.2 %C

(Fig. 8-B). However, the yield decreased to 1.9–2.0 %C at high CO
conversion between 53 % and 76 %. From this we conclude that the
yield to aromatics is limited by the low CO conversion when operating
at too high space velocities, while at too low GHSV the CO conversion
increased but at the expense of selectivity loss. This also resulted in
lowered yield to C6-C10 aromatics. With higher conversions more ole-
fins were fed into the zeolite bed, whereas the zeolite bed height and
hence the amount of available active acid sites remained constant. As a
result, more olefins were fed into the zeolite than could be converted.
At medium CO conversion the optimum balance between selectivity
and CO conversion led to a maximum yield to C6-C10 aromatics,
showing that the composition of a stacked catalyst bed is a key para-
meter in bifunctional catalysis and required expanded attention.

3.3. Spent catalyst analysis

The pore volume as well as the specific surface area of the fresh FeK
was measured using nitrogen physisorption and can be found in Table 1
next to argon physisorption data obtained for the fresh and spent H-
ZSM-5 zeolite.

Fresh FeK showed a specific surface area of 32 m²/g and 0.23mL/g
pore volume with mostly mesopores. The surface area and pore volume
of the spent FeK were too low to be determined by physisorption. The
fresh H-ZSM-5 zeolite had a specific surface area of 430 m²/g and
0.22mL/g pore volume, mostly micropores. The spent zeolite (after
50 h, 300 °C, 20 bar, CO:H2= 1 v/v, FeK based GHSV of 40,000 h−1

and zeolite bed height of 9mm) showed a specific surface area of 260
m²/g and reduced pore volume of 0.11mL/g. The decrease in pore
volume was mostly caused by the decrease in micropore volume.
Porosity analysis of the spent FeK was not possible, due to hydrocarbon
products being present on the surface of the catalyst. The decrease in
specific surface area and pore volume of the spent zeolite was assigned
to coke formation inside the micropores upon aromatization of olefins.

Fig. 9 shows EM images of FeK after reduction and after 50 h on
stream. The initial needle structure was partially maintained upon

Fig. 7. A: Selectivity of C2-C3 olefins, C4-C8

olefins and C6-C10 aromatics as function of
zeolite bed height for stacked bed experiments
with FeK and H-ZSM-5 zeolite at 300 °C, and B:
Mol fraction (in %) of the different C6-C10 aro-
matics within the total aromatics production
(columns) and average carbon number of the
aromatics (diamonds) as function zeolite bed
height for stacked bed experiments with FeK
and H-ZSM-5 zeolite at 300 °C. Reaction condi-
tions: 300 °C, 20 bar, CO:H2= 1 v/v, GHSV of
40,000 h−1, TOS=6−9 h, CO conversion of
15–20 %. The volume of the zeolite bed was
varied to achieve zeolite based GHSV between
4500 h−1 and 40,000 h−1. The corresponding
graphs for 250 °C and 275 °C can be found in
Fig. S6.

Fig. 8. A: CO conversion and selectivity to C6-
C10 aromatics (CO2 free) as function of FeK
based GHSV and B: Yield to C6-C10 aromatics as
function of CO conversion for stacked bed ex-
periments of FeK and zeolite operated at 300 °C.
Reaction conditions: 300 °C, 20 bar, CO:H2=1
v/v, FeK based GHSV 8000-75,000 h−1 and
zeolite bed height of 9 mm, TOS=3−5 h.
Selectivities were not reported for CO conver-
sions below 5 %, as the signal to noise ratio
became too small.
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reduction at 350 °C for 2 h in 30 % H2 in N2 (v/v) at 1 bar. After ap-
plying Fischer-Tropsch conditions of 300 °C, 20 bar and CO:H2=1 v/v,
the iron catalyst showed fragmentation of the needles (Fig. 9-B and D,
TEM and SEM images for spent catalysts operated at 250 °C and 275 °C
can be found in the supporting information, Fig. S9). In bright-field
TEM and SEM, we also found that the spent iron catalyst was embedded
in hydrocarbon products. This is in agreement with the observation of
the activity decreasing in the first 10 h of the experiments. In the initial
phase of the reaction a product layer is formed around the iron (-car-
bide) based catalysts. This layer hindered the diffusion of synthesis gas
to the active sites of the iron (-carbide) based catalyst.

The thermogravimetric analysis of the spent catalysts showed that
the amount of carbon species deposited on the iron (carbide) based
catalyst was −2.5-fold higher at 300 °C than at 250 °C. TGA analysis
suggests that the laydown on the iron (carbide) catalyst mostly consists
of heavy hydrocarbon products (and not polyaromatic coke species).

In contrast operating the zeolite at 300 °C led to only −25-50 % of
the carbon deposit compared to experiments performed at 250 °C. At
250 °C, mainly condensed heavy hydrocarbons were detected (decom-
posing in the TGA between 200 °C and 400 °C). After operation at
275−300 °C, instead coke species decomposing in the TGA at higher
temperature (450−650 °C) were found. This shows that at 250 °C heavy
hydrocarbons formed on the iron (carbide) catalyst condense in the
pores of the zeolite without being converted, while at higher

temperatures they are converted (i.e. by aromatization and cracking),
but coke species are formed as a consecutive product of olefin ar-
omatization. Indeed, at 300 °C, the amount of coke formed on the
zeolite increased with increasing selectivity to aromatics. A detailed
TGA study can be found in the supporting information (Fig. S10-S12
and Table S1).

4. Conclusion

In this work we studied the influence of reaction conditions on the
conversion of synthesis gas to aromatics with olefin intermediates by
combining a potassium promoted bulk iron-based Fischer-Tropsch
catalyst with an H-ZSM-5 zeolite in stacked bed mode in a single re-
actor. We focused on the formation of olefin intermediates with a chain
length in the range of C6-C10 and therefore suitable for formation of
aromatics, rendering the need for oligomerization of short olefins un-
necessary.

By operating the Fischer-Tropsch catalyst between 250 °C and
300 °C and 20 bar, we achieved α-values of the Anderson-Schulz-Flory
distribution between 0.70 and 0.72, which predicts a high fraction of
C6-C10 products. Furthermore, the methane selectivity was as low as
7–14 %C.

Placing a bed of H-ZSM-5 downstream of the iron catalyst and op-
erating at 250 °C resulted in C6-C10 aromatics being formed with only
2–3 %C selectivity. TGA measurements of the spent zeolite revealed that
heavy hydrocarbon products condensed in the zeolite, indicating that
reaction temperature of 250 °C is insufficient to effectively convert
olefins into aromatics. Increasing the reaction temperature to 300 °C, up
to 18 %C C6-C10 aromatics were formed, whereas the enhanced for-
mation of aromatics also caused the formation of coke species in the
zeolite bed.

To study the contribution of olefins with various chain length on the
formation of aromatics the amount of zeolite placed downstream of the
Fischer-Tropsch catalyst was varied. It was found that olefins in the
range of C4-C8 were exclusively converted to aromatics in the initial
section of the zeolite bed, whereas C2-C3 olefins initially remained

Table 1
Surface area and pore volume of fresh FeK determined with nitrogen physi-
sorption and fresh and spent H-ZSM-5 determined with argon physisorption.

Sample Surface area Vtotal Vmicro Vmeso

m²/g mL/g mL/g mL/g
FeK 32 0.23 0.005 0.22
H-ZSM-5 430 0.22 0.15 0.07
spent H-ZSM-5a 260 0.11 0.05 0.05

a reaction conditions: 300 °C, 20 bar, CO:H2=1 v/v, FeK based GHSV of
40,000 h-1, zeolite bed height of 9mm, after 50 h.

Fig. 9. High annular angle dark field scanning
transmission electron microscopy (HAADF-
STEM) images of A: reduced FeK at 350 °C for
2 h in 30 % H2 in N2, Bright-field TEM images
of B: spent FeK at 300 °C and scanning electron
microscopy (SEM) images of C: reduced FeK at
350 °C for 2 h in 30 % H2 in N2, D: spent FeK at
300 °C. Reaction conditions for spent samples:
300 °C at GHSV=40,000 h−1, 20 bar,
CO:H2= 1 v/v, TOS=50 h.
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untouched. In the further course of the zeolite bed, C2-C3 olefins un-
derwent oligomerization, resulting in an increase in C4-C8 olefin se-
lectivity, followed by further aromatization of long olefins.
Furthermore, C2-C3 olefins contributed to alkylation of light aromatics
forming ethylmethylbenzene as main product within the aromatics with
a 73 %C share in the C9 aromatics fraction and 26 %C in the total
aromatics. The proposed pathway for the formation of aromatics from
synthesis gas with short and long olefin intermediates is shown in
Fig. 10.

By altering the amount of the iron catalyst loaded into the reactor
while keeping the zeolite bed height downstream of the iron catalyst
constant, we investigated the influence of CO conversion in a range of
3.5%–76% on the aromatization of olefin intermediates. The yield of
C6-C10 aromatics showed a decreasing trend with increasing CO con-
version, due to a limited reactive capacity of the zeolite bed in com-
bination with increasing yield of olefins formed on the Fischer-Tropsch
catalyst.

We showed that operating a bulk iron-based Fischer-Tropsch cata-
lyst in stacked bed with an H-ZSM-5 zeolite at appropriate reaction
conditions allows to convert synthesis gas into aromatics with up to 18
%C selectivity. However, the study of the long-term stability was not in
the focus of this work and therefore, these findings can greatly con-
tribute to set the cornerstone for the design of a process to convert
synthesis gas to aromatics, whereas we unraveled the role of short and
long olefins in the aromatization of Fischer-Tropsch products.
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