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The technology of circulating fluidized beds (CFBs) is applied to temperature swing adsorption (TSA) processes for
post-combustion CO2 capture employing a commercial zeolite sorbent. Steady state operation is simulated through a
one-dimensional model, which combines binary adsorption with the CFB dynamics. Both single step and multi-step
arrangements are investigated. Extensive sensitivity analyses are performed varying the operating conditions, in order
to assess the influence of the main operational parameters. The results reveal a neat superiority of multi-step configura-
tions over the standard one, in terms of both separation performance and efficiency. Compared to fixed-bed TSA sys-
tems, CFB TSA features a high compactness degree. However, product purity levels are limited compared to the best
performing fixed-bed processes, and heat management within the system appears to be a major issue. As regards energy
efficiency, CFB systems place themselves in between the most established absorption-based technologies and the fixed-
bed TSA. VC 2017 The Authors AIChE Journal published by Wiley Periodicals, Inc. on behalf of American Institute of

Chemical Engineers AIChE J, 64: 1744–1759, 2018
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Introduction

A wide variety of different methods have been proposed in
literature to capture CO2 from large stationary point sources,
especially power plants.1 Nowadays the most established tech-
nology is represented by post-combustion systems based on
absorption processes, where aqueous solutions of amines are
employed to separate CO2 from the flue gas mixture. Following
several pilot and demonstration projects,2–5 this technology can
be regarded as commercial and ready for massive deployment.
However, because of (1) the impact of the regeneration step on
the overall energy balance of the plant and (2) the complexity
in managing liquid solvents in power plants (e.g., amine degra-
dation, aerosol formation), the research for second generation
technologies is undoubtedly a topic of great current interest.6

In particular, the possibility of following an adsorption-
based route has been recently contemplated. The regeneration

of solid sorbents, compared to liquid ones, requires on average

a smaller amount of energy. Moreover, solids are not volatile

and commonly do not pose any health hazard. At the same

time, solid sorbents allow achieving similar or even superior

separation performance, compared to absorption-based pro-

cesses. For these reasons adsorption-based technologies

appear to be promising alternatives for the same post- and pre-

combustion applications where the suitability of the absorption

processes has already been proven.7,8

When solid sorbents are employed in a large scale separation

process, the regeneration step is commonly performed by means

of either pressure swing adsorption (PSA) or temperature swing

adsorption (TSA) cycles, in which the thermodynamic proper-

ties of the solids are manipulated by changing the pressure or

temperature levels of the system, respectively. In addition, the

two different routes can be combined when designing a cycle,

so as to maximize the efficiency of the sorbent regeneration for

given temperature and pressure ranges. PSA processes are com-

mercially available for the purification of the light (i.e., less

retained) component (e.g., hydrogen production from NG-based

syngas), whereas TSA cycles have shown interesting perfor-

mance for the recovery of the heavy component from ambient

pressure streams (e.g., water removal from air in cryogenic air

separation units and CO2 removal from flue gas).9–12 Indeed, in

Correspondence concerning this article should be addressed to M. Mazzotti at
marco.mazzotti@ipe.mavt.ethz.ch.

This is an open access article under the terms of the Creative Commons Attribu-
tion-NonCommercial License, which permits use, distribution and reproduction in
any medium, provided the original work is properly cited and is not used for com-
mercial purposes.

VC 2017 The Authors AIChE Journal published by Wiley Periodicals,
Inc. on behalf of American Institute of Chemical Engineers

1744 AIChE JournalMay 2018 Vol. 64, No. 5

http://orcid.org/0000-0002-4948-6705
http://creativecommons.org/licenses/by-nc/4.0/
http://creativecommons.org/licenses/by-nc/4.0/


the latter case there is no need to maintain the feed stream or
the products at a pressure different from ambient conditions.
This allows to avoid energy intensive compression of the flue
gas or drawing vacuum in the vessels. Moreover, most solid
sorbents can be conveniently regenerated at relatively low tem-
perature, so that a low-grade heat source may be employed, pos-
sibly recovering waste heat from other plant units.

Promising results, in terms of both separation performance
and overall efficiency, were reported in the work by Joss et al.,13

where the design of new TSA cycles enabled the removal of
CO2 from flue gas by means of commercial sorbents (Zeolite
13X) and conventional vessel design (shell-and-tube heat
exchangers) with energy needs and productivity close to those of
absorption processes. However, it was shown that fixed bed
TSA suffers from two main drawbacks: (1) The energy con-
sumption must account for the heating and cooling of the bed,
and (2) a large footprint is required to process large flow rates.
Therefore, in this work we investigate the possibility of design-
ing a TSA process in circulating fluidized bed (CFB) reactors, as
an alternative to the most traditional fixed bed solutions.

Although fluidized beds represent an already established
technology and are extensively employed in a wide variety of
industrial processes since the beginning of the last century,
combining adsorption with the fluidization of the sorbent bed is
a recent proposal, which has not been thoroughly investigated
yet. As regards the use of fluidized beds for the capture of CO2

through adsorption at ambient temperature, a few studies have
been published about the topic. This reactor technology has
been both theoretically and experimentally assessed, producing
results for different fluidization regimes and for a broad range
of CO2 concentrations, from atmospheric air conditions to flue
gas.14–17 Standard dual fluidized bed systems have been pro-
posed as energy efficient alternatives to amine scrubbing, both
in the form of low temperature carbonation cycles18 or as con-
tinuous TSA applications.19 Also more complex configurations
have been proposed, where multi-stage systems are coupled
with intra- and interstage heat recovery.20–22 Most systems
employ bubbling beds for both the adsorption and the regenera-
tion section: this fluidization regime allows for effective heat
transfer and for relatively high volumetric gas flow rates.

Thanks to their fast fluidization, CFBs possess key advan-
tages over both fixed-bed systems and bubbling beds: (1) The
higher gas velocity allows minimizing the plant size and foot-
print (and therefore the capital expenditure associated there-
with), especially in application with large volumetric flow rates
as in post-combustion CO2 capture; (2) the fluidization regime
typical of CFBs is very effective in promoting heat exchange
both between gas and solid phase and between suspension and
riser walls, which enables precise control of the temperature
within the bed and reduced heat transfer surface to provide and
remove the process heat; (3) CFBs can operate continuously as
steady state reactors that undergo adsorption and regeneration,
thus reducing the number of units and the amount of energy
needed for the temperature swing, completely relying on
entrainment as a mechanism for the displacement of the solids.

All these studies suggest that such processes could be a poten-
tially cost-effective and promising alternative for the handling of
power plant flue gas. Nevertheless, previous results obtained by
Pirngruber et al.23 have highlighted serious complications in per-
forming TSA cycles inside fluidized beds, mostly due to unfa-
vorable limitations occurring in the regeneration phase.
Moreover, even when specifically designed solid sorbents have
been used, fluidized bed systems do not outperform the absorp-
tion processes.

With this contribution we aim at developing a model for a
dual fast-fluidized bed adsorption system, which stands for a
first principle description of such system with a new dedicated
simulation approach. Moreover, advanced adsorber configura-
tions are proposed and assessed for adsorption-based CO2 cap-
ture processes, evaluating their performance as a function of a
set of operating parameters. Finally, the performance of the
simulated systems is compared with that of the benchmark
amine scrubbing techniques.

TSA Processes for CO2 Capture in CFBs

Standard plant configuration: Single step

The simplest CFB system for CO2 separation via adsorption
consists of two separated CFB reactors, one for the adsorption
stage and one for the regeneration phase. Figure 1 illustrates
the layout of this basic system configuration.

The adsorber is fluidized by the flue gas, which is fed at its
bottom after being dried. At the same time, regenerated solids
enter the vessel. The heat released by adsorption as well as the
sensible heat released by the regenerated solids are removed
by exchange with the external cooling system. Adsorption pro-
ceeds along the bed, CO2 is transferred from the gas phase to
the solid particles. At the outlet, the decarbonized flue gas
entrains the loaded solids into a cyclone separator, where sol-
ids are collected. A fraction of the solids collected in the
cyclone is recirculated to the reactor, whereas the rest is sent
to the regeneration unit. The CO2-lean gas is sent to the stack
or to a downstream process unit.

In the regenerator, the loaded solids release the adsorbed
molecules due to the higher temperature. The heat required to
heat up the solids and to keep the temperature constant while
the endothermic desorption occurs is provided by an external
heating system. The regenerated solids that exit the reactor are
retrieved by means of a cyclone separator and recirculated to
the regenerator inlet or conveyed back to the adsorption unit.
Steam is usually employed as stripping gas in the desorber,21

as it can be easily separated from the recovered CO2 in a
downstream unit. In presence of a water-adsorbing sorbent,
like the zeolitic material adopted here, a dry stripping gas
must be used. For this reason, in our configuration the gas
stream consisting of recovered CO2 is partially recycled to flu-
idize the bed, similarly to what is proposed by Kim et al.,20

whereas the rest of the gas is sent to compression for further
storage.

The size of the adsorber, in terms of height and cross sec-
tion, is adapted according to the flow rate of flue gas that is

Figure 1. Single step configuration layout.

[Color figure can be viewed at wileyonlinelibrary.com.]
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processed. As regards the regenerator, the same height and

cross section are adopted, while the inlet flow rate of recircu-

lated gas is adjusted according to the gas properties, in order

to maintain the same superficial velocity at the inlet of both

vessels.

Alternative plant configurations: Isolated multistep

configurations

While, on the one hand, the high mixing rate of the sorbent

within the fluidized bed enhances heat exchange, on the other

hand, it does not allow to selectively convey the less loaded

solids to where the CO2 gas phase concentration is lower,

which would further promote the removal of CO2 from the

flue gas. Therefore, in order to increase the performance over

the limits reached by the standard configuration, alternative

plant configurations must be adopted.
Dividing each reactor into different stages allows to over-

come this limitation. In fact, by arranging different adsorption

steps in series, different average solid loadings will be estab-

lished within each adsorber. The least loaded solids can be

thus employed where the gas phase concentration is lower so

as to recover higher amounts of CO2.
In the regeneration section, where the gas phase concentra-

tion is almost constant along the vessel due to the gas recircu-

lation, a division into stages would benefit the CO2 desorption

only to a lower extent.
In the first novel configuration presented in this work, each

adsorber is coupled to a dedicated regenerator (see Figure 2).

Multiple consecutive adsorption-regeneration blocks are pre-

sent, each of them looping its own solid inventory and operat-

ing with a specific sorbent cyclic capacity, which in principle

depends on the gas phase concentration in the adsorber. The

blocks form a so-called multi-step “isolated” configuration,

thus expressing the fact that each step consists in an indepen-

dent adsorption-regeneration loop. In fact, the only connection

between a block and the previous or the following one is the

treated flue gas, which flows directly from the outlet of an
adsorption unit to the inlet of the following one.

Also the composition of the gas stream recirculated to fluid-
ize the regenerator is different from block to block, which cor-

responds to a series of product streams (one for each desorber)
with different specifications. For a decreasing CO2 concentra-
tion in the adsorber (i.e., proceeding from bottom to top in

Figure 2), the ratio between adsorbed CO2 and adsorbed N2 at
adsorber outlet decreases and this is conducive to a higher N2

concentration in the regenerator, which corresponds to a lower

product purity, but also to a better regenerated sorbent (i.e.,
leaving the regenerator with a lower adsorbed amount of
CO2).

The number of adsorption and desorption steps depends on

the trade-off between the enhancement of the performance and
the increase in system complexity. Some sensitivity analyses,
which have been conducted varying the number of blocks,

have shown that the relative improvement in separation perfor-
mance connected to the addition of a step decreases with the
total number of steps. After the third block, any benefit deriv-
ing from a further addition is likely to be too small to justify

the adoption of a more complex configuration. For this reason,
two-step and three-step configurations are considered here.

In order to make a consistent comparison with the single
step configuration, for multiple step configurations the same

cross section and total height of the adsorption and regenera-
tion sections are used. This implies that, for a fixed inventory,
the same total amount of solids is distributed into a different

number of adsorbers depending on the number of blocks.

Alternative plant configurations: Counter-current
multistep

As mentioned above, introducing a division into stages for
the regeneration section, where the gas phase concentrations

are almost constant along the vessel, does not enhance the sep-
aration performance significantly. At the same time, adopting
an “isolated” configuration, might compromise the final purity

of the recovered CO2, because in the last steps a significant
amount of nitrogen is adsorbed in the adsorption section, due
to high N2 concentrations.

Therefore, in this second approach, only the adsorption

stage is divided into multiple vessels, through which both gas
and solids flow sequentially. As the definition “counter-
current” suggests, the path followed by the solid sorbent

through the adsorption units is opposite to that followed by the
gas. The first vessel the gas passes through (i.e., ADS 1) is the
last entered by the solids after regeneration, similarly to what

have been proposed by Pr€oll et al.21 In analogy with the stan-
dard configuration, the regeneration section consists of a sin-
gle vessel.

In such configuration, the least loaded sorbent particles
(those exiting the regenerator) are contacted at first with the

flue gas where the CO2 content is the lowest, i.e., at the end of
the adsorption section. In such a way the mass transfer driving
force is enhanced by the low sorbent loading and the separa-

tion proceeds further, despite the low CO2 concentration. In
this instance, the high gas phase concentration of N2 causes a
significant amount of nitrogen to adsorb as well. The solids

are later conveyed to the other adsorbers, where the CO2 gas
phase concentration is higher and, due to the competitive
adsorption behavior of the two species, the concentration of

CO2 in the adsorbed phase increases, partly also at the
expenses of that of N2.

Figure 2. (a) Two-step and (b) three-step isolated multi-
step configurations.

For the sake of simplicity, solids recirculation loops, and

heat exchangers are not shown.
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The adsorption stage might be divided into any number of

adsorbers. Consistently with what is done for the cocurrent

configurations, two-step and three-step systems are simulated.

In order for them to be compared, the total vessel volume of

the whole adsorption side is kept constant and divided into

two or three reactors, depending on the configuration; the

cross section is the same for all adsorbers, whereas the total

height is equally divided among the steps, as schematically

shown in Figure 3. As regards the regeneration section, the

reactor is analogous to that of the single step configuration.

Adsorption Processes in CFB Reactors

Modeling approach

Assumptions. In this work, the CFBs used for sorption and

regeneration are described by a steady state one-dimensional

model (with the axial coordinate being the only independent

variable). The following assumptions are made:
1. Solids inside the riser are assumed to be perfectly

mixed (i.e., as in a continuous stirred-tank reactor, CSTR)

with regards to temperature and adsorbate loading. This

hypothesis is acceptable for fast fluidization regimes, like

those of CFBs, where high velocities and low solid volumet-

ric fractions enhance particle mixing to a great extent. More-

over, the solid inventory is only partially conveyed out

of the reactor, because along the reactor many particles

slow down and fall back, thus resulting in a strong internal

recirculation.
2. Gases flow along the bed like a plug flow: The compo-

sition progressively changes along the riser length, as well

as its velocity, as adsorption proceeds.
3. Thermal equilibrium is immediately established between

gas and solid phase. The fast mixing of solids in CFBs is con-

ducive to high heat transfer coefficients between gas and sol-

ids, which prevent the onset of significant temperature

gradients within and between the two phases. Consistently,

and given the stationary operation of the system, it is assumed

that each reactor operates isothermally at an assigned temper-

ature. The energy balance over the riser is satisfied by

exchanging heat with an external fluid through the surface
available at the reactor walls.

4. Pressure is constant throughout the bed, i.e., pressure
drop is negligible along the riser.

5. Gases are described as ideal gas mixtures.
6. Neither chemical reactions nor sorbent deactivation

occur.
As a consequence of the hypotheses above, mass and

momentum balances can be decoupled from the energy bal-
ance, because of the isothermal operation. Moreover, no
explicit expression for the momentum balance is needed, since
the pressure is uniform along the reactor.

Mass Balance. As regards the mass balance, the operation
of the system can be simulated by coupling two models. On
the one hand, the CSTR model for the solid phase, which cor-
responds to N component mass balances over the whole ves-
sel, according to assumption 1:

uinlet Cinlet
i 2uoutlet Coutlet

i 5GR �ni2ninlet
i

� �
8 i51; � � � ;N (1)

where GR is the mass flow rate of fresh sorbent fed at bed
inlet, specific per cross section surface unit; ninlet

i is the amount
of adsorbed phase carried by the solid entering the riser (the
loading of the regenerated sorbents, which would be zero in
case of a full regeneration); �ni is the particle loading within
the reactor, equal to the loading at the outlet; Ci is the gas
phase concentration of the i-th species; u is the superficial
velocity of the gas.

On the other hand, the plug flow model used for the gas
phase consists of N 1 1 mass balance equations, one for each
component plus the overall balance:

d u Cið Þ
dz

1qs EsðzÞ �riðCÞ50 8 i51; � � � ;N

d u Cmixð Þ
dz

1qs EsðzÞ
XN

i51

�riðCÞ50

8>>><
>>>:

(2)

being Es the volumetric fraction of bed occupied by solids,
which is a function of the axial coordinate z, according to the
solid distribution within the riser; �ri is the adsorption rate for
an average particle loading �ni. The overall gas phase concen-
tration Cmix is by definition equal to the sum of the concentra-
tions of the single components and is a function of p and T
only through the equation of state for ideal gases:

Cmix5
XN

i51

Ci5
p

RT
(3)

It is constant throughout the reactor, because T and p do not
depend on z according to the model assumptions.

Equilibria and Kinetics. In this study, adsorption iso-
therms are described by means of the Sips equation (Eq. 4),
which has largely been used for binary, ternary, and other
multi-component mixtures.24,25 According to the model, for a
mixture of N species considered as ideal gases, the amount of
i-th component adsorbed per unit sorbent mass at equilibrium
conditions, neq

i , is computed as:

neq
i 5

n1i ji yi pð Þgi

11
XN

j51
jj yj p
� �gj

8 i51; � � � ;N (4)

where n1i is the saturation capacity of the solid, ji is the
equilibrium constant, and ci accounts for the inhomogeneity
of the sorbent surface. All three parameters are temperature

Figure 3. (a) Two-step and (b) three-step counter-cur-
rent multistep configurations.

For the sake of simplicity, solids recirculation loops, and

heat exchangers are not shown.
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dependent. The relation between the partial pressure of each

component, yip, and the molar concentrations in Eqs. 2 and 3

is determined by the equation of state for ideal gases.
The amount of gas that is adsorbed in the solid under oper-

ating conditions of the reactor is established by the overall

mass transfer resistance between the bulk gas phase and the

available sites on the solid. Despite several mass transfer mod-

els exist, which account for the adsorption of a molecule from

the bulk gas to the solid with different levels of detail, most

approaches for separation processes make use of a linear driv-

ing force (LDF) model.24 In this case the rate of adsorption

is computed, considering an average sorbent particle loading

�ni, as

�ri5xi neq
i ðCÞ2�ni

� �
(5)

where xi is the single lumped mass transfer parameter for the

LDF model, assumed constant for each i-th gas species.
Solid Distribution Within the Riser. The solids inside the

vessel are assumed to be distributed differently into two zones,

namely a bottom dense region and an upper lean region, as

suggested by Kunii and Levenspiel.26 The distribution is

described by the solid volumetric fraction, Es, which is con-

stant in the dense region, whereas it decreases exponentially to

an asymptotic value, Easym
s , in the lean zone, according to the

following expression:

EsðzÞ5
Ed

s for z 2 ½0;Hd�

Easym
s 1 Ed

s 2Easym
s

� �
exp 2K z2Hdð Þð Þ for z 2 ðHd;Ht�

(

(6)

where the decay constant K is inversely proportional to the

superficial velocity of the gas at the inlet, uinlet. For a fixed flu-

idization regime and a chosen particle size, the value of the

product Kuinlet is constant and can be inferred from experi-

mental data reported in the literature.26 The bottom dense

zone height Hd is computed by imposing the condition that the

amount of solids is equal to the given inventory, Ws (defined

as mass of solids per unit cross section of the bed), i.e., from

the following integral where Hd is the only unknown:

Ws5qs Ed
s Hd1

ðHt

Hd

Easym
s 1 Ed

s 2Easym
s

� �
exp 2K z2Hdð Þð Þ

� �
dz

� �
(7)

Once the height of the bottom dense zone is known, the solid

volumetric fraction at the riser outlet is:

Eoutlet
s 5Easym

s 1 Ed
s 2Easym

s

� �
exp 2K Ht2Hdð Þð Þ (8)

hence the mass flow rate of entrained solids leaving the reactor

per unit cross sectional area, Gs, is given by:

Gs5qs Eoutlet
s uoutlet2ut

� �
(9)

where the terminal velocity of the solid particles, ut, is esti-

mated according to Heider and Levenspiel,27 while the gas

superficial velocity at the outlet, uoutlet, is calculated from the

mass balance. Since the flow rate of solids recirculated

between the reactors, GR, which is a fixed input data of the

model, is in general lower than Gs, a fraction Rrec of the

entrained solids is recirculated back into the riser through

a standpipe and a loop seal, while only the remaining fraction

ð12RrecÞ is sent to the following vessel. In this way, the same

flow rate of solids enters and leaves the fluidized bed and the

inventory of solids is maintained constant within it. The fol-
lowing relationship holds true:

Gs5GR1Rrec Gs (10)

At every position along the riser, the conditions for entrain-
ment and fluidization have to be satisfied; this means that the
superficial velocity of the gas must exceed, respectively, the
terminal velocity, ut, and the minimum fluidization velocity,
umf, that can be derived from the Ergun equation for minimum
fluidization conditions.26

Energy Balance. The bed is assumed to operate at con-
stant temperature T. The heat to be supplied or removed from
the system, i.e., gas and solid phases, to maintain it at a T can
be written as:

_Q5A GR cs1
XN

i51

ninlet
i Mm;i cads

i

 !
Tinlet

s 2T
� �

1

1 A qinlet
mix uinlet cinlet

p;mix Tinlet2T
� �

2 A GR

XN

i51

ninlet
i 2�ni

� �
2Dhads

i

� �� �
(11)

where the first term on the right hand side accounts for the sen-
sible heat of the solids, the second for the sensible heat of the
gas and the third for the adsorption heat. The heat associated
with the adsorption process, which would be conducive to a
change in the temperature of the solids, is instantaneously
transferred to the gas phase, according to the assumption of
thermal equilibrium between the two phases.

The isothermal operation of the reactor at temperature T is
enabled by exchanging such heat duty, _Q, through the reactor
walls. Therefore, each reactor is coupled with a dedicated heat
exchanger; the external side of the walls is in contact with a
heat exchanging fluid flowing downwards in the axial direc-
tion at temperature Tfluid, which is in principle a function of
the position. The heat transfer through the walls is modeled by
means of the following energy balance for the system consist-
ing of gas and solids:

_Q2

ðHt

0

1

hsuspðzÞ
1

1

hfluidðzÞ

� �21

T2TfluidðzÞð Þ pexch dz50 (12)

where the differential heat exchanging surface in the infinitesi-
mal length dz is given by the product pexch dz, being pexch the
internal perimeter of the vessel cross section (i.e., the heat
exchanger surface area per unit reactor height), which depends
on the detailed design of the heat exchanger, something that is
beyond the scope of this article. The internal and external sur-
faces of the walls are assumed to be equal and the conduction
resistance of the steel wall is assumed to be negligible; only
the convective heat transfer coefficients on the internal and
external side of the walls, hsusp and hfluid, respectively, are
considered.

Heat Exchanger Geometry. In order to ensure a suffi-
ciently large heat transfer surface inside the riser, each vessel
is assumed to consist of a number of parallel compartments,
separated by vertical heat transfer surfaces, as shown in Figure
4; from the point of view of the fluid dynamics of fluidization,
each compartment operates as a separated riser. All these com-
partments have the same height, the same rectangular cross
section with a fixed aspect ratio, h, equal to 10 and the same
specific (per cross section unit) inventory Ws. The heat transfer
surfaces, i.e., the walls of the compartments, consist of single-
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pass vertical steel tubes, so-called “walltubes,” of diameter

dWT, wherein an external heat exchanging fluid flows.
The value of pexch is determined by imposing that the

energy balance at walls (Eq. 12) is satisfied; hence the length

of short side of the short section, L, which represents the mini-

mum distance between two parallel heat exchanging walls, is

adjusted accordingly. For a given volumetric flow rate of gas

and a given reactor height, the width of the vessel, Lw, can be

computed once L is determined, as well as the depth, which is

equal to the product hL.

Heat Transfer Coefficients. The first term to be assessed

is the one related to the exchange between the solid–gas sus-

pension and the riser walls, hsusp. However, determining the

value of the suspension-to-wall coefficient inside a CFB is an

open topic in literature.26,28–30 Notably, not all available

approaches are consistent with each other, as the available cor-

relations are experimentally derived within a narrow range of

operating conditions, that in many cases do not correspond to

those investigated in this work. Nevertheless, the different

studies agree upon the few following points: (1) radiation can

be neglected when the temperature levels involved are suffi-

ciently low, which is undoubtedly true for the application

investigated here; (2) both conduction and convection should

be taken into account, as the particles are believed to enhance

the convective heat exchange due to gases discontinuously

getting in direct contact with the walls; (3) this enhancement

is in most correlations taken into account through a multiply-

ing or an additional factor next to the gas-only convective

coefficient, hgo, which is calculated assuming only gases are

present inside the riser.
The following correlation proposed by Molodtsof and

Muzyka31 for gas-suspensions flowing inside ducts was originally

developed for conditions relatively close to those of interest:

hsusp5hgo

11MrCrð Þ2

11a MrCr1b MrCrð Þ2
(13)

where Mr is the solid-to-gas loading ratio, derived from the den-

sity of the solids, qs, and the density of the gas phase, qmix, as

Mr5
Es qs

12Esð Þ qmix

(14)

and Cr is the solid-to-gas heat capacity ratio, i.e.,

Cr5
cs

cp;mix

(15)

being cs and cp;mix the specific heat capacities of the solids and

the gas phase, respectively, while a and b are two parameters

whose value is determined based on the fluid dynamic charac-

teristics of the flow. A modification of the correlation, as pro-

posed by Zhang et al.,30 linearizes the previous expression, in

such a way that it can be extended for a wider range of experi-

mental data, including some conditions compatible with those

investigated here:

hsusp5hgo 11gh MrCrð Þ (16)

In this expression there is a single adjustable parameter gh,

whereas hgo is estimated by means of the Gnielinski

correlation.32

For cooling purposes water is used as external fluid. The

temperature of water in the tubes, Tw is determined along the

axial coordinate by a local energy balance at the wall as

follows:

AWT uw qw cw

dTw

dz
1

1

hsuspðzÞ
1

1

hw

� �21

Tw2Tð Þ pexch50

(17)

where AWT is the cumulative cross sections of all walltubes.

Here the temperature dependent thermodynamic properties are

kept constant, because their change is negligible in the rele-

vant range of variation. The value of the convective heat trans-

fer coefficient for water, hw, is computed by means of the

Dittus-Boelter correlation29 from the properties of water at

inlet temperature (density, qw, specific heat capacity, cw, and

the other thermodynamic properties), which are considered

constant, due to the reduced temperature variation along the

heat exchanger.
For heating purposes, instead, condensing steam is used: the

pressure of the steam is adjusted (up to the water critical point)

in order to provide at the inlet a flow of saturated steam at a

temperature higher than the fixed vessel temperature. The

steam flows downwards in the tubes, so as to prevent any risk

of flooding inside the pipes. The convective transfer coeffi-

cient of an annular flow of condensing steam can be computed

by means of a correlation by Dobson and Chato,33 which gives

the value as a function of the vapor quality, xv and of the

velocity of the fluid. The profile of vapor quality along the

axial coordinate is computed by means of a local energy bal-

ance at the wall:

AWT uinlet
v qinlet

v

dxv

dz
DhlvðTvÞ

1
1

hsuspðzÞ
1

1

hvðxv; uv; TvÞ

� �21

Tv2Tð Þ pexch50
(18)

The used properties of steam (density, qv, and condensation

enthalpy, Dhlv) at different temperature and pressure levels are

derived from the literature.34

Connections Between the Beds. The volume of the con-

nections between the vessels in Figure 1 is assumed to be neg-

ligible. Moreover, no discussion is reported about how the

heat is removed or provided to the solids while they are

Figure 4. Schematic representation of the vessel
geometry.

A single compartment is highlighted. The cross section

aspect ratio of the single compartment, h, is set to 10.

The height of each compartment is equal to the height

of the vessel, Ht. The total cross section of the vessel is

given by a depth equal to hL and a width Lw. [Color

figure can be viewed at wileyonlinelibrary.com.]
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recirculated through these connections. Nevertheless, the sol-

ids are assumed to be fed to each vessel at the same tempera-

ture at which the vessel operates, and the heat duties

associated with these changes in the temperature of the solids

are accounted for in the overall thermal duty of the process.

Computational approach

Simulation of the Operation of a Single Bed. Considering

a system of N components, z is the only independent variable

for the mass and energy balances.
As regards the mass balance, N equations 1 for the whole

bed and N 1 1 differential equations 2 are solved to determine

the value of 2N11 dependent variables, i.e., N average solid

loadings, �ni, N gas phase concentrations, Ci, and the superficial

velocity of the gas, u.
As for the energy balance, Eqs. 11 and 12 are solved to

determine the values of the heat duty _Q and of the required

heat exchange surface pexch, whereas one differential equation,

either Eq. 17 or Eq. 18, is solved to determine the value of one

dependent variable, which describes the properties of the

external heat exchanging fluid, Tfluid or xv, respectively.
According to the assumption of isothermal operation of the

reactor at given temperature T, the energy balance can be

solved separately once the mass balance has been solved.

Given the nonlinear nature of the equations involved, numeri-

cal iterative processes are employed to solve the system of

equations. For both the mass and the energy balances, in order

to couple global and local systems of equations, internal itera-

tion loops for the local balances are inserted into an external

iteration loop for the global balance. All equations are imple-

mented into a MATLAB script, and MATLAB built-in numer-

ical solvers are employed to solve the systems of equations.

Simulation of the Separation Process. The simulation of

the single riser is repeated for each vessel in the given configu-

ration. If the riser is an adsorber, the inlet gas properties are

known and the operation can be directly simulated. If the riser

is a regenerator, instead, an additional iterative process is

needed, because a fraction of the outlet stream (which is a pri-

ori unknown) is used as inlet gas to fluidize the bed. A MAT-

LAB built-in numerical solver is used to compute the

composition of this stream.
Circulating fluidized bed processes operate at steady state.

The initial loading of the regenerated sorbent fed at riser inlet

depends on the output of the regeneration process; likewise,

the loading of solids at regenerator inlet will be defined by the

output of the adsorber (Figure 1). In computational terms, an

iterative process is needed to find the steady state conditions

under which solids alternatively undergo adsorption and

regeneration, being loaded and unloaded always to the same

extent. Similarly to what is done for fixed bed simulations,35

the simulation of the process starts considering that fresh sor-

bent is fed to the adsorption section. Then the adsorption and

the regeneration sections are simulated in series, tracking the

path a single solid particle would follow in the system, until

the conditions for the steady state operation are reached. In the

model, the mathematical condition for convergence to the

steady state is identified by the following quantities, which

must be lower than an assigned tolerance ftol, set at 1025:
1. Solid loading: the maximum relative difference in the

loading of the sorbent, ni;j, for each i-th adsorbed compound

at the outlet of every j-th reactor between two consecutive

simulations (k and k 1 1), computed as

Wk11
1 5 max

i;j

�				 2 ðn
k11
i;j 2nk

i;jÞ
nk11

i;j 1nk
i;j

				


< ftol (19)

2. Gas composition: the maximum relative difference in

the molar fractions in the gas phase, yi;j, for each i-th com-

pound at the outlet of every j-th reactor between two simula-

tions (k and k 1 1), computed as

Wk11
2 5 max

i;j

				 2 ðy
k11
i;j 2yk

i;jÞ
yk11

i;j 1yk
i;j

				
( )

< ftol (20)

3. Gas flow rate: the maximum relative difference in the

mass flow rate of the gas stream, _mj, at the outlet of every j-th
reactor between two simulations (k and k 1 1), computed as

Wk11
3 5 max

j

				 2 ð _mk11
j 2 _mk

j Þ
_mk11

j 1 _mk
j

				
( )

< ftol (21)

4. Material balance: the maximum relative error obtained

by computing the single-component material balance over

the whole system for each i-th compound, as follows

Wk11
4 5 max

i

Ffeed
i 2Fstack

i 2Fcapt
i

Ffeed
i

� 

< ftol (22)

where the molar flow rates, F, are named “feed” to indicate

the flue gas at the inlet of the separation process, and “stack”

and “capt” to indicate the streams leaving the adsorption sec-

tion and the regeneration section, respectively.
The final error associated to the simulation of a single vessel is

calculated as the maximum among all the values above.

Input data

The input dataset needed to simulate the operation of the

system consists of four main subsets:
1. Sorbent data, which comprise information about the iso-

therm shape and the particle geometry (Table 1). Particle size

has to be limited to a few hundreds micrometers, in order for

the solids to be transported by the gas flow. In particular, the

particle size chosen here belongs to the so-called B group of

Geldart’s classification36; this corresponds to aeratable non-

cohesive particles with a solid density qs lower than 1.4 g/cm3

and an average equivalent diameter smaller than 500 mm. For

the purpose of this study, a common commercially available

solid sorbent is considered, namely Zeolite 13X, pelletized into

spherical particles of the size suitable for CFB applications.
2. Flue gas properties. The considered composition and flow

rate are representative of a typical coal-fired supercritical boiler

flue gas38 after desulphurization (and translating the fraction of

residual oxygen into nitrogen). The flue gas is assumed to be ini-

tially saturated in water. Therefore, it is treated in a drying unit

before entering the capture unit. In fact, pre-drying of the gas

mixture is necessary to avoid water adsorption on the solid,

which is detrimental for most commercial sorbents (e.g., CO2

capacity reduction, hysteresis between regeneration and adsorp-

tion). The energy required for the drying of the gas stream, which

is assumed to be saturated in water, is taken into account when

computing the overall energy consumption for CO2 capture. The

drying process performed with adsorption on silica gel is accred-

ited with an energetic consumption of 8 MJ per kg of water

removed from the flue gas.39 At the inlet, a dry binary mixture of

N2 and CO2 is fed. The properties of the flue gas stream are listed

in Table 2.
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3. Bed design: vessel sizes, inventories, reactor tempera-

tures, and pressure levels are assigned. The superficial velocity

is set as input value at the first vessel of the adsorption section

and at each regenerator. The cross section area for the adsorp-

tion vessel is computed from the flue gas volumetric flow rate

and the inlet superficial velocity; for the sake of simplicity, the

same cross section is adopted in the regeneration vessel as

well, so that the two sections operate with the same specific

sorbent flow rate, GR. The recirculated gas flow rate in the

regenerators is set such to provide the desired superficial

velocity at inlet, according to the input data. The total cumula-

tive vessel height of both adsorption and regeneration section

is fixed. In multiple-step configurations, this height is divided

equally among the different vessels. The set value Htot
t is cho-

sen in such a way to obtain an aspect ratio Ht=L of at least 3 in

most configurations and to be compatible with the height of

the dense zone, according to the considered range of solid

inventories. While pressure and adsorption temperature TADS

are fixed in all simulations, solid inventories, Ws, recirculated

sorbent flow rate, GR, and regeneration temperature, TREG, are

varied to explore different operating conditions and process

performance, as reported in Table 2.
4. External heating and cooling system data. All parameters

used for heat transfer at riser walls are reported in Table 3. For

the chosen values of these parameters, heat transfer at the

exchanger surface is strongly limited by the heat resistance on

the bed side, being this at least one order of magnitude higher

than the heat resistance between the exchanging fluid and the

tube wall (both for liquid water and steam). In fact, depending

on the void fraction, on the gas composition and on the super-

ficial velocity, the heat transfer coefficient ranges from around

30 W/m2/K, for a very lean suspension, to around 1000 W/m2/

K, in the densest region. The range of flow rates for the exter-

nal fluid are large enough to limit the temperature variation to

a few degrees Celsius, in the case of liquid water, or to avoid

complete condensation of the stream, in the case of vapor.

Performance indicators

In order to assess the separation performance of the system

under investigation, two different indexes are considered in

this work, namely recovery and purity, defined as:

Table 1. Sorbent Data, According to Hefti et al.
37

Sorbent

Material Zeolite 13X
Particle shape Spherical
Particle diameter, dp lm½ � 200

Particle density, qs
kg
m3

� �
1085

Specific heat capacity, cs
J

kgK

h i
920

Thermal conductivity, ks
W

mK

� �
0.2

Expressions for Sips isotherm coefficients:

Saturation capacity, n1i 5A1i exp 2
B1i
R T

 �
Affinity coefficient, ji5Aj

i exp 2
Bj

i

R T

 �
Surface inhomogen. param.,

gi5Ag
i atan Bg

i T2Tref
i

� �� �
1gref

i ; 0 < gi � 1

Sips isotherm coefficients CO2 N2

A1i
mol
kg

h i
3.77 2.06

B1i
J

mol

� �
21802.3 21701.4

Aj
i

L
mol

� �
4:4431023 10:0431023

Bj
i

kJ
mol

� �
227.158 213.642

Ag
i 2½ � 528:7331023 0

Bg
i 2½ � 4:99631023 0

gref
i 2½ � 0.337 0.987

Tref
i K½ � 298.15 0

Heat of adsorption, Dhads
i

kJ
mol

� �
234:20 215.97

Lumped mass transfer coefficient, xi
1
s

� �
0.15 1.00

Table 2. Flue Gas Data, Bed Design Data, and Operating

Conditions

Flue gas

Composition CO2 N2 H2O
yi (before drying) [% in moles] 14.56 81.20 4.24
yi (after drying) [% in moles] 15.20 84.80 0

Inlet temperature, Tfeed ½oC� 30
Inlet pressure, p ½bar� 1.1
Inlet flow rate, _mfeed

kg
s

� �
781

Bed design

Inlet superficial velocity first ADS, uinlet
m
s

� �
3

Inlet superficial velocity each REG, uinlet
m
s

� �
3

Total cumulative height, Htot
t m½ � 15

Dense zone solid volumetric fraction, Ed
s 2½ � 0.16

Lean zone asymptotic solid vol. fr., Easym
s 2½ � 0.02

Constant product Kuinlet 1
s

� �
8

Heat trans. coeff. constant, gh 0.25

Operating conditions

Adsorption temperature, TADS
oC½ � 30

Regeneration temperature, TREG
oC½ � Varied parameter

Reactor pressure, p bar½ � 1.1

Sorbent flow rate, GR
kg

m2 s

� �
Varied parameter

Solid inventory, Ws
kg
m2

� �
Varied parameter

Table 3. External Heating and Cooling System Data

External cooling system

Walltube diameter, dWT m½ � 0.035
Fluid Liquid water
Inlet temperature, Tinlet

w ½oC� 15
Pressure, pw ½bar� 1
Max. velocity, uw

m
s

� �
3

Density, qw
kg
m3

� �
998.0

Specific heat capacity, cw
J

kg K

h i
4180

Thermal conductivity, kw
W

m K

� �
0.6

Dynamic viscosity, lw
kg
m s

� �
0.0015

External heating system

Walltube diameter, dWT m½ � 0.035
Fluid Condensing steam
Inlet temperature, Tv ½oC� TREG120

Inlet vapor quality, xinlet
v ½2� 1

Max. inlet velocity, uinlet
v

m
s

� �
15
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Recovery5
_mcapt

CO2

_mfeed xfeed
CO2

512
_mstack

CO2

_mfeed xfeed
CO2

(23)

Purity5ycapt
CO2

(24)

where the denomination “feed” indicates the flue gas at the
inlet of the separation process, whereas “stack” and “capt”
indicate the streams leaving the adsorption section and the
regeneration section, respectively.

While the recovery affects the overall size of the plant, the
purity is linked to the minimum requirements to be fulfilled
for CO2 transportation and storage. A “recovery–purity” dia-
gram is widely employed in this work to display the perfor-
mance of the system in terms of accomplishment of the
separation specifications.

In order to consider the overall costs ascribed to the gas sepa-
ration, including both the capital cost and the operational cost,
two parameters are commonly employed. Both refer to the flow
rate of CO2 captured, _mcapt

CO2
, so as to be independent from the

plant scale. The first one is productivity, computed as:

Productivity5
_mcapt

CO2

AADS1AREGð ÞWs

(25)

where AADS and AREG indicate the cross section areas for the
adsorption and the regeneration sections, respectively. It is
expressed in kgCO2

=ðtads hÞ to indicate the necessary amount of
sorbent, but it can also be translated into kgCO2

=ðm3 hÞ to indi-
cate the required vessel volume, which is closely related to the
total size of the plant (hence to the CapEx).

The second index is the specific energy consumption, which
is given by:

Specific energy consumption 5
_Qheat

_mcapt
CO2

(26)

where _Qheat, in MWth, is the sum of all the positive heat duties
entering the system. These include not only the heat provided
to regenerate the sorbent, but also the heat required for the
drying of the flue gas. Thermal dispersions are neglected.

Beside assessing the requirements in terms of thermal energy,
a more comprehensive index, the electrical equivalent con-
sumption (in MJel/kgCO2

), can also be defined. It considers the
electrical equivalent of the provided heat, i.e., the amount of
electric energy which would have been produced by the steam
bled from the steam turbine (thus not expanded) to provide ther-
mal power to the regenerator. Besides this, it also includes the
heat rejected associated with the cooling duty (i.e., the electric
consumption needed by a refrigerator to reject an equal amount
of heat to the ambient) and the electrical consumption of the
fans used to convey the gas streams through the vessels:

Electrical equivalent consumption 5
Pel

_mcapt
CO2

5
Pnot expðTREGÞ1Pheat rej1Pfans

_mcapt
CO2

(27)

These two indices are representative of the OpEx of the plant.
A “specific energy consumption–productivity” diagram is used

to represent the results obtained in terms of process performance.

Results

In order to assess the performance of the five configurations
considered (standard configuration, two-step and three-step

I-MS, two-step and three-step CTR-MS), a parametric analysis

has been carried out where three design variables have been

extensively varied:
� the temperature in the regeneration step, TREG;
� the mass flow rate of solid sorbent fed into each reactor

(per unitary cross section area), GR;
� the total solid inventory of the adsorption section (per uni-

tary cross section area), Ws, which is always equal to the

solid inventory of the regeneration section.
Table 4 shows the selected ranges of values for those input

variables. Overall, more than 15,600 simulations have been

performed.
In the following, results are reported in terms of: separation

performance (recovery–purity), energy requirements, and

productivity.
Among the different conditions investigated, some cases

cannot reach a feasible steady state condition, thus the simula-

tion could not converge. In particular, there exist input condi-

tions for which the average loading of the solids is higher in

the regenerator than in the adsorber. This might happen with

an isolated multistep configuration when, for instance, a large

amount of solids is circulating and most of the carbon dioxide

is adsorbed within the first reactor. In the following reactors,

the difference in CO2 concentration between regeneration and

adsorption might overcome the difference in temperature,

leading to a solid enrichment in CO2 within the regenerator,

which eliminates the possibility of partially recirculating the

gas to fluidize the bed. The results presented here include only

those cases in which simulations have converged within the

specified tolerances.

Separation performance

Figure 5a shows the performance of all the simulated oper-

ating points on a recovery–purity diagram. Points spread from

the low-recovery/high-purity corner to the high-recovery/low-

purity corner, showing that a clear trade-off between the

recovery and purity exists. Notably, none of the simulated con-

ditions managed to reach very high purity (>99%), and only a

few points fulfill the specifications required for storage pur-

poses (i.e., 90% recovery and 95% purity). Recovery rates

span instead the whole range of possible values.
The figure also shows the Pareto frontiers for the different

configurations. Both isolated and counter-current configura-

tions outperform the basic configuration, with the counter-

current one being able to provide both higher recovery rates

and higher purities. The advantage of the counter-current mul-

tistep (CTR-MS) configuration stems from the better usage of

the sorbent capacity for CO2 adsorption. In fact, as the fresh

regenerated sorbent is first fed into the lowest-CO2-concentra-

tion reactor, a strong driving force allows to adsorb the last

CO2 left in the flow gas, together with a certain amount of N2.

As the solids proceed countercurrently through the adsorber

Table 4. Range of Values for the Three Parameters Varied

in this Work

Parameter Values

TREG ½8C� 125; 150; 175; 200; 225; 250; 275; 300

GR
kgs

m2 s

h i
From 0:4 to 30

Ws
kg
m2

� �
350; 500; 650; 800; 950; 1100; 1250; 1400
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series, most N2 is displaced from the sorbent surface in favor

of CO2, thus preventing any purity decay.
The advantage of increasing the number of steps is illus-

trated in Figure 5b: for both isolated multistep and CTR-MS

cases, the performance enhancement is noticeable when going

from the two-step to the three-step design.
Figure 6 shows how the operating parameters affect the sep-

aration performance: results are reported only for the CTR-

MS configurations; the same trends are observed for all the

other configurations.
Both maximum purity and recovery are strongly affected by

the regeneration temperature, TREG, (Figure 6a). A TREG value

of 2008C is sufficient to reach recovery rates over 99.5%,

while the purity does not exceed 96% for any of the tested

regeneration temperatures. Moreover, given the trade-off

between recovery and purity, the points that are characterized
by the highest purities inevitably lie in the region of low
recoveries. Higher temperatures correspond to lower loadings

at equilibrium. Thus, increasing TREG allows for deeper regen-
eration of the solid sorbent and consequently enhances recov-
ery rates. The maximum reachable purity is instead closely

connected to the shape of the binary CO2/N2 isotherm. Since
the regenerator is fluidized with recycled CO2-product, the gas
phase composition is directly proportional to the amount of

CO2 and N2 that are desorbed from the solids, i.e., to the cyclic
capacity for each species. Therefore, to reach the desired
purity specification, the cyclic capacity for CO2 has to account

for 95% of the sum of the two cyclic capacities. It can be dem-
onstrated that, according to the binary isotherm and assuming
to reach equilibrium at feed concentration in the adsorber and

at product concentration in the regenerator, this condition can
be reached for a minimum TREG slightly over 1908C; for
higher temperatures, the capacity for CO2 accounts for a
higher fraction of the sum, because the CO2 isotherm is in

absolute terms more sensitive to a temperature variation than
the N2 isotherm, and purity increases. Given the finite resi-
dence time of solids and an average concentration of CO2 in

the adsorber lower than the feed one, it can be foreseen that
temperatures even higher than 1908C are required in the pro-
cess to meet the purity specification; this is in fact only possi-

ble for a TREG of at least 2258C, as shown in Figure 6a.
Moreover, the performance is indeed enhanced for higher
TREG values, but the marginal benefit is progressively reduced

as TREG is increased, consistently with the fact that the iso-
therm gets progressively less sensitive to a variation of
temperature.

The average residence time of particles in the reactors plays

a key role in the overall separation performance of the process.
It is given by the ratio between Ws and GR. As indicated in
Table 4, in this work the chosen ratio between the largest and

the smallest value of Ws is 4, while the ratio between the high-
est and the lowest value of GR is 75. Since the recovery is
highly dependent on the average residence time of the par-

ticles, the broadness of the distribution of the operational
points in the recovery–purity diagram has to be ascribed more
to the variation of Gs than to that of Ws. Figure 6b shows the
points colored according to GR value. For larger solid flow

rates, higher recovery rates and lower purities are obtained.
The former are mainly due to the availability of sorbent mate-
rial, which compensates the reduction of cyclic capacity

caused by shorter residence times; the latter are due to the
faster kinetics of adsorption of nitrogen compared to carbon
dioxide, which penalize the CO2/N2 loading ratio for lower

residence times.
As regards solid inventory, within the considered range of

Ws the gas flow rates entrain always sufficient amounts of sol-
ids, i.e., Gs � GR according to Eq. 10 for each adsorber and

each regenerator in every simulation. Figure 6c shows how the
separation performance is affected by an inventory change.
The effect on purity rates varies depending mostly on the

cyclic capacity for CO2. Purity is, in fact, directly proportional
to the ratio between the cyclic capacities for the two compo-
nents. The variation in N2 loading due to the change of aver-

age time is however always much smaller, in absolute terms,
compared to that of CO2, because the equilibrium loading is
lower and because adsorption kinetics for N2 are faster
(xN2

> xCO2
). For very low GR values, when close to equilib-

rium conditions are reached in every vessel and the cyclic

Figure 5. Recovery–purity diagram: Pareto fronts
depending on (a) the configuration and
(b) the number of steps.

[Color figure can be viewed at wileyonlinelibrary.

com.]
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capacity for CO2 is higher, a larger amount of N2 adsorbed

does not impact significantly on the final purity of the product;

for very high GR, instead, the same variation penalizes purity

more. Therefore, increasing Ws compromises purity at high

GR, while it is mostly beneficial at low GR.
Few differences can be noticed among the different configu-

rations. The recovery rates for the two-step and three-step I-

MS configurations appear to be much more sensitive to GR, so

that the highest recovery can already be reached with lower

sorbent flow rates. At the same operating conditions, they fea-

ture higher recovery rates and lower purities, compared to the

CTR-MS cases. The second and third adsorber are particularly

efficient in capturing the CO2 left at the end of the first step,

despite the low concentration in the gas phase, which also pro-

motes the adsorption of N2. This causes N2 concentration in

the gas phase to be higher in the regenerator, thus the cyclic

capacity increases (hence recovery is enhanced), whereas

purity decreases.

Efficiency

In Figure 7a operating points that reach a recovery–purity

performance of at least 90–95% are displayed in the produc-

tivity–energy consumption plane (both specific to the amount

of captured CO2) are shown, along with the resulting Pareto

fronts for the different configurations. It can be observed that

the low end energy consumption range starts at approximately

3.3 MJ/kgCO2
.

As for the recovery–purity, the reactor configuration affects

the energy–productivity results. None of the simulated single-

step configurations reached the separation specifications. As

regards the multi-step configurations, instead, the specifications

are achieved only with CTR-MS systems. If the productivity of

the multi-step cases is compared with that of the single-step

one, at fixed operating conditions, better efficiency is found for

the two-step and three-step configurations, both isolated and

counter-current, thanks to the higher recovery rates.
The energy need is strongly affected by the different han-

dling of the recirculated solids. While in the I-MS configura-

tions every adsorber–desorber block has a dedicated solid

loop, in CTR-MS there is only one loop. This implies that, in

CTR-MS configurations, there is only one stream of solids that

is heated up to the regeneration temperature, while in the iso-

lated case there are as many as the number of blocks, each of

them featuring a flow rate equal to GR. Nevertheless, given the

fact that recovery rates increase with GR at a higher rate for

I-MS configurations, to obtain the same performances less sol-

ids must be heated compared to CTR-MS systems, resulting in

comparable energy consumptions for the two cases.

Figure 6. Recovery–purity diagram: dependence on the sensitivity analysis parameter (a) TREG, (b) GR, (c) Ws.

In (d) the variation of the most affecting parameters along the Pareto front for CTR-MS configurations of Figure 5a is shown.

Only CTR-MS points are displayed. [Color figure can be viewed at wileyonlinelibrary.com.]
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Figure 8a shows the effect of TREG on the energy–productivity
results. Moving toward higher regeneration temperatures yields
higher recoveries, which are directly translated into higher pro-
ductivities. The effect on the specific energy consumption is
instead twofold: The request for larger amounts of heat is always
at least partially counteracted by the overall enhancement of
recovery, so that an increase in TREG is not unequivocally condu-
cive to larger specific energy consumption (see Figure 8a). On
the other hand, the influence of this parameter on the productiv-
ity is marginal.

To better understand the trend in the energy consumption,
GR has to be considered (Figure 8b). A considerable fraction

of the heat provided to the system is used to heat up the solids
that are conveyed from the adsorption to the regeneration sec-
tion. The sensible heat stored in these solids depends on both

GR and TREG (for a fixed adsorption temperature). The lowest
energy consumption is reached when GR is large enough to

provide high recovery, yet limiting the heat required by the
solids. For these reasons there is an optimal GR value that min-
imizes the energy consumption.

Ws, within the range of investigated values, does not affect

significantly the results in terms of energy consumption.
Larger inventories imply slightly lower energy consumptions,

as the recovery increases along with the average residence
time, while no additional heat is needed. As regard productiv-
ities though, they yield worse performance (if mass-specific

productivities are considered), proving how the disadvantage
of increasing the inventory overcomes the recovery benefit

(Figure 8c).
The specific energy consumption is a function of the overall

heat power provided to the system. This heat power consists
of two terms: on the one hand, the amount of heat directly pro-

vided to operate the regeneration vessel isothermally, as the
endothermic desorption process would otherwise decrease the

temperature of the bed; on the other hand, the amount of heat
required to heat up the fully loaded solids from the adsorption
temperature to the regeneration one. The latter term accounts

for 65–95% of the total heat needed by the separation process
(i.e., excluding drying), and is directly dependent on the GR,

on the process configuration and on the difference in tempera-
ture between the adsorption and the regeneration section. This
heat is assumed to be provided to the solids before their

entrance in the regenerator, namely in a separated fluidized
bed heat exchanger so as to reduce the heat transfer surface

required in the reactor. In a more complex configuration, a
large part of the sensible heat could be recovered from the
cooling of the solids traveling in the opposite direction (i.e.,

from regenerator to adsorber), for example by means of an
interposed heat transfer loop. The benefit which can be
reached by recovering 70% of this sensible heat is shown in

Figure 7a, where the reduced energy consumption value is
indicated for the points belonging to the Pareto front.

As regards the first term, instead, calculations have been

performed in order to evaluate the feasibility of the heat
exchange through the reactor walls, taking into account both
the heating and the cooling of the vessels.

Through the definition of the length L, the geometry of the
vessel can be adjusted to exchange the heat duties required
for isothermal operation. However, as regards the aspect ratio

Ht=L of each inner compartment, a minimum value of 3 has
been assumed to guarantee an homogeneous distribution of

the gas flow across the vessel; on the other hand, a minimum
distance between two parallel heat exchanging walls (i.e., the
compartment depth, L) of at least 20 cm is here considered as

lower feasibility limit for realization purposes. In Figure 8d
the red points represent those operating conditions, for which
the isothermal operation of the vessels is compatible with this

geometry specifications. It can be immediately observed that
many points cannot be operated while satisfying at the same

time these conditions, and additional heat transfer surface
(e.g., additional heat transfer panels inside the riser, external
fluidized bed heat exchanger, increased gas recycle to increase

reactor volume) would be needed to guarantee isothermal

Figure 7. Energy consumption–productivity diagram:
Pareto fronts for CTR-MS configuration
(a) with and without heat integration and
(b) depending on the number of steps.

In (a), for the points forming the Pareto front, the spe-

cific energy consumption has been re-computed after

considering a 70% recovery of the sensible heat stored

in the solids after regeneration, as explained in the dis-

cussion of the efficiency results. Only points meeting

90–95% recovery–purity specifications are displayed.

[Color figure can be viewed at wileyonlinelibrary.com.]
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operation at the given temperature. The surface area needed to
exchange all the heat associated with the adsorption process is
related not only to to the amount of heat to be exchanged, but
also to the heat resistance from the bed to the external thermo-
vector fluid. As a consequence, two effects should be
accounted for:
� For higher GR levels recovery is enhanced, which means
more mass is transferred between gas and solid phase, and
more heat has to be either released by or provided to the
bed. Therefore larger surface is needed, which corresponds
to higher aspect ratios;
� For higher Ws values the average solid volume fraction
within the vessel Es is larger, as Hd increases with the inven-
tory (Eqs. 6 and 7). Since higher solid density significantly
enhances the heat transfer between the suspension and the
reactor walls (Eqs. 13 and 14), the needed surface is reduced
for larger specific inventories (which also correspond to
lower purities).

The same operational points displayed in Figure 8d are
illustrated in Figure 9, this time considering the electrical
equivalent of their specific energy consumption. Operating
conditions, performance and vessel geometry of the best per-
forming conditions are summarized in Tables 5 and 6.

As regards the relevance of the different terms forming the
electrical equivalent energy consumption, the term related to
the steam that is not expanded is in most cases predominant,
accounting for at least 90% for any point which features a
recovery larger than or equal to 50%. The term associated
with the heat rejection of the cooling system follows the same
trends as the previous one, but it is approximately 50 times
smaller. The term related to the electrical consumption of the
fans is directly proportional to the solid inventory and sums up
to less than 0.1 MJ/kgCO2

for any point with recovery �30%.
From the analysis of these results, it can be observed that

the heat exchange at the tubewalls is critical to the operation
of the system, both in the adsorbers and in the regenerators. In
order to transfer the heat in and out of the fluidized beds, very
large exchanging surfaces are needed.

None of the highlighted operating points features a small
solid inventory value. In fact, because of the effects mentioned
above, small inventories and high recovery rates are incompat-
ible. Moreover, as the regeneration temperature increases,
larger exchange surfaces are required, since this allows for
higher recoveries. Among the adsorbers, the vessel where the
solids are fed immediately after regeneration is the one where
most of the CO2 adsorbs and therefore the vessel where the

Figure 8. Energy consumption–productivity diagram: dependence on the sensitivity analysis parameter (a) TREG,
(b) GR, (c) Ws.

In (d) the points having a minimum Ht=L aspect ratio of 3 and minimum distance between walls of 20 cm are highlighted in red. Only

CTR-MS points meeting 90–95% recovery–purity specifications are displayed. [Color figure can be viewed at wileyonlinelibrary.com.]
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heat duty to be removed is larger. Limit values of the varied
parameters can be identified in order to fulfill the limitations

imposed on the vessel geometry. While for isolated multistep
configurations (I-MS) and for the basic single-step configura-

tion the correlation between these limit values of GR and Ws is
found to be rather linear, for CTR-MS configurations a much

higher margin exists for larger inventory values. This effect is

to be ascribed to the fact that the adsorption section is more
limiting than the regeneration one, from a heat transfer point

of view, due to the low DT between adsorber temperature and
cooling water. Therefore the CTR-MS configurations can take

advantage of the fact that adsorption is more evenly distrib-
uted among the different adsorption steps than in the isolated

multistep configuration, where the first adsorber sees a steep

decrease in CO2 concentration, while the following ones are

responsible for a smaller fraction of the overall recovery.

Therefore, CTR-MS configurations are also less limited in

terms of heat exchange.

Comparative assessment of the performance

The results of the TSA CFB system are compared with clas-

sical fixed bed TSA, amine-based scrubbing technologies and

Ca-looping capture processes. The results, in terms of electri-

cal equivalent of the thermal energy duty (the other compo-

nents of the total electrical equivalent are in this case

neglected) and productivity are illustrated in Figure 10. The

performances of the amine process are given for a representa-

tive range of MEA40; those of the fixed bed TSA are taken

from Joss et al.13; the data for the calcium looping process are

derived from the work of Mart�ınez et al.41 and Romano.42 The

comparison is based on solutions that reach 90–95% recov-

ery–purity, and therefore only the CTR-MS configuration is

considered.
It can be noted that the electrical equivalent of the energy

consumption, when solids do not exchange heat between

adsorption and regeneration, is slightly larger than the state-

of-the-art solutions and not far from that of fixed bed TSA.

Fixed-bed TSA processes and absorption processes can be per-

formed providing heat to the system at around 1508C. To reach

the same recovery–purity specifications, a regeneration tem-

perature of at least 2258C is instead required for CFB systems,

due to the limitations associated with the adsorption equilibria

mentioned above. The effect of these limitations is connected

both with the configuration of the process and with the proper-

ties of the sorbent material. As regards the former, the gas con-

centration within the regeneration section must be constant, to

perform a continuous process, and uniform, to fluidize the bed

with recycled CO2-product; in fixed-bed TSA cycles, where

the evolution of the CO2 concentration during the regeneration

step can be exploited to separate a pure product from a less

pure recycled stream, regeneration can be effectively per-

formed at lower temperatures. As regards the latter, since

Figure 9. Electrical equivalent consumption–productiv-
ity diagram: heat exchange limitations.

Only points meeting 90–95% recovery–purity specifica-

tions are displayed. The points highlighted in red have a

minimum Ht=L aspect ratio of 3 and minimum distance

between walls of 20 cm. [Color figure can be viewed at

wileyonlinelibrary.com.]

Table 5. Operating Points in Figure 9: Process Performance

TREG GR Ws Recov. Purity En. cons. El. eq. Prod.

#Step [8C]
kgs

kgfeed

h i
kg
m2

� �
½%� ½%�

MJth

kgCO2

h i
MJel

kgCO2

h i
kgCO2

t h

h i
A 3 225 6.0 1400 91.15 95.01 3.33 1.14 1026:9
B 3 225 6.0 1250 90.81 95.00 3.34 1.14 1145:8
C 3 250 6.25 950 97.78 95.08 3.41 1.23 1623:3
D 2 300 5.6 800 90.76 95.03 3.79 1.46 1789:3

Table 6. Operating Points in Figure 9: Vessel Geometry for Each Reactor

ADS1 ADS2 ADS3 REG

L Ht Lw L Ht Lw L Ht Lw L Ht Lw

½m� ½m� ½m� ½m� ½m� ½m� ½m� ½m� ½m� ½m� ½m� ½m�
A 1.266 5 15.40 0.353 5 55.24 0.227 5 85.90 0.505 15 38.61
B 1.188 5 16.41 0.335 5 58.20 0.211 5 92.42 0.485 15 40.21
C 0.524 5 37.21 0.201 5 97.01 0:237 5 82.27 0.401 15 48.62
D 0.368 7.5 52.98 0.206 7.5 94.66 0.393 15 49.62

Values are expressed for a total flue gas flow rate of 781 kg/s. The total vessel volume of the plant is constant and equal to ca. 5850 m3, which corresponds to
a footprint of ca. 390 m2 for a total height of 15 m. The footprint is equally divided into the adsorption and the regeneration section. The reactor width Lw is
expressed as a single value, derived as the ratio between the vessel cross section area and the vessel depth equal to 10 L. For high values of Lw, more vessels in
parallel can be used instead of a single vessel, in order to maintain a convenient aspect ratio between vessel width and vessel depth for construction purposes;
in this case, Lw corresponds to the cumulative width of the vessels.
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commercial CO2 adsorbent, including Zeolite 13X, are highly
selective toward water, they cannot be regenerated by means
of a hot steam purge, which would allow reducing the concen-
tration of CO2 in the regenerator. However, if an alternative
absorbent able to work in the presence of water were used,
such steam purge could be used for regeneration, reducing in
this way the regeneration temperature needed and thus the
energy consumption.

For the calcium looping technology, the heat to regenerate
the sorbent is provided to the solids at high temperature (usu-
ally between 600 and 9508C) by a direct combustion, which
means that the residual heat can be easily used to run a steam
power cycle. Most of the consumption, in terms of electrical
duty, comes from the air separation unit that has to be installed
to operate the oxy-combustion in the calciner.

For the CFB TSA, where heat integration between the two
solid streams is possible, the energy consumption of the CFB
systems could be significantly reduced. The sensible heat
stored in the solids during the regeneration, as mentioned in
the discussion of the efficiency results, accounts for the largest
fraction of the total heat required by the system (from 50% to
over 90%). For this reason, it can be reasonably assumed that
around 20% of the overall thermal energy consumption could
be cut by means of heat integration between streams of recir-
culated solids, as shown in Figure 10.

Concerning the productivity, the systems that rely on fast
fluidized beds, i.e., both calcium looping and CFB TSA, sig-
nificantly outperform the fixed-bed TSA and the amine scrub-
bing technologies, as it could be expected, given the higher
spatial velocity of the gas. The further advantage of the TSA
systems vs. the Ca-looping derives by the lower range of

temperatures wherein the process is operated. The high tem-

peratures reached in both the carbonator and the calciner of a

Ca-looping application imply lower gas densities, which

penalize the productivity on a volumetric base.

Conclusion

In this work, five different process configurations for post-

combustion CO2 capture via TSA with CFBs have been pre-

sented. All these configurations allow to operate the separation

process continuously thus reducing the overall plant size as

compared to standard fixed bed systems. In addition to the

simple single step configuration, two different types of multi-

ple step configurations have been proposed: an isolated multi-

step type, where solids and gas proceed in parallel through the

series of adsorption steps; a counter-current multistep type,

where solids and gas proceeds through the series of adsorption

steps in opposite directions.
Stationary, isothermal operation of the reactors has been

simulated by means of a model which couples a one-

dimensional description of the CFBs with binary adsorption

equilibria and adsorption kinetics. A commercial sorbent, i.e.,

pelletized Zeolite 13X, has been considered.
A sensitivity analysis has been performed over the five dif-

ferent process configurations, taking three different inputs as

varying parameters: the regeneration temperature, the flow

rate of solid sorbent fed to the reactors and the total solid

inventory. Separation performance (recovery rate and product

purity) and global efficiency (in terms of heat duty or electrical

equivalent consumption vs. productivity) have been assessed

for each feasible operating condition and the final results have

been compared to the most established technologies for CO2

separation.
The following conclusions can be drawn:

� Multi-step configurations outperform the simplest single-

step process, both in terms of separation performance and in

terms of global process efficiency. In order to reach the

specifications imposed by a CCS application (90% recovery

of the CO2 in the flue gas, 95% purity of the captured CO2),

CTR-MS configurations must be employed, as neither the

single-step nor the isolated multistep configuration reach

those separation performance.
� Compared to both fixed-bed TSA processes and amine-

scrubbing technologies, a significant reduction in plant foot-

print can be obtained by employing a CFB configuration,

thus increasing the productivity (on a volumetric base) to

levels even superior to those reached by calcium looping

processes.
� While high recovery rates can be easily reached, purities

are strongly limited by adsorption equilibria, so that only for

high regeneration temperatures (�2508C) CO2-purity values

above 95% can be obtained. This significantly restricts the

temperature range within which waste heat can be recovered

to run the process.
� Specific energy consumption is lower, for given separation

specifications, than that of fixed-bed TSA processes, but

higher than that of the most established absorption-based

technologies.
� In order to reduce the energy consumption, the sensible

heat stored in the solids after regeneration should be recov-

ered. To the author knowledge, no well-established technol-

ogy is commercially available to exchange heat between two

gas–solids suspensions at a reasonable efficiency rate.

Figure 10. Energy consumption–productivity diagram:
comparison with most established technol-
ogies in terms of electrical equivalent.

Only points meeting 90–95% recovery-purity specifi-

cations are displayed. According to Joss et al.,13

energy consumption of fixed bed TSA systems can be

reduced by means of heat integration, implementing

temperature equalization between the cycle units and

recovering heat from the hot flue gas. For CFB TSA

systems, energy consumption can be reduced by means

of heat integration, by recovering the sensible heat

stored in the solids after regeneration, as explained in

the discussion of the efficiency results. [Color figure

can be viewed at wileyonlinelibrary.com.]
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� The handling of heat fluxes at vessel walls is also a major

issue. Even assuming that the sensible heat stored in the

recirculated solids is provided or recovered outside the ves-

sels, the heat exchanging surface required at bed walls

exceeds in most cases the actual maximum, as determined

according to technical limitations. A different fluidization

regime with lower gas velocities and longer residence times

might be considered as an alternative option, although it

would necessarily compromise the productivity performance.
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